PRODUCTION ANALYSIS OF
BIOFILM FERMENTATION
UNDER HOMOGENEOUS

SHEAR CONDITIONS

by

Hendrik Gideon Brink

A dissertation submitted in partial fulfilment of the requirements for the degree

Philosophiae Doctor in Chemical Engineering

In the
Department of Chemical Engineering
Faculty of Engineering, the Built Environment and Information Technology
University of Pretoria

Pretoria

March 2015

© University of Pretoria



Production analysis of biofilm fermentation under homogeneous shear condi-

tions

Author: Hendrik Gideon Brink

Supervisor:  Professor W. Nicol

Department: Department of Chemical Engineering
University of Pretoria

Degree: Philosophiae Doctor (Chemical Engineering)

Synopsis

This thesis explores the behaviour of biofilm fermenters through the analysis of two individual
biofilm fermentation case studies. The studies were performed in a novel tubular bioreactor
with homogeneously controlled shear. The case studies included a two-phase (gas—liquid)
study performed on the anaerobic, lactic acid-producing Lactobacillus rhamnosus, and a
three-phase (gas—liquid—solid) study on the CO,-fixating, succinic acid-producing Actinobacil-
lus succinogenes. The studies focused specifically on four parameters, namely volumetric pro-
duction rates, specific production rates, the metabolic product distributions with correspond-

ing redox analysis, and the biofilm compositions as a function of shear conditions.

It was found that the volumetric production rates in both the biofilm case studies were highly
dependent on the total biomass retained within the biofilm fermenters. In the L. rhamnosus
biofilm case study, the volumetric production rates of lactic acid exhibited nearly a two-fold
increase (4.46 g.L't.h"! vs 8.04 g.L'1.h"!) from chemostat to biofilm operation. In comparison,
the volumetric production rates of succinic acid, in the case of the A. succinogenes case study,
increased by nearly an order of magnitude (1.8 g.L'1.h* vs 17 g.L'2.h"l) when comparing the
chemostat with the biofilm results. The significantly larger increase in the A. succinogenes
study, when compared with the L. rhamnosus study, was attributed to a marked increase in

biomass concentrations when comparing the chemostat and biofilm runs.

With regard to the specific production rates, both studies indicated their significant depend-

ence on the metabolic state (growth- or non-growth-related metabolism) of the organism in
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the fermenter. Under growth-related metabolic conditions, applicable to the entire L. rham-
nosus study as well as the A. succinogenes study (succinic acid titres below 10 g.L?), the spe-
cific production rates were shown to be shear dependent. In the L. rhamnosus study, it was
found that the specific production rates, based on the total biomass concentration (including
extracellular polymeric substances — EPS), decreased with decreasing shear velocities. This
indicated a change in the biofilm composition, i.e. a change in the fraction of inactive EPS in
the biofilm. In the A. succinogenes study, the cell-based (EPS excluded) specific production
rates under growth conditions were shown to be highly dependent on shear stresses. The
case study revealed an unexplained split in the rate trends between the higher- and lower-
shear conditions. The specific cellular production rates in the lower-shear biofilm run were as
much as five times higher (2.5 g.g*.h* vs 0.4 g.g’*.h'!) than those in the higher-shear fermen-
tation. In contrast, under maintenance conditions (succinic acid titres greater than 10 g.L?)
the cellular production rates of A. succinogenes were found to be independent of shear con-
ditions in the biofilm fermenter. The specific cellular succinic acid and adenosine triphosphate
(ATP) production rates decreased exponentially from values of approximately 1 g.g™1.h71/30
mmol ATP.(g.h), at a succinic acid titre of 10 g.L'%, to asymptotic values of 0.59 g.g*.h"/16.1
mmol ATP.(g.h)? at significantly high succinic acid titres. These values represent the non-

growth-related cellular production rates.

Regarding the metabolic product distributions in the respective case studies, it became ap-
parent that the microbial metabolisms for both studies were extremely sensitive to redox
requirements during operation. The L. rhamnosus study showed that it was possible to alter
the yields during biofilm fermentations by manipulating the shear conditions in the reactor
and subsequently changing the biofilm composition and metabolic fluxes. The yield of lactic
acid on glucose increased from 0.75 to 0.90 g.g* as a result of decreasing the shear from
chemostat conditions to the lowest-shear biofilm run. This corresponded to a decrease in the
acetoin yield on glucose from 0.074 to 0.017 g.g*. It is hypothesised that the change in me-
tabolism is linked to a decrease in redox requirements due to a change in the biofilm compo-
sition; the production of acetoin is accompanied by a net production of nicotinamide adenine
dinucleotide (NADH), while the production of lactic acid is redox neutral. The results from the
A. succinogenes study showed that under growth conditions the metabolic product distribu-

tion was linked to the shear conditions in the biofilm fermenter. The chemostat metabolism
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showed a significant anabolic consumption of NADH, which corresponded to the observations
in the L. rhamnosus study. In contrast, a shear-independent metabolic product distribution
was observed under maintenance conditions (succinic acid titres in excess of 10 g.L) in the
A. succinogenes study. The results indicated an underprediction of the glucose consumption,
as well as an underproduction of NADH to account for the metabolic product distribution
measured during fermentations. Pyruvic acid was identified as a candidate product that could
account for the “missing” glucose and the shortage of NADH. The requirement for an NADH-
producing fermentation product illustrates the difference between the growth and mainte-

nance metabolisms with respect to the redox requirements.

Lastly, concerning the biofilm compositions, i.e. the EPS fractions in the biofilm, these were
found to be highly dependent on the shear conditions in both case studies. In the L. rhamno-
sus study, the predicted EPS fraction increased (0.09 to 0.70 g.g*) with decreasing shear ve-
locities (0.55 to 0.19 m.st). Correspondingly, the results in the A. succinogenes study showed
a similar trend, with an EPS fraction of 0.50 + 0.05 g.g* measured for the lower-shear condi-
tion and an EPS fraction of 0.16 + 0.02 g.g* measured for the higher-shear condition. These
results indicate a significant change in the biofilm morphology as a result of the shear condi-

tions in the fermenter.

From a general biofilm fermentation perspective, the work presented in this thesis yielded
fresh insights into the characteristics of biofilm fermenters with respect to the underlying

mechanisms that govern single-culture biofilm fermentation.
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CHAPTER 1
INTRODUCTION

For the past 80 to 90 years the production of fuels and platform chemicals has, almost exclu-
sively, remained the domain of the petrochemical industry (Villadsen, Nielsen & Lidén, 2011:
7). Due to the exhaustible nature of oil and gas (i.e. non-renewable), a substitute source of
raw materials for the production of these chemicals is required, creating a possible role for
the biorefinery. Historically, the application of fermentation has been limited to the food and
beverage industries. However, it is believed that the future of fermentation lies in bulk-scale
bioprocessing (biorefinery) for the production of biofuels and value-added chemicals (Werpy

& Petersen, 2004).

Currently, the main requirements for making bulk-scale bioprocessing economically viable are
high-productivity fermentation, high titres and high metabolic flux towards the desired me-
tabolites (Werpy & Petersen, 2004; Villadsen, Nielsen & Lidén, 2011: 52). Within suspended
cell systems, high production rates have been traditionally achieved through separation of
the biomass from the product stream by either containing the biomass behind a barrier (syn-

thetic membrane) using a hydrocyclone (Karel, Libicki & Robertson, 1985).

Alternatively, the biomass concentration in bioreactors can be increased by immobilisation of
the biomass within (entrapment) or on the surface (adsorption) of a solid support structure.
Immobilisation of the microbes can be done by artificial (active) entrapment, adsorption or
covalent bonding, or by natural (passive) means during which the microbe naturally adheres

to the support surface (biofilms).

If an organism naturally possesses biofilm-formation properties, it is unavoidable that biofilm
development will result during long-term continuous or repeat batch operation (Chapman et
al., 2010). Therefore a wild organism that possesses an attractive metabolism, i.e. an appeal-
ing fermentation catalyst, yet has self-immobilisation properties predetermines the use of a

biofilm reactor. A significant number of metabolically attractive fermentative organisms have
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biofilm-forming properties. Examples of biofilm fermentation studies in the literature include
Clostridia beijerinckii for the production of butanol, ethanol and acetone solvents (Huang,
Ramey & Yang, 2004; Qureshi, Lai & Blaschek, 2004; Lee et al., 2008; Zhang et al., 2009), Zy-
momonas mobilis for ethanol production (Weuster-Botz, 1993; Kunduru & Pometto, 1996a),
Acetobacter species used for acetic acid production (Kennedy et al., 1980; Park & Toda, 1992;
Horiuchi et al., 2000), Lactobacilli species for lactic acid production (Krischke, Schroder &
Trosch, 1991; Gongalves et al., 1992; Silva & Yang, 1995; Bruno-Barcena et al., 1999; Dagher
et al., 2010) and Actinobacillus succinogenes for succinic acid production (Urbance et al.,
2004; Van Heerden & Nicol, 2013; Bradfield & Nicol, 2014; Maharaj, Bradfield & Nicol, 2014;
Yan, Zheng, Tao, et al.,, 2014).

There are three major modes of biofilm fermentation: the repeat batch, fed batch and con-
tinuous operation. The repeat batch involves the drainage and replenishment of the liquid
fraction in the reactor while the solid catalyst fraction is retained in the reactor. The fed batch
involves transient biofilm fermentation, during which a specific variable or variables are con-
trolled by the addition of a feed stream, the composition of which depends on the control
strategy employed. Continuous operation involves an inlet feed stream and an outlet product
stream that continuously maintain a steady state within the biofilm fermenter, i.e. the various

process parameters remain constant over time.

The major advantage of repeat batch and fed batch operation is that, in the case of severe
catabolite repression, the integrated average production rates are higher than those of con-
tinuous operation. However, due to the transient nature of these modes of operation, the
biofilm environment constantly changes, making the prediction and control of the biofilm fer-
menter problematic. Consequently, the stability of continuous biofilm fermentation is pre-
ferred for industrial bioprocessing. Continuous biofilm fermenters inherently regulate the
concentration of the external metabolites and substrates in the reactor by constant re-
moval/replenishment during operation, while retaining the biomass within the reactor. This
stability does not, however, extend to the genetic stability of recombinant organisms. The
continuous removal of biomass can cause these organisms to revert back to the parent strain

as genetic modifications tend to inhibit an organism’s energy efficiency and growth rate.

Fundamental studies of biofilm reactors are extremely rare due to the difficulty in quantifying

the total and cellular biomass in the biofilm fermenter. With biofilm reactors, most of the
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biomass is retained within the reactor volume and therefore the fermentation has to be com-
pletely terminated in order to remove all the biomass (Maharaj, Bradfield & Nicol, 2014). Cur-
rently, the preferred tool used for fundamental continuous fermentation analysis is the classic
chemostat, as the outlet biomass concentration represents the biomass concentration in the

bioreactor.

Fundamental understanding of biofilm fermentation requires proper quantification of the
producing biomass and of the biofilm composition, i.e. the extracellular polymeric substances
and cellular biomass distributions, as a function of operational conditions. From a yield per-
spective, analysis of the metabolic flux distribution is essential. These parameters are re-
quired for upscaling of laboratory-scale biofilm reactors to pilot plant and eventually indus-

trial-scale applications.

The objective of this study was to address the shortage of fundamental investigations into
biofilm fermentation by designing a fermenter with the ability to remove biofilm biomass in
situ. This was to be done either by increased wall shear due to shear velocity increases or by
mechanical friction through the soft silicone tubing. The in situ removal of biofilm enabled
biomass analysis (total and cellular fractions), which could be used to analyse the production

process within the biofilm fermenter.

In addition to the removal of biofilm, the controlled shear velocity allowed chemostat opera-
tion as well as the study of biofilms under varying homogeneous shear conditions. During
fermentation studies on organisms with biofilm-producing capabilities, the microbe tends to
adhere to the inside of traditional bioreactor surfaces. In this study, it was possible to increase
the shear stress within the reactor sufficiently to inhibit biofilm formation and therefore che-
mostat analysis was possible. The chemostat results were required to establish a baseline for
comparison of the biofilm results. The control of the shear velocities, and by extension the
shear stresses experienced by the biofilm in the bioreactor, allowed the study of shear influ-
ences on the biofilm morphology and composition as a function of shear conditions. These

results would contribute to further fundamental understanding of the biofilm fermentation.

The study was limited to two case studies, the first being a two-phase (liquid—solid) and the

second a three-phase (gas—liquid—solid) biofilm fermenter system. The first case study in-

1-3

© University of Pretoria



volved an anaerobic gram-positive organism, Lactobacillus rhamnosus, known for its extra-
cellular polymeric substance producing (biofilm producing) capabilities (Dupont, Roy &
Lapointe, 2000; Van Calsteren et al., 2002; Bergmaier, Champagne & Lacroix, 2005; Kim et al.,
2006) as well as negligible gas production during fermentation. The second case study was
performed using Actinobacillus succinogenes, a CO; fixating gram negative species; A. suc-
cinogenes is reported to self-immobilise on various support structures (Urbance et al., 2003;
Van Heerden & Nicol, 2013; Bradfield & Nicol, 2014; Maharaj, Bradfield & Nicol, 2014). These
two organisms are considered as biofilm fermentation “guinea pigs” with the ultimate aim of

broadening the fundamental understanding of biofilm fermentation.

The scope and layout of the study was arranged as follows. Initially, general theoretical
knowledge on biofilms in nature, biofilm formation and the dynamic structure of biofilms is
presented in Section 2.1. This is followed by the literature concerning the two microbial spe-
cies used in the case studies, which are presented in Sections 2.2 (L. rhamnosus) and 2.3
(A. succinogenes). Subsequently, the design and experimental operation of the respective
two-phase (Chapter 3) and three-phase (Chapter 4) reactors are discussed, as well as the re-
sults from the respective case studies (Chapters 5 and 6). Finally the conclusions from the

entire study are presented (Chapter 7).

A significant portion of the work presented in this thesis has been published in peer-reviewed
articles. The work presented in Chapters 3 and 5 was published in the journal New Biotech-
nology (Brink & Nicol, 2014a). Some of the work shown in Chapters 4 and 6 was published in
the journal Microbial Cell Factories (Brink & Nicol, 2014b); this includes the chemostat analy-
sis section (Section 6.2) and the results from the lower shear velocity of 0.09 m.s™* (TABLE 6-4).
The batch results (Section 6.3.2), the higher shear velocity (0.36 m.s?) results (TABLE 6-5) and

the metabolic flux analysis (Section 6.3.4) are yet to be submitted for publication.
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CHAPTER 2
LITERATURE

2.1 Bacterial Biofilms

2.1.1 The poetry of biofilms

2.1.1.1 Biofilm background

Biofilms were first described late in the 17th century by the Dutch inventor and scientist An-
tonie van Leeuwenhoek when, using his simple microscope to analyse the dental plague on
the surface of his own teeth, he observed what he called “animalcules” within the plaque
structure (Leewenhoeck, 1684). He observed that there were differences between the “ani-
mals” freely suspended in water and those in the “scurf” on his teeth. He noted that when
treating the suspended “animals” with wine vinegar, “the Animals dyed [sic] presently”; by
contrast, gargling with wine vinegar left “an innumerable quant’ty [sic] of Animals yet remain-
ing in the scurf upon the Teeth”. He concluded that the vinegar only kills those microbes on
the outside of the plaque layer and does not pass through the whole of the substance

(Leewenhoeck, 1684).

The term “biofilm” was first coined and described in 1978 (Costerton, Geesey & Cheng, 1978;
Costerton, 1989). Biofilms are defined as naturally occurring, multicellular communities which
are irreversibly attached to solid surfaces by a self-produced extracellular matrix (Donlan,
2002; Dunne, 2002; Cheng, Demirci & Catchmark, 2010; Lopez, Vlamakis & Kolter, 2010) and
are observed universally. Virtually any surface, whether animal, mineral or vegetable, and has
the potential to provide a biofilm formation site (Dunne, 2002; Vu et al., 2009; Flemming &
Wingender, 2010; Lépez, Vlamakis & Kolter, 2010). Biofilms are considered to represent the

typical environment for most microbial cells in natural and artificial settings; more than 99%
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of microbes in nature are estimated to exist in biofilms (Sutherland, 2001a; Donlan &

Costerton, 2002; Vu et al., 2009; Goldstone et al., 2012).

Biofilms consist of complex associations of cells, extracellular products and debris left over
during biofilm formation from cell excretion or from cell lysis as a result of aging. The main
constituent of biofilms is typically water (> 90%), while the main structural components
(> 70% of the dry weight) are ordinarily a mixture of exopolysaccharides secreted by the mi-
crobial cells themselves. This exopolysaccharide mixture maintains the biofilm’s structural in-
tegrity in much the same way as the macromolecules in processed food provide a recognisa-
ble structure (Sutherland, 2001a). This edifice contains the cells, water, ions and soluble mol-
ecules contained in the biofilm. Biofilm thicknesses can vary from a few microns to several
centimetres and depend on the microbes present, biofilm age, availability of nutrients and
shear stresses present (Sutherland, 2001a; Vu et al.,, 2009; Cheng, Demirci & Catchmark,
2010).

Biofilms are characterised by significant differences, compared with their planktonic counter-

parts, with respect to various physiological features. These features include:

e Increased growth and activity as a result of the “bottle effect” (Donlan, 2002; Kokare
et al., 2009). The “bottle effect” was first quantitatively analysed by Heukelekian and
Heller (1940) and compares the microbial concentrations in batch reactors of different
surface-to-volume ratios. They found that significant increases in microbial activity
were apparent in bottles with glass beads as opposed to those without, if nutrient
limitations were present in the reactors (Heukelekian & Heller, 1940).

e Increased tolerance to stress, protection against biocides, antibiotics, surfactants, bac-
teriophages, host immunological defences, as well as protozoan grazing (Whitfield,
1988; Dunne, 2002; Beloin, Roux & Ghigo, 2008; Lépez, Vlamakis & Kolter, 2010). For
example, the exopolysaccharides of the probiotic Lactobacillus rhamnosus GG (ATCC
53103) form a protective shield against innate defences within human intestines
(Lebeer et al., 2011).

e Transcribed genes controlling for various physiological aspects of the microbes, e.g.
the down-regulation of genes that transcribe for the flagellar apparatuses unneces-

sary after irreversible adhesion to surfaces. As well as the down-regulation of genes
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required for the production of colanic acid, a polysaccharide acid which forms a cap-
sule around bacterial cells. This is required during initial attachment as the capsule
inhibits the preliminary association of the organism with the surface. The production
of colanic acid is, however, up-regulated during biofilm maturation as this plays a role
in mature biofilm architecture (Dunne, 2002; Beloin, Roux & Ghigo, 2008).

e Changes in the metabolism as a result of stationary-phase conditions within the bio-
film (Beloin & Ghigo, 2005; Beloin, Roux & Ghigo, 2008; Lépez, Vlamakis & Kolter,
2010). The stationary phase is defined as the condition in a reactor when the cellular
population in the reactor remains constant (Cloete & Atlas, 2006: 40). The stationary
phase can lead to a significant change in microbial physiology and a subsequent in-
crease in the production of secondary metabolites, such as antibiotics, pigments, etc.

(Beloin & Ghigo, 2005; Beloin, Roux & Ghigo, 2008; Lépez, Vlamakis & Kolter, 2010)

2.1.1.2 Formation of biofilms

The formation of biofilms typically involves the following three stages and is shown in FIGURE

2-1 (Cheng, Demirci & Catchmark, 2010):

1. Attachment. This stage is dictated by surface properties such as roughness and charge, as
well as the rate of transportation of the microbe to the surface (Cheng, Demirci &
Catchmark, 2010; Dagher et al., 2010). Dunne (2002) explains that the process of initial
microbial adhesion is analogous to the initial docking of a space shuttle to a space station,
which is followed by a secondary locking phase. The docking phase involves the chance
interaction between a surface and a microorganism, during which the interactions are
weak and reversible, dictated by various physicochemical variables resulting from the mi-
crobe-surface interactions. The planktonic microbes are transported to the substratum by
diffusion, convection or self-motility and there form a weak, reversible adhesion with the
substratum. Generally, the adhesion takes place by non-specific interactions (e.g. hydro-
phobic) in the case of abiotic surfaces, while specific molecular docking mechanisms (e.g.
lectin, ligand or adhesion) are observed on biological surfaces (Dunne, 2002; Beloin &
Ghigo, 2005; Beloin, Roux & Ghigo, 2008; Cheng, Demirci & Catchmark, 2010; Petrova &
Sauer, 2012).
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Certain genes are regulated (by, e.g., a o-factor) upon initial interaction with surfaces,
phenotypically differentiating the sessile cells from their planktonic equivalent (Costerton
etal., 1995; Lopez, Vlamakis & Kolter, 2010). These include the derepressing of genes that
induce exopolysaccharide production, as well as repressed genes that encode for flagella
which is unnecessary for sessile lifestyle (Costerton et al., 1995; Beloin & Ghigo, 2005;
Beloin, Roux & Ghigo, 2008). Guttenplan, Blair and Kearns (2010) found that the same
protein, EpsE, is bifunctional, acting as a flagellar clutch as well as an exopolysaccharide
biosynthesis glycosyltransferase enzyme. This protein disengages (working as a clutch) the
flagellum while aiding in exopolysaccharide production, thereby promoting biofilm for-
mation (Guttenplan, Blair & Kearns, 2010). In the case of high shear environments, various
organisms react by inducing a global genetic response causing a complete modification of
surface constituents, including flagella, fimbriae, pili, capsule and cell-wall polysaccha-
rides (Dagher et al., 2010).

Colonisation. The colonisation phase starts with the locking procedure in the Dunne
(2002) analogy. The microbes are anchored irreversibly (in the absence of physical or
chemical interventions) to the surface by the actions of specific adhesins to the surface
(Dunne, 2002), also referred to as “polymer bridges” (Cheng, Demirci & Catchmark, 2010;
Dagher et al., 2010). Loosely bound organisms unify the initial structure by producing ex-
opolysaccharides which form links between the surface and specific ligands on the pili,
fimbriae and fibrillae (Dunne, 2002; Dagher et al., 2010). During this stage, planktonic or-
ganisms may agglomerate, forming aggregates on the substratum or in the medium. It is
widely accepted that all bacteria produce multiple adhesins used for attachment and that
these are regulated via transcriptional controls. This permits the bacteria to switch be-
tween sessile and planktonic lifestyles under different environmental conditions (Dunne,
2002; Cheng, Demirci & Catchmark, 2010).

Growth. After colonisation, the biofilm growth phase, also termed the biofilm maturation
phase, starts. This phase involves an increase in biofilm density and complexity as sessile
organisms replicate and die within the biofilm matrix and the extracellular components,
excreted by the microbes, interact with the environment, creating an exopolymeric matrix
or glycocalyx (Dunne, 2002; Dagher et al., 2010). The growth of biofilms is limited by the
availability of nutrients in the environment, the diffusion of nutrients to the cells in the

biofilm and the removal of waste from the biofilm. The cells within the biofilm become
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inactive or die as a result of the unfavourable environment (Wimpenny & Colasanti, 1997;
Dunne, 2002; Cheng, Demirci & Catchmark, 2010; Dagher et al., 2010). The growth of bio-
films is further limited by hydrodynamic forces which balance the growth and erosion or
sloughing of the biofilm’s outer layer (van Loosdrecht et al., 2002; Cheng, Demirci &
Catchmark, 2010; Dagher et al., 2010).

There have been indications that cells within the biofilm matrix form channels within the
biofilm used for substrate or product delivery, as well as for waste removal (Dagher et al.,
2010; Gloag et al., 2013). The matured biofilms have been observed to control bacterial
growth, intercellular cooperation and metabolism in such a manner that they resemble
primitive eukaryotic tissue (Wimpenny & Colasanti, 1997; Dunne, 2002). At a certain point
in the life cycle a dynamic equilibrium is reached during which the biofilm’s outer layer
starts producing microorganisms able to break free of the biofilm. These organisms have
the ability to move on and colonise a new or established biofilm (Dunne, 2002; Cheng,

Demirci & Catchmark, 2010; Dagher et al., 2010).

Attachment Colonization Growth

N
c P od
o J0CBuk FImd> fu,? b o

Figure 2-1: The typical life-cycle of biofilm formation and dispersion (Cheng, Demirci & Catchmark, 2010)

2.1.1.3 Dynamic biofilm structure

The structures of biofilms are widely reported to vary significantly in space and over time (van

Loosdrecht et al., 2002; Cheng, Demirci & Catchmark, 2010). These structures are believed to
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reflect the function of the biofilms and are affected by a combination of several factors

(Costerton et al., 1995; Van Loosdrecht et al., 1995; Cheng, Demirci & Catchmark, 2010):

e Nutrient availability or diffusional limitation

e Adhesive capabilities or exopolysaccharide production

e Shear forces

e Growth rate of microorganisms

e Environmental conditions (e.g. temperature, pH and external metabolite concentra-

tions)

The exact structure of biofilms and their relation to function are not currently well understood
due to their immense complexity. However, at least three models have been proposed to
account for biofilm structures, developed from the visual analysis of the biofilms of various
microbes (Wimpenny & Colasanti, 1997; Cheng, Demirci & Catchmark, 2010; Ercan & Demirci,
2015). It has been reported that combinations of different biofilm structures have been ob-

served in the same environment (Ercan & Demirci, 2015):

1. The heterogeneous, water-channel or mushroom model (Costerton et al., 1995):
The heterogeneous model describes the biofilm as consisting of proliferated mush-
room forms, which are attached to “stalks” of exopolysaccharides. Some of the stalks
coalesce to form water channels that penetrate deep within the biofilm structure,
with smaller channels observed within the mushroom structures themselves. The
channels act as a form of primitive circulatory system comparable to that in higher
order animals and are effective in exchanging substrate for waste products, as well
as regulating the internal conditions within the biofilm (Costerton et al., 1995;
Wimpenny & Colasanti, 1997; Dunne, 2002).

2. The heterogeneous mosaic or pseudo-homogeneous model (Walker et al., 1995):
The heterogeneous mosaic or pseudo-homogeneous model is similar to the hetero-
geneous model in that it describes the biofilm as micro-colonies forming stacks which
are attached to the surface at their base; they are, however, seen to be well sepa-
rated from each other. In addition, there is a background film (=5 um) of individual

cells covering the surface between the stacks. The main difference between this
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model and the heterogeneous model is that the stacks are spread apart and there-
fore not connected to form channels (Wimpenny & Colasanti, 1997).
3. Dense or homogeneous biofilm model (Nyvad & Fejerskov, 1989):

The dense or homogeneous model was originally developed as a means to describe
dental plaque biofilm. It is seen as a dense biofilm without the macroscopic structural
characteristics, such as channels or significant protrusions from the surface, observed
in heterogeneous biofilms. There is still structural organisation present, with various
micro-colonies of similarly shaped bacteria populating various areas on the surface.
This model also describes the biofilm present in internal medical devices such as cath-
eters which lacks evidence of channelling within the biofilm (Wimpenny & Colasanti,

1997).

The theory in explaining the underlying mechanisms that govern the biofilm structure as de-
scribed in the models above revolves around the interplay of various phenomena within the
system (Van Loosdrecht et al., 1995). These phenomena can be summarised as a simultane-
ous balance between various intrinsic and extrinsic factors (Sutherland, 2001b; Flemming &
Wingender, 2010). The extrinsic factors are the supply of substrate (diffusional effects) and
detachment forces (shear effects) (Van Loosdrecht et al., 1995; Dunne, 2002), and the intrin-
sic forces are global microbial regulation, as well as the exopolymeric and protein-producing
capabilities of the bacteria (genetic effects) (Sutherland, 2001b; Dunne, 2002; Flemming &
Wingender, 2010):

1. Diffusional effects:
Diffusional gradients result from a higher rate of substrate consumption/metabolite
production than their corresponding diffusional rate of substrate supply or metabo-
lite removal. If the concentration gradients are high, strongly porous or filamentous
biofilms result. This is due to the difference in growth rates in high substrate/low
metabolite environments (at the tips) and low substrate/high metabolite environ-
ments (at the base). In the case of a biofilm grown in an environment with a low
concentration gradient, the microbes grow at a more unified rate and are therefore
likely to form a more homogeneously distributed biofilm (van Loosdrecht, Picioreanu
& Heijnen, 1997). The supply of substrate is considered the main effect dominating

the formation of biofilms (Wimpenny & Colasanti, 1997).
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2. Shear effects:

High shear results in the removal of biofilm layers from the outside of the biofilm
and, by extension, the removal of filamentous appendages as a result of uneven
growth and diffusional gradients; this results in smoother biofilm surfaces which tend
to exhibit a more two-dimensional geometry. Higher shear also increases the turbu-
lence and therefore mixing in the environment, which inherently leads to smaller ex-
ternal concentration gradients. The combination of smoother biofilm surfaces and
smaller concentration gradients means that high shear tends to result in less porous
and denser biofilms (Van Loosdrecht et al., 1995; Liu & Tay, 2002).

3. Genetic effects:

Global microbial regulation

It has been found that the initial development, maturation and breakdown of bio-
films are regulated by population density-dependent gene expressions which are
controlled by quorum sensing cell-to-cell signalling molecules (Donlan, 2002;
Laspidou & Rittmann, 2002; van Loosdrecht et al., 2002; Vu et al., 2009; Dagher et
al., 2010; May & Okabe, 2011; Terada et al., 2012; Tan et al., 2014), examples being
acylated homoserine lactones (Laspidou & Rittmann, 2002; Beloin & Ghigo, 2005;
Beloin, Roux & Ghigo, 2008; Vu et al., 2009; Goldstone et al., 2012; Petrova & Sauer,
2012) in Gram-negative species and oligopeptides in Gram-positive species (Vu et al.,
2009; Goldstone et al., 2012; Petrova & Sauer, 2012).

As a result of the heterogeneity of most biofilms with respect to time and space, sig-
nificant differences can arise in phenotypes between sub-populations in a biofilm.
This is a result of differences in gene expression and not necessarily gene composition
(Lépez, Vlamakis & Kolter, 2010). In addition to quorum sensing, several studies
(Whitchurch et al., 2002; Vilain et al., 2009; Das et al., 2010; Lépez, Vlamakis & Kolter,
2010; Petrova & Sauer, 2012; Gloag et al., 2013) observed the importance of extra-
cellular DNA (eDNA) in regulating biofilm properties and controlling cellular interac-
tions. It was originally believed that the eDNA was residual DNA from lysed cells
(Lépez, Vlamakis & Kolter, 2010). However, it has recently been discovered that the

eDNA was also excreted by living cells to act as biofilm regulators (Whitchurch et al.,
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2002). Biofilm sensitivity to certain secondary metabolites, including antibiotics, pig-
ments and siderophores, also acted as regulators which, at low concentrations, act

as trigger signals for gene expression changes.

Exopolysaccharide and protein production capabilities

Biofilm characteristics are significantly affected by the extracellular polysaccharides
and protein production capabilities of the specific bacterial population present. This
was demonstrated in biofilm construction significantly altered by mutans that lacked
certain exopolysaccharide production genes, as compared with their parent strains

(Flemming & Wingender, 2010).

2.1.1.4 Extracellular polymeric substances (EPS)

EPS background

Flemming, Neu and Wozniak (2007) described a biofilm, metaphorically, as a “city of mi-
crobes” with the EPS being the “house of the biofilm cells”. The abbreviation EPS originally
denoted extracellular polysaccharides (Whitfield, 1988) or exopolysaccharides (Sutherland,
2001a) but was subsequently renamed extracellular polymeric substances (Wingender, Neu
& Flemming, 1999; Laspidou & Rittmann, 2002; Vu et al., 2009; Flemming & Wingender,
2010). EPS of bacterial origin consist of an intricate combination of biopolymers, the usual
composition being polysaccharides, proteins, nucleic acids, lipids and humic substances, as
well as intracellular (from lysed cells) and intercellular (excreted from cells) DNA (Wingender,
Neu & Flemming, 1999; Flemming, Neu & Wozniak, 2007; Vu et al., 2009; Flemming &
Wingender, 2010).

EPS generally refer to the organic substances that provide initial adhesion to the surface, pro-
vides protection against environmental stress and dehydration, and keep the exopolymeric
matrix (glycocalyx) architecture intact (Ruas-Madiedo & De los Reyes-Gavilan, 2005; Vu et al.,
2009; Flemming & Wingender, 2010; Lopez, Vlamakis & Kolter, 2010). The nature and com-
position of the EPS differ greatly and are dependent on the growth conditions, medium, sub-
strates, age of the biofilm and the species under consideration (Whitfield, 1988; Czaczyk &
Myszka, 2007; Vu et al., 2009; Lépez, Vlamakis & Kolter, 2010). EPS have been referred to as
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“the dark matter of biofilms” due to the diversity of biopolymers present and the difficulty in

analysing them (Flemming, Neu & Wozniak, 2007; Flemming & Wingender, 2010).

EPS are considered to contribute significantly to the physical attributes of biofilms as a result
of their ability to interact with other polysaccharides, macromolecules, cells, ions and small
solutes (Sutherland, 2001a; Flemming, Neu & Wozniak, 2007; Flemming & Wingender, 2010;
Ercan & Demirci, 2015). TABLE 2-1 summarises the main functions of EPS as identified by Flem-

ming and Wingender (2010).

The influence of EPS on biofilm architecture

Most of the volume in a biofilm is usually occupied by EPS and therefore the microbial envi-
ronment is significantly affected by the characteristics of the specific EPS in the biofilm matrix
(Flemming & Wingender, 2010). The EPS matrix has been found to separate the biofilm into
discrete micro-domains (Lawrence et al., 2007); this provides an almost infinite range of mi-
cro-environments within a biofilm structure which are enzymatically adapted to localised con-
ditions (Sutherland, 2001a; Flemming, Neu & Wozniak, 2007; Flemming & Wingender, 2010;
Ercan & Demirci, 2015). FIGURE 2-2 shows the biofilm as visualised by De Beer et al. (1994) at
various dimensions (Flemming & Wingender, 2010). This figure shows the various interactions
within the biofilm, from the microbial scale (FIGURE 2-2a) to the macromolecular scale (FIGURE
2-2b), the molecular scale with the corresponding intermolecular forces (FIGURE 2-2c), and
then finally a molecular modelling simulation of the interaction of alginate with lipase within
a Pseudomonas aeruginosa biofilm system (FIGURE 2-2d). From this figure can be seen that the

biofilm system exhibits significant heterogeneity throughout its structure.

There are various factors that influence the internal structure of biofilms (see Dynamic BIOFILM

STRUCTURE on page 2-5). Among these are the EPS production capabilities of the specific biofilm
strain or consortium under investigation. These influences were investigated by analysing the
differences between the biofilms with and without (parent strains vs. mutans) various EPS

production genes (Flemming & Wingender, 2010). Examples of these are:

e Exopolysaccharides of Vibrio cholerae (Watnick, Kolter & Watnik, 1999)
e Colanic acid production in Escherichia coli K-12 (Danese, Pratt & Kolter, 2000)

e Exopolysaccharide and protein production in Bacillus subtilis (Branda et al., 2006)
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e “Fruiting body” formation during starvation in Myxococcus xanthus (Lux et al., 2004)

e Alginate production in Pseudomonas aeroginosa (Franklin & Ohman, 1993; Tielen et
al., 2005)

e Interaction of anion EPS with carboxylic substituents with multivalent ions, e.g. Ca*?,
Mg*?, etc. The ions act as bridges between the carboxylic substituents, providing

structural stability (Franklin & Ohman, 1993; Tielen et al., 2005).
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Figure 2-2: The biofilm as visualised by De Beer et al. (1994) at various dimensions (Flemming & Wingender,
2010), showing various interactions and the significant heterogeneity throughout the biofilm structure. a) mi-
crobial scale, b) macromolecular scale, c) molecular scale with the corresponding intermolecular force d) a
molecular modelling simulation of the interaction of alginate with lipase within a Pseudomonas aeruginosa
biofilm system.
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Table 2-1: The main functions of EPS as identified by Flemming and Wingender (2010). EPS are considered to
contribute significantly to the physical attributes of biofilms as a result of their ability to interact with other
polysaccharides, macromolecules, cells, ions and small solutes.

Aids in the initial colonisation of surfaces by plank-
tonic cells and long-term attachment of biofilm
Allows cellular bridging, temporary immobilisation,
increased cellular densities and cell—cell recognition
Forms the biofilm matrix, provides mechanical sta-
bility and determines biofilm architecture
Maintains a water-rich milieu for microbes, increas-
ing tolerance to water-scarce environments
Provides various forms of protection, including re-
sistance to antibiotics, antiseptics, protozoan pre-
dation or host immune defences

Enhances the absorption of environmental nutri-
ents, aiding in environmental decontamination
Enhances the absorption of inorganic ions which
promotes polysaccharides production, ion ex-
change, and removal of unwanted metal ions in the
environment

Digestion of extracellular macromolecules as nutri-
ent source for cells, degradation of structural EPS
which releases sessile biofilm cells

Stores carbon, nitrogen and phosphate for use by
biofilm inhabitants

Increases proximity of biofilms cells, aiding in hori-
zontal gene transfer and communication

Aids in redox reactions within the biofilm

Removes unwanted cellular material from cell lysis

and metabolism

Stores excess carbon during nitrogen-limited condi-
tions
Concentrates and stabilises enzymes through en-

zyme—polysaccharide interaction
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Polysaccharides, protein, DNA,
amphiphilic compounds
Polysaccharides, proteins,
DNA

Charged and neutral polysac-
charides, protein, DNA

Hydrophilic polysaccharides

Polysaccharides, proteins

Charged and hydrophobic pol-
ysaccharides, proteins
Charged polysaccharides, pro-

teins, phosphates, sulphates

Proteins

All EPS components

DNA, quorum sensing mole-
cules

Proteins, humic substances
Nucleic acids, enzymes, lipo-
polysaccharides,

ids

phospholip-

Polysaccharides

Polysaccharides, enzymes



The EPS production genes have been found to be regulated by “megaplasmids” rather than
chromosomally in various Escherichia, Streptococcus and Lactobacillus subspecies. The sec-
tion of genes controlling EPS production can therefore be replaced by genes from other bac-
teria, thereby manipulating the EPS and, by extension, the biofilm properties (Czaczyk &
Myszka, 2007).

Exopolysaccharides

Exopolysaccharides are considered to constitute a significant portion of the EPS in biofilms.
Most are long, linear or branched molecules of molecular mass 5 x 10°-2 x 10° daltons
(Flemming & Wingender, 2010). Exopolysaccharides can be classified according to their in-

trinsic and extrinsic properties. Intrinsically, the polysaccharides are divided into:

e Homopolysaccharides (HoPS), which are polysaccharides with identical monosaccha-
ride units (Flemming & Wingender, 2010; Harutoshi, 2013: 516),

e Heteropolysaccharides (HePS) which, with the exception of alginate, usually consist of
repeating units of 2-8 monosaccharides composed mostly of D-glucose, D-galactose,

and L-rhamnose (Sutherland, 2001a; Vu et al., 2009; Harutoshi, 2013: 516).

Some bacteria are able to manufacture both types of exopolysaccharides (HoPS and HePS)

(Ercan & Demirci, 2015)

Extrinsically, exopolysaccharides are classified with respect to the cellular association after
production (Whitfield, 1988; Cerning, 1990; Laspidou & Rittmann, 2002; Kim et al., 2006;
Cuthbertson et al., 2009):

e As capsular (Whitfield, 1988; Cerning, 1990) or cell-bound (Kim et al., 2006) polysac-
charides (CPS) (K-antigen), which are intimately associated with the cell surface. CPS
are mostly covalently bonded to the phospholipid lipid-A molecules on the cellular
surface (Whitfield, 1988; Roberts, 1996; Fajardo-Solache, 1999).

e As slime polysaccharides (Whitfield, 1988; Degeest, Vaningelgem & De Vuyst, 2001;
Broadbent et al., 2003) or released polysaccharides (Cerning, 1990; Fajardo-Solache,

1999; Kim et al., 2006), which are only tentatively associated with the cellular surface.
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The differences between these polysaccharides are often only defined as the observable cell

association following centrifugation; in some cases both types of EPS are produced by the

same microbe (Cerning, 1990). CPS and lipopolysaccharides (O-antigen) are sometimes diffi-

cult to distinguish. It has been suggested by Lee at al. (2013) that the presence of CPS is det-

rimental during the formative stage of a biofilm, but is required during the maturation stage

and that CPS therefore mostly form at later stages of biofilm lifecycles.

It was found for L. rhamnosus that during maturation the fractions of each of these respective

types of exopolysaccharide changed from initially a higher amount of cell-bound exopolysac-

charide (61%) during exponential growth to a much lower fraction of cell-bound exopolysac-

charide (23%) during the stationary phase (Kim et al., 2006).

Homopolysaccharides (HoPS)

The most common HoPS can be classified as either glucans, from D-glucose, or fruc-
tans, from L-fructose (Czaczyk & Myszka, 2007; Flemming & Wingender, 2010; Badel,
Bernardi & Michaud, 2011). The HoPS can be further classified according to the link-
ages present in the polysaccharide chains (Czaczyk & Myszka, 2007; Badel, Bernardi &
Michaud, 2011; Harutoshi, 2013: 516).

The biosynthesis of HoPS occurs outside the cell surface and requires a specific sub-
strate, e.g. sucrose or similar oligosaccharide, indicating requirement for very specific
enzymes (glycosyltransferases (gtf) or fructosyltransferases (ftf)) (Whitfield, 1988;
Cerning, 1990; Badel, Bernardi & Michaud, 2011; Harutoshi, 2013: 520). The biosyn-
thesis of HoPS are considered significantly low in terms of energy requirements, the
only energy requirement from the cell is the initial enzyme production, after which
extracellular synthesis of the polysaccharides take place (Badel, Bernardi & Michaud,
2011; Harutoshi, 2013: 520).

Heteropolysaccharides (HePS)

HePS are polysaccharides assembled from significantly varied repeating units. The re-
peating units are usually oligosaccharides of D-glucose, D-galactose, L-fructose,
L-rhamnose, D-glucuronic acid, L-guluronic acid and D-mannuronic acid, composed of
two to eight monosaccharides in length. Additional substituents of succinates, py-

ruvates and formates are found in most HePS (Czaczyk & Myszka, 2007; Ercan &
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Demirci, 2015). Bacterial alginate, produced by Pseudomonas aeruginosa and Azoto-
bacter vinelandii, is a notable exception. Alginate is a HePS of irregular structure in
which vestiges of D-mannurosyl and L-guluronosyl are present (Sutherland, 20013;
Czaczyk & Myszka, 2007).

The physical properties of HePS are dependent on the inter-monosaccharide linkages
present and on branching of the polysaccharides chain (Czaczyk & Myszka, 2007).
These properties can even differ between strains of the same bacterium (Ercan &
Demirci, 2015). Both the production quantity and type of HePS are dependent on the
growth conditions, i.e. medium composition, temperature, pH, oxygen tension and
growth phase play a role in the production and types of HePS produced (Degeest,
Vaningelgem & De Vuyst, 2001; Czaczyk & Myszka, 2007).

HePS, in contrast to HoPS, are synthesised by intracellular enzymes which polymerise
oligosaccharide repeating units. These repeating units are, in turn, built from mono-
saccharides, at the cytoplasmic membrane. The biosynthesis of HePS is an energy-in-
tensive process as both the polymerisation and transport of polysaccharides through
the cell membranes require a significant amount of energy (Whitfield, 1988;

Harutoshi, 2013: 522).

2.1.2 Industrial application of cell immobilisation technology

Cell immobilisation is defined as “the physical confinement or localisation of intact cells to a

certain defined region of space with the preservation of some desired catalytic activity”

(Karel, Libicki & Robertson, 1985) and can occur naturally (biofilms) or artificially by chemical

or physical means (Dervakos & Webb, 1991; Dagher et al., 2010). TABLE 2-2 shows the various

methods employed in cell immobilisation (Karel, Libicki & Robertson, 1985), as well as prom-

inent studies from the literature employing the specific methods.

Cell immobilisation is considered to improve the bioreactor performance as a result of various

factors (Dervakos & Webb, 1991):

Enhanced biological stability
High biomass concentration
Advantageous partition effects

Increased product yields
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e Increased product stability

e Integration with downstream processing
e Advantages due to cell proximity

e Increased reaction selectivity

e Versatility in the selection of the reactor.

The selection of cell immobilisation method is extremely important in the overall perfor-
mance of industrial bioreactors. The method selected has the ability to influence cell physiol-
ogy, metabolism and bacterial distribution within the immobilisation matrix (Dagher et al.,

2010).

The industrial application of biofilms has been successfully exploited in various bioprocessing
industries as a natural form of cell immobilisation with increased tolerances, and to impart
long-term stability in bioprocess operations (Li, Hauer & Rosche, 2007; Rosche et al., 2009).
A thorough understanding of biofilm formation and infrastructure is imperative as this dic-
tates the reactor start-up and operation. Start-up times of between four and nine months

have been reported (Annachhatre & Bhamidimarri, 1992)

The industrial applications of biofilms include industries as diverse as (Annachhatre &

Bhamidimarri, 1992; Li, Hauer & Rosche, 2007; Rosche et al., 2009):

e Bioremediation (Meyer & Wallis, 1997; Ebihara & Bishop, 2002; Singh, Paul & Jain,
2006; Vu et al., 2009; Edwards & Kjellerup, 2013)

e Wastewater treatment (Hall, 1987; Nicolella, Van Loosdrecht & Heijnen, 2000a,b; An
& Lo, 2001; Botrous, Dahab & Mihaltz, 2004; Manolov, Kristina & Benoit, 2005)

e Biosynthesis (Zhang et al., 2004; Urkiit, Dagbagh & Goksungur, 2007; West, 2011;
Jarpa et al., 2012),

e Fermentation (Andries et al., 1996; Tay & Yang, 2002; Huang, Ramey & Yang, 2004;
Qureshi, Lai & Blaschek, 2004; Zhang et al., 2009; Ercan & Demirci, 2015)
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Table 2-2: The various methods employed in cell immobilisation (Karel, Libicki & Robertson, 1985) as well as
prominent studies from literature employing the specific methods.

Wood chips

Porous bricks and cotton cloth

Poraver®
Plastic composite support

Chelation/metal-link

Glutaraldehyde cross-linking

Alginate
K-carrageenan
Polyacrylamide
Collagen

PTFE
Controlled pore glass

(Krischke, Schroder & Trosch, 1991)

(Gongalves et al., 1992)

(Guogiang, Kaul & Mattiasson, 1992; Bradfield &
Nicol, 2014; Maharaj, Bradfield & Nicol, 2014)

(Ho et al., 1997b; Cotton, Pometto & Gvozdenovic-
Jeremic, 2001; Urbance et al., 2003, 2004)

(Rogl et al., 1998; Fischer et al., 2009)

(Olde Damink et al., 1995; Migneault et al., 2004;
Stojkovi¢ & Znidarsi¢-Plazl, 2012)

(Roy, Goulet & Le Duy, 1987; Ryu & Wee, 2001;
Tielen et al., 2005; Idris & Suzana, 2006)

(Audet, Paquin & Lacroix, 1988; Mostafa, 1996; Ryu
& Wee, 2001)

(Tuli et al., 1985; Raihan et al., 1997; Petrov, Yankov
& Beschkov, 2005; Petrov, Petrova & Beschkov,
2007)

(Saini & Vieth, 2007; Wang et al., 2008)

(Hyde, Hunt & Errede, 1991)

(Bruno-Barcena et al., 1999; Martin et al., 2006;
Rieder et al., 2011)

Bricks (Gongalves et al., 1992)

Cordierite (De Lathouder et al., 2004; Moreno-Castilla & Pérez-
Cadenas, 2010)

Micro en- Polylysine (Ma et al., 2013; Chen et al., 2014)

capsula- Ethylcellulose (Chowdary & Panguluri, 2008; Prasertmanakit et al.,

tion 2009; Murtaza, 2012)

Two-phase emulsions

Synthetic membranes

Mycelia pellets

Microbial flocs
Polyelectrolytes

Glutaraldehyde cross-linking

(Katzbauer, Narodoslawsky & Moser, 1995; Sajc,
Grubisic & Vunjak-Novakovic, 2000; Schmid et al.,
2001)

(Mehaia & Cheryan, 1987; Reij & Hartmans, 1996;
Lee, Lee & Chang, 2008; Kim et al., 2009)

(Cao et al., 1997; Du et al., 1997; Riscaldati et al.,
2002; Yu et al., 2007)

(Katzbauer, Narodoslawsky & Moser, 1995; Stewart,
1998; Khezry, 2012)

(Stenroos, Linko & Linko, 1982; Yahiro et al., 1995;
Xu et al., 2006; Zhang et al., 2011)

(McCarthy et al., 1985; Wang, Hayter & Wilson,
1996)
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In this study the main application of interest is the fermentation of a sugar substrate to yield
value-added products. The next section is dedicated to several single-species biofilm studies

in the production of these value-added products.

2.1.3 Continuous biofilm fermentation studies

In order to produce industrially important chemicals continuously from fermentation, single-
species biofilms are generally preferred. This is due to the ease of control, as well as to max-
imising the desired product during fermentation; a single species is inoculated into a sterile
environment with the goal of forming a biofilm and subsequently producing a specific fer-

mentation product (Qureshi et al., 2005).

Most continuous single-culture biofilm fermentation studies are currently still at the bench-
scale or pilot-scale research level, in stark contrast to the intensive research being done with
respect to the application of biofilm reactors to water treatment (Cheng, Demirci &
Catchmark, 2010; Gross, Schmid & Buehler, 2012: 208). However, despite the lack of indus-
trial application, biofilm reactors have been shown to improve the production of various
value-added products, including alcohol, organic acids, enzymes, antibiotics and polysaccha-
rides (Qureshi et al., 2005; Cheng, Demirci & Catchmark, 2010; Ercan & Demirci, 2015). These
reactors have the ability to improve the volumetric productivity rates within the reactor due
to significantly enhanced biomass concentrations within the bioreactors (Qureshi, Lai &
Blaschek, 2004; Qureshi et al., 2005; Cheng, Demirci & Catchmark, 2010; Gross, Schmid &
Buehler, 2012: 214; Ercan & Demirci, 2015). In addition to the productivity of bioreactors,
factors such as product titre, product yield and length of reactor operation affect the overall

process economics of a fermentation process (Qureshi et al., 2005).

Some examples of the above products from fermentation studies are summarised in TABLE
2-3. This table compares the maximum suspended cell production rates, product concentra-
tions and yields with the same parameters in biofilm reactors at the same conditions and
using the same culture. In addition, it shows the length of operation of the various biofilm
reactors. From TABLE 2-3 it can be seen that these parameters appear to increase significantly
from the suspended cell to the biofilm reactor for most of the studies. The observed produc-
tion rate increases were expected due to the significant increase in the cellular concentrations

in the biofilm reactors as compared with the suspended cell reactors (Qureshi, Lai & Blaschek,
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2004; Qureshi et al., 2005; Cheng, Demirci & Catchmark, 2010; Gross, Schmid & Buehler,
2012: 214; Ercan & Demirci, 2015). The general increase in product yield is, however, inter-
esting: increases in yield of as much as 45% for acetone/butanol/ethanol (Lee et al., 2008)
and ethanol (Kunduru & Pometto, 1996a,b) production were reported. This indicates a
change in the metabolism of the bacterium, which could possibly involve an increase in the
non-growth or maintenance-related production with a corresponding decrease in the growth-

related production (Qureshi et al., 2005; Gross, Schmid & Buehler, 2012: 195).

The final column in TABLE 2-3 shows the maximum operational biofilm fermentation time dur-
ing each run. It can be seen that the operational times for the biofilm runs were significant,
with online fermentation times as long as 180 days reported for continuous acetic acid fer-

mentation (Horiuchi et al., 2000).
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Table 2-3: Examples of results from continuous biofilm fermentation studies in the literature, comparing the maximum volumetric productivities, product concentrations
and product yields between suspended cell and biofilm studies. The table also shows the longest continuous operational time reported in the various studies.

Clostridium bei- (Qureshi, Lai &
0.38 16.13 9.7 12.0 0.36 0.43 96
jerinckii BA101 Blaschek, 2004)
Clostridium
(Huang, Ramey &
acetobutylicum - 6.0 - 5.1 - 0.53! 46
Yang, 2004)
ATCC 55025
Clostridium
beijerinckii (Lee et al., 2008) 0.22 0.40 7.1 22.1 0.24 0.44 >12
NCIMB 8052
Clostridium
beijerinckii (zhang et al., 2009) 0.22 5.06 9.4 9.0 0.24 0.32 20
ATCC 55025
(Weuster-Botz,
Zymomonas mobilis 1993; Weuster-
11.8 53 60 58 0.48 0.51 120
ATCC 31821 Botz, Aivasidis &
Wandrey, 1993)
Zymomonas mobilis (Kunduru &
5 536 10 47 0.24 0.5 60
ATCC 31821 Pometto, 1996a,b)

IMax theoretical yield is 0.44 g.g™, i.e. this value is questionable and could indicate unsteady behaviour
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Table 2-3: continued

Saccharomyces
cerevisiae
ATCC 24859
Escherichia coli
KO11
Kluyveromyces
marxianus
DSMZ-7239
Clostridium
acetobutylicum P262

Clostridium
beijerinckii
BA101
Recombinant
Escherichia coli
Klebsiella
pneumonia

NCIB 8017

(Kunduru &
Pometto, 1996a,b)

(Dumsday et al.,

1997)

(Ozmihci & Kargi,
2007, 2008, 2009)

(Qureshi &
Maddox, 1988)

(Qureshi &
Schripsema, 2000)

(Itoh et al., 2007)

(Lee & Maddox,
1986)

5 76
1.27 1.12
0.745 1.58
0.1 6.5
0.38 15.8
12.5 75
0.028 23
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10

21.2

40

38

18.7

22.5

13.0

49.5

0.26

0.44

0.4

0.27

0.47

0.40

0.54

0.45

0.40

60

27

>21

> 83

>23

21

49



Table 2-3: continued

53% volumetric productivity increase, 31% yield increase

Trichoderma viride (Webb, Fukuda &

QM 9123 Atkinson, 1986)
Escherichia coli (Oriel, 1988; Ercan
Fivefold production increase
EC147 & Demirci, 2015)
(Kennedy et al., 438 -
Acetobacter species 1.45-2.34 49.3-63.3 92.1 - - 75
1980) 5.0
Acetobacter aceti
(Park & Toda, 1992) - 7 - 98 - 0.98 39
M7
Acetobacter (Horiuchi et al.,
- 6.45 - 38 - 0.85 180
pasteurianus 2000)
Streptococcus ther-  (Andrews & Fonta,
- 12 - - - - 58
mophilus 1989)
Lactobacillus casei
(Krischke, Schroder
ssp. casei 5.5 13.5 30 25 - - -
& Trosch, 1991)
DSM 20244
Lactobacillus casei
(Bruno-Barcena et
ssp. casei 2.42 9.72 48 57.5 0.79 0.6 -

al., 1999)
CRL 686
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Table 2-3: continued

Lactobacillus
helveticus
ATCC 15009
Lactobacillus
casei ssp. casei
CRL 686
Lactobacillus
casei ADNOX95
Lactobacillus
rhamnosus

NRRL B445

Lactobacillus
rhamnosus

ATCC 11443

Lactobacillus
rhamnosus

RW-9595M

(Silva & Yang, 1995)

(Bruno-Barcena et

al., 1999)

(Dagher et al.,
2010)

(Gongalves et al.,

1992)

(Demirci, Pometto
& Johnson, 1993)
(Cotton, Pometto &
Gvozdenovic-
Jeremic, 2001)
(Bergmaier,
Champagne &
Lacroix, 2005)

14

2.42

7.64

8.8

5.8

9.9
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11.9

20.1

16

9.0
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48.7

48

23.15

21.68

51.4

50.8

57.5

27.7

514

13.9

23.37

38.1

0.99

0.79

0.71

1.00

0.7

0.99

0.6

1.00

0.76

1.00

0.75

14

30

90

32



Table 2-3: continued

Lactobacillus (Dagher et al.,

- 10.4 - 25.7 - 1.00 30
rhamnosus RS93 2010)
(Frederici &
Rhizopus arrhizus
Petruccioli, 1996: 0.119 0.215 42 6 0.17 0.27 10
NRRL 1526
659)
Aspergillus niger (Sankpal, Joshi &
0.125 2.08 35-50 65 - 1.00 26
ATCC 1015 Kulkarni, 2001)
Aspergillus niger (Kim, Park &
0.063 0.16 4.7 4.5 0.51 0.70 20
ATCC 9142 Byun, 2002)
Enterococcus
faecalis (Wee et al., 2002) 9.9 17.1 95.0 72.7 0.95 0.91 15
RKY1
(Urbance et al.,
- 8.8 - 10.4 - 0.76 5
2003, 2004)
Actinobacillus
(Van Heerden &
succinogenes - 6.35 - 13.39 - 0.73 8
Nicol, 2013)
ATCC 55618
(Bradfield &
- 9.5 - 48.5 - 0.89 54
Nicol, 2014)
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Table 2-3: continued

Actinobacillus
succinogenes
ATCC 55618
Actinobacillus
succinogenes
M2012036

VLB12ADC

Pseudomonas sp.

(Maharaj,
Bradfield & Nicol,
2014)

(Yan, Zheng, Tao,
et al., 2014)

(Gross et al.,
2007; Park et al.,
2007)

(Park et al., 2007;
Gross et al., 2010)
(Park et al., 2007;
Halan, Schmid &
Buehler, 2010)

- 10.7

- 2.77

0.7-1.9

1.95
2.9

1.2
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325

55.3

12.4

60

42

0.68

0.90

0.80

0.09

0.3

>12

18

> 68

50

30



2.2 Lactobacillus rhamnosus

The bacterial species Lactobacillus rhamnosus is considered to be a ubiquitously adaptable
Gram-positive organism, recovered from various bodily orifices and openings, as well as fer-
mented milk products (Kant et al., 2014). Lactobacillus rhamnosus was originally designated
as Lactobacillus casei subsp. rhamnosus (Hansen, 1968: 76); the L. casei group consisted of
one species, which were subdivided into five subspecies — casei, alactosus, pseudoplantarum,
tolerans and rhamnosus (Collins, Phillips & Zanoni, 1989; Ryu et al., 2001). Collins et al. (1989)
reclassified these subspecies, using DNA-DNA hybridisations, as belonging to four elevated
species with subspecies— L. casei, L. paracasei subsp. paracasei, L. paracasei subsp. tolerans
and L. rhamnosus. L. rhamnosus was given the type strain ATCC 7469" which was easily dif-
ferentiable from the other L. casei group members due to a rhamnose-containing cell wall
and to an ability to metabolise rhamnose (Collins, Phillips & Zanoni, 1989; Ryu et al., 2001;
Sakai et al., 2010).

L. rhamnosus and L. casei are well-studied organisms and are currently the species most
widely used for lactic acid fermentation (Dagher et al., 2010). Lactic acid bacteria are, how-
ever, known to be fastidious organisms, of which L. rhamnosus is no exception (Ho et al,
1997a; Lebeer, De Keersmaecker, et al., 2007; Dagher et al., 2010). This is problematic as the
downstream processing during lactic acid production is severely affected by the addition of
rich media during fermentation; e.g. a yeast extract (YE) concentration in excess of 1% would
affect the optical purity of the lactic acid produced due to the presence of lactic acid in the YE

medium (Dagher et al., 2010).

2.2.1 Metabolism

According to the group who published the complete genome of L. rhamnosus GG, L. rhamno-
sus is a facultatively heterofermentative lactic acid bacterium (Morita et al., 2009). However,
in the literature L. rhamnosus is generally considered to be homofermentative (Nakamura,
1982; Benito de Cardenas, Ledesma & Oliver, 1987; Berry et al., 1999; Kwon et al., 2000;
Petrov, Yankov & Beschkov, 2005; Mel et al., 2008; Dagher et al., 2010). It has been observed
that the metabolism changed to heterofermentative in the presence of oxygen (Manderson

& Doelle, 1972), for pH > 6.5 (Senthuran et al., 1999), and during the fermentation of pentoses
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via the phosphoketolase pathway which produces equimolar amounts of lactic acid and acetic
acid (Marques et al., 2008; Abdel-Rahman, Tashiro & Sonomoto, 2011; Lazzi et al., 2014). In
addition, it has been observed that in fermentations containing excess citrate or pyruvate,
the flavour compounds acetoin (Acn) and diacetyl (Diac) were produced (Benito de Cardenas,
Ledesma & Oliver, 1987; Benito de Cardenas, Ledesma & Oliver, 1989; Medina de Figueroa,
Oliver & Benito de Cardenas, 2001). It was theorised that the production of the flavour com-
pounds in fermentations without added pyruvate was a result of nicotinamide adenine dinu-
cleotide (NADH) oxidation (by an increased activity of NADH oxidase), which led to an in-
creased amount of pyruvate in the medium and subsequently an increase in flavour com-

pound production (Medina de Figueroa, Oliver & Benito de Cardenas, 2001).

Lactic acid fermentation by L. rhamnosus has been found to involve both growth-related and
non-growth-related catabolism (Ho et al.,, 1997b; Berry et al.,, 1999; Cotton, Pometto &
Gvozdenovic-Jeremic, 2001; Ling et al., 2006; Choi, Al-Zahrani & Lee, 2014).

The L. rhamnosus metabolism as reported in the literature (Jyoti, Suresh & Venkatesh, 2004;
Poolman et al., 2004; Gayen, Gupta & Venkatesh, 2007) is presented in FIGURE 2-3, and shows
that there are seven possible catabolic products, namely pyruvic acid (PA), lactic acid (LA),
acetoin (Acn), diacetyl (Diac), acetic acid (AA), citric acid (CA) and oxaloacetic acid (OAA), as

well as anabolically produced biomass (x).

2.2.2 Biofilm

The biofilm formation capabilities of L. rhamnosus have been studied extensively in the liter-
ature (Goncalves et al., 1992; Ho et al., 1997b; Millsap et al., 1997; Pelletier et al., 1997,
Cotton, Pometto & Gvozdenovic-Jeremic, 2001; Lebeer, De Keersmaecker, et al., 2007;
Lebeer, Verhoeven, et al., 2007; Djuki¢-Vukovié et al., 2013; Kant et al., 2014) and it was found
to have a natural affinity for biofilm formation: biofilms provide natural protection to the in
vitro probiotic action of L. rhamnosus GG, one of the most intensively studied probiotic or-

ganisms (Lebeer, Verhoeven, et al., 2007).
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Figure 2-3: L. rhamnosus metabolism from the literature (Jyoti, Suresh & Venkatesh, 2004; Poolman et al.,
2004; Gayen, Gupta & Venkatesh, 2007). The metabolism consists of mainly an energy metabolism on the left
and a secondary metabolism on the right. Metabolites represented by: AA, acetic acid; AcCoA, acetyl-CoA;
Aclac, acetolactate; Acn, acetoin; CA, citric acid; CoA, co-enzyme A; Diac, diacetyl; Gic, glucose; HETPP, hy-
droxyethyl-TPP; LA, lactic acid; OAA, oxaloacetic acid; PA, pyruvic acid; TPP, thiamine pyrophosphate; YE,
yeast extract.

As discussed in Section 2.1.1.4 (page 2-9), the ability of any organism to produce a biofilm is
dependent on its ability to produce an extracellular matrix or glycocalyx which would form a
stable structure for the biofilm. This glycocalyx is composed mostly of exopolysaccharides,
meaning that the exopolysaccharide production capabilities of the organism dictate its biofilm
construction (Costerton, Geesey & Cheng, 1978; Dunne, 2002; Cheng, Catchmark & Demirci,
2009; Dagher et al., 2010). The exopolysaccharide production ability of L. rhamnosus has
been extensively studied and it has been reported to be among the highest for any lactobacilli
in the literature (Dupont, Roy & Lapointe, 2000; Pham et al., 2000; Van Calsteren et al., 2002;
Landersjo et al., 2002; Macedo et al., 2002; Bergmaier, Champagne & Lacroix, 2005; Péant et
al., 2005; Champagne, Gardner & Lacroix, 2007; Lebeer et al., 2009, 2011; Bleau et al., 2010;

Yang et al., 2010). In L. rhamnosus it was found that no plasmids were present in the cells,
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which is a strong indication that the genes necessary for exopolysaccharide production are
chromosomal, meaning they are phenotypically more stable and therefore industrially pre-

ferred (Dupont, Roy & Lapointe, 2000).

According to Van Calsteren et al. (2002), the structure of the exopolysaccharide of L. rham-
nosus ATCC-9595M consists of a heptasaccharide repeating unit (equation (2-1)) and a gen-

eral formula of CyH1.6nO0.89n.

{—3Rha — 3Glc — 3[Gal4,6(R)Py — 2]Rha — 3Rha — 2Glc —}, (2-1)
This repeating unit was supported by Kim et al. (2006) and Bergmaier, Champagne and Lacroix
(2005) who found that major constituents of the exopolysaccharide of L. rhamnosus ATCC
9595 to be glucose, galactose and rhamnose. The exopolysaccharide repeating unit for the
strain L. rhamnosus GG, as determined by Landersjo et al. (2002), was slightly different and is

described by equation (2-2):

{—3Gal — 3Gal — 4[Gal — 6]GlcNAc — 3Rha — 2Gal -}, (2-2)
However, the repeating unit as shown in equation (2-1) can be assumed to represent the
exopolysaccharide of L. rhamnosus ATCC 9595 as it was determined by Péant et al. (2005)
that the same genes encoded for exopolysaccharides in both strains, L. rhamnosus RW-

9595M and 9595.

2.2.3 Continuous L. rhamnosus Biofilm Fermentation Studies

There are several studies in the literature on the use of L. rhamnosus in continuous biofilm
fermentation (Gongalves et al., 1992; Demirci, Pometto & Johnson, 1993; Cotton, Pometto &
Gvozdenovic-Jeremic, 2001; Bergmaier, Champagne & Lacroix, 2005; Dagher et al., 2010).
These studies highlight the potential for increasing the volumetric productivity of the biore-

actor by increasing the total biomass in the reactor.

Gongalves et al. (1992) studied the production of lactic acid by L. rhamnosus using four inert
supports. These four supports were Raschig rings of sintered glass, beads of sintered glass,
Poraver® and irregular ceramic particles. The best support was found to be the beads of sin-
tered glass based on lactic acid volumetric productivity. The authors found from batch and

continuous results using the biofilm reactors that extrapolating from batch results to obtain
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continuous (predicted) behaviour can introduce significant errors. It was found that the influ-
ence of pH in the biofilm system was reduced because the productivity remained constant for
pH values higher or lower than the optimum obtained in the chemostat system. The highest
volumetric productivity was reported as 20.8 g.L™1.h'!, with a maximum lactic acid concentra-
tion of 51.4 g.L'! and a maximum yield of 0.76 g.g*. The maximum productivity was almost

three times the maximum value obtained in the chemostat of 7.64 g.L'1.h1.

Demirci, Pometto and Johnson (1993) used a novel plastic composite support (PCS) blended
with various agricultural materials, on which a biofilm of L. rhamnosus was established. The
PCS compositions were varied to determine the optimum composition for biofilm formation.
The study observed production rates between two and five times higher than those of
suspended culture, with a maximum productivity of 16 g.L'1.h%, a lactic acid yield of 100% and
a maximum lactic acid titre of 13.9 g.L'™%. The authors commented that lignocellulosic supports
(corn fibre, oat hulls and soy hulls) perfomed better than single polymers (cellulose or starch)
at immobilising L. rhamnosus. The pH was not controlled during fermentations, which might

have led to the relatively low lactic acid titre reported.

Building on the work by Demirci, Pometto and Johnson (1993), Cotton, Pometto and
Gvozdenovic-Jeremic (2001) studied the production of lactic acid using PCS stacked in a grid
and bound to an agitator shaft of a standard laboratory-scale bioreactor. The PCS consisted
of 50% lignocellulosic agricultural products and YE and 50% polypropylene (PP). The results
showed a maximum production rate of 9.0 g.L'1.h'1, a maximum product yield of 75% and a
maximum final lactic acid concentration of 23.4 g.L'%. Between runs the biofilm was removed
using concentrated NH4OH. However, the effluent from this was not analysed for total cellular
biomass. From the significant scatter in the results it can be assumed that the washing
procedure was not completely effective. The results show that the productivity and yields of
the agitated PCS system decreased significantly compared with the results obtained by
Demirci, Pometto and Johnson (1993). However, this could very well be a result of increased
shear on the biofilm as the agitator shaft was rotated at 100-125 r.min™ in the study by
Cotton, Pometto and Gvozdenovic-Jeremic (2001), while Demirci, Pometto and Johnson

(1993) employed a packed bed reactor.

The aim of the study by Bergmaier, Champagne & Lacroix (2005) was to quantify the EPS

production of L. rhamnosus RW-9595M, but since the production of lactic acid is an inherent
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catabolic characteristic of L. rhamnosus, it was therefore also reported. During free-cell
chemostat cultures, the authors of the study observed lactic acid production of 10.0 g.L1.h'?,
with a maximum lactic acid titre of 33.2 g.L'! and a lactic acid yield of 77.9% on lactose. The
cells were immobilised on a food-grade porous silicone rubber support (ImmobaSil®) and the
fermentation was done in a two-stage system (Bergmaier, Champagne & Lacroix, 2005). The
first stage consisted of the biofilm reactor with immobilisation support, and the second stage
was operated as a free-cell reactor in series with the first and using the released cells from
the first reactor. Morpholigically, the cultures appeared to change from short-chain cells of
up to four cells in length in the chemostat to long chains of cells, which were densely packed
and with EPS observable on the surface. Aggregates were observed in the second stage of the
reactor as the short chains observed in the free-cell chemostat cultures were replaced by long
network-like stuctures. This indicated that the suspended cells in stage two derived from the
biofilm in stage one, as opposed to growth in the medium (Bergmaier, Champagne & Lacroix,
2005). The maximum volumetric productivity in the two-stage system was reported to be as
high as 49.5 g.L'.h'!, with maximum lactic acid concentrations of 38.1 g.L'! in stage one and

51.4 g.L't in the outlet of the reactor.

Dagher et al. (2010) used an upflow, recycle, packed bed reactor with Poraver® beads and
polyurethane foam as support to test the biofilm production capability of L. rhamnosus RS93
(an adherent variant of L. rhamnosus DSM 20021). The stability of the biofilm was tested by
repeating the initial dilution rate after a month of operation. The results from the study
showed a maximum volumetric productivity of 10.4 g.L'.h! for the Poraver® and a maximum
productivity of 9.2 g.L'1.h"! for the polyurethane. A maximum product yield of 100% lactic acid
to glucose was obtained for both packing methods and maximum lactic acid concentrations

of 23.7 g.L't and 25.7 g.L"* were obtained for the Poraver® and polyurethane, respectively.

2.3 Actinobacillus succinogenes

Actinobacillus succinogenes is a proteobacterium which forms part of the Pasteurellaceae
family, the Actinobacillus genera and has the species designation of succinogenes (Guettler,
Rumler & Jain, 1999). A. succinogenes is a capnophilic, chemo-organotrophic, facultatively
anaerobic, non-fastidious, Gram-negative, non-motile rod or coccobacillus (0.8 x 1 um) iso-

lated from bovine rumen (Guettler, Rumler & Jain, 1999). It has the ability to produce high
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concentrations of succinate (> 100 g.L ) as fermentation product. However, due to mixed acid
fermentation, formate, acetate and ethanol are also formed (Guettler, Jain & Rumler, 1996;

Van der Werf et al., 1997; Guettler, Rumler & Jain, 1999).

The organism has the ability to produce acid from a variety of different substrates, including
L-arabinose, D-ribose, D-xylose, galactose, D-glucose, D-fructose, D-mannose, D-mannitol, D-
sorbitol, glycerol, amygdalin, arbutin, aesculin, salicin, cellobiose, maltose, lactose, sucrose,
raffinose, P-gentiobiose, D-arabitol, gluconate, idonate, ascorbate, glucarate, galactarate,
pectin, B-glucoside and 5-ketogluconate (Guettler, Jain & Rumler, 1996; Guettler, Rumler &
Jain, 1999; McKinlay et al., 2010). Substrates other than glucose are taken up via pentose
phosphate pathway (PPP) intermediates, as well as through various other mechanisms prior
to degradation and fermentation (McKinlay et al., 2010). Due to the saccharolytic suc-
cinogenic nature of the organism, it has been hypothesised that the organism is adapted to a
symbiotic relationship within the bovine rumen. In the rumen the organism converts various
non-metabolisable sugars to succinic acid, which in turn is decarboxylated to propionic acid
and then utilised by the ruminant host in the gluconeogenic pathway (Guettler, Rumler & Jain,

1999).

2.3.1 Metabolism

Actinobacillus succinogenes produces as major products succinate, acetate and formate and
as a minor product, ethanol. No lactic acid was observed in buffered or unbuffered fermen-
tation media (Van der Werf et al., 1997; McKinlay et al., 2010; Vlysidis et al., 2011). In order
to produce succinate the fermentation requires CO; fixation; under CO;-limiting conditions
more ethanol and less succinate are formed during fermentation (Van der Werf et al., 1997;
McKinlay, Zeikus & Vieille, 2005; Vlysidis et al., 2011). Fermentation product ratios were
found to remain constant at pH values between 6.0 and 7.4. More succinate was produced
with the addition of hydrogen in the gas phase, as well as when more reduced substrates
were used, such as D-sorbitol or glycerol (Van der Werf et al., 1997; Vlysidis et al., 2011;
Schindler, Joshi & Vieille, 2014). A. succinogenes grew at the expense of fumarate and L-mal-

ate reduction (Van der Werf et al., 1997).
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Figure 2-4: The metabolism of A. succinogenes as determined by enzyme assays (Van der Werf et al., 1997),
through growth in defined minimal media (McKinlay, Zeikus & Vieille, 2005), 13C metabolic analysis (McKinlay
et al., 2007) and through genome analysis (McKinlay et al., 2010). Metabolites represented are: AcCoA, acetyl-
co-enzymeA; AA, acetic acid; CA, citric acid; ET, ethanol; FA, formic acid; FuA, fumaric acid; F6P, fructose-6-
phosphate; Glc, glucose; G6P, glucose-6-phosphate; MA, malic acid; OAA, oxaloacetic acid; PEP, phosphoe-
nolpyruvate; PA, pyruvic acid; R5P, pentose-phosphates, SA, succinic acid; S7P, sedoheptulose-7-phosphate.
Enzymes are: (1) phosphoenolpyruvate (PEP) carboxykinase, (2) pyruvate kinase, (3) oxaloacetate decarbox-
ylase, (4) pyruvate dehydrogenase or pyruvate formate-lyase linked to formate lyase, (5) pyruvate formate-
lyase, (6) alcohol dehydrogenase, (7) acetate kinase, (8) malic enzyme, (9) citrate lyase, (10) malate dehydro-
genase, (11) fumarase, (12) fumarate reductase.

A. succinogenes contains the fundamental enzymes involved in the Embden-Meyerhof-Parnas
and PPP, although the organism possesses only a partial citric acid cycle. The following en-
zymes were found to be active in A. succinogenes (Van der Werf et al., 1997; McKinlay et al.,
2007): phosphoenolpyruvate (PEP) carboxykinase, pyruvate kinase, oxaloacetate decarbox-
ylase, pyruvate dehydrogenase/formate dehydrogenase (pdh/fdh), pyruvate formate-lyase
(pfl), alcohol dehydrogenase, acetate kinase, malic enzyme, citrate lyase, malate dehydrogen-
ase, fumarase, fumarate reductase, glucose:PEP phosphotransferase and phosphotransacet-

ylase. The overall metabolism can be represented by FIGURE 2-4 (Guettler, Rumler & Jain,
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1999; McKinlay, Zeikus & Vieille, 2005; McKinlay et al., 2007, 2010), with the numbers in

brackets representing the enzymes present in the organism as stated above.

The metabolism starts with the uptake of glucose through a permease and subsequent phos-
phorylation by hexokinase, as well as through a PEP-dependent phosphotransferase (13) sys-
tem to G6P, which in turn is converted to PEP by glycolysis (McKinlay et al., 2010). During
glycolysis it was found that a minor involvement of the PPP was measured using 13C metabolic
flux analysis (McKinlay et al., 2007). From PEP the metabolism can be divided into two sepa-
rate sections, designated the C3 (leading to PA, AA, FA and ET) and Cs4 (leading to SA) pathways.
It was found that the malic enzyme (8) and oxaloacetate decarboxylase (3) formed reversible

shunts between the respective pathways.

2.3.2 Product and substrate inhibition from batch studies

Kinetic analyses of A. succinogenes are limited to batch fermentations in the absence of cell
immobilisation (Corona-Gonzalez et al., 2008; Lin et al., 2008). Numerous authors have re-
ported batch profiles using various substrates (see FIGURE 2-5 for notable studies on glucose
(Glc) (Du et al., 2007; McKinlay et al., 2007; Corona-Gonzalez et al., 2008; Lin et al., 2008; Liu
et al., 2008; Chen et al., 2010; Corona-Gonzalez et al., 2010; Li, Jiang, et al., 2010; Xi et al.,
2012; Zheng et al., 2013; Yan, Zheng, Dong, et al., 2014). All these studies are characterised
by a point in time at which cell growth terminates while metabolite production continues

beyond the termination point.

FIGURE 2-5 represents some of the prominent studies using Glc with the specific growth rates
(1), estimated from biomass curves, plotted against the SA titre. All these experiments were
started without the external addition of metabolites to the medium and with different me-
dium formulations. SA was chosen as the indicator for growth inhibition, although all meta-
bolically produced acids (SA, AA and FA) are known to contribute to inhibition (Corona-
Gonzalez et al., 2010). The catabolite ratios vary to some extent and SA can only be used as a
relative indicator. Most of the data in FIGURE 2-5 fall within the blue ‘data cloud’ and drastic
growth inhibition is reflected by lower growth rates between 8 and 14 g.L* of SA. Surprisingly,
the SA titre in FIGURE 2-5 does not correspond to the terminal SA titre when succinate is ex-

ternally added prior to the fermentation (Corona-Gonzalez et al., 2010; Li, Wang, et al., 2010).
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In both these studies, growth was observed above SA titres of 30 g.L}, indicating a difference

between the influences of external and produced succinate on A. succinogenes.
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Figure 2-5: Notable batch studies from the literature on A. succinogenes on glucose (Du et al., 2007; McKinlay
et al., 2007; Corona-Gonzalez et al., 2008; Lin et al., 2008; Liu et al., 2008; Chen et al., 2010; Corona-Gonzalez et
al., 2010; Li, Jiang, et al., 2010; Xi et al., 2012; Zheng et al., 2013; Yan, Zheng, Dong, et al., 2014). The figure
shows that most of the results fall within the blue “data cloud” and indicates severe growth inhibition as a
function of SA titres. It appears that growth terminates for SA concentrations between 8 g.L > and 14 g.L™.

Another striking similarity between the various batch runs is that the production rates of the
by-products (AA and FA) decrease after the growth termination point, while SA production
appears to be unaffected. This clearly indicates that non-growth or maintenance production
of SA plays an important role and that there are yield differences between the growth and
maintenance modes. In some studies, the consumption of FA is reported in the non-growth

phase of the batch fermentation (Du et al., 2008; Xi et al., 2012; Zheng et al., 2013).
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With regard to substrate inhibition, differences between biofilm and suspended cultures are
reported (Yan, Zheng, Dong, et al., 2014), with established biofilms appearing to be unaf-
fected by the initial Glc concentration whereas the lag time of the suspended cultures (no lag
for biofilm cultures) is clearly influenced by the initial Glc concentrations, with higher lag times

reported for higher Glc concentrations (Lin et al., 2008).

2.3.3 Biofilm

A. succinogenes is well known to self-adhere to support surfaces and form biofilms under
prolonged operation. According to Guettler, Rumler & Jain (1999), the observation of cells
within an extracellular matrix is common in aerobically, chemo-organotrophic, yeast extract
and CO;-stimulated growth. There is currently no information available on the exopolysac-
charide or EPS composition of A. succinogenes. However, during genome analysis (McKinlay
et al., 2010) it was found that A. succinogenes possesses several large open-reading frames
that could encode for the high-molecular-weight adhesins necessary for cellular immobilisa-
tion, but it does not possess the required genes for capsule formation and is therefore most

probably non-capsulated.

All continuous studies on A. succinogenes resulted in unavoidable biofilm formation (Urbance
et al., 2004; Van Heerden & Nicol, 2013; Bradfield & Nicol, 2014; Maharaj, Bradfield & Nicol,
2014; Yan, Zheng, Tao, et al., 2014), except for the study by Kim et al. (2009) in which a mem-
brane-separation recycle system was implemented. The limited fermentation times in the Kim
study were most probably caused by biofilms blocking the filter. Accordingly, self-immobilisa-
tion would appear to be the only cell retainment option for achieving high cell densities. The
biofilm mode of operation is not limited to continuous fermenters and can also be employed
in repeat batch fermentations where the attached biomass is retained after a batch cycle is
completed (Urbance et al., 2004; Yan, Zheng, Dong, et al., 2014). In addition, the repeat batch
fermentation can be supplemented with substrate (fed-batch) during the fermentation cycle

(Yan, Zheng, Dong, et al., 2014).

2.3.4 Continuous A. succinogenes biofilm fermentation studies

Currently, only a limited number of continuous biofilm fermentation studies on A. suc-

cinogenes have been done and reported, with the majority published since 2013 (Urbance et
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al., 2004; Van Heerden & Nicol, 2013; Bradfield & Nicol, 2014; Maharaj, Bradfield & Nicol,
2014; Yan, Zheng, Tao, et al., 2014). These studies tested the potential of using biofilm reac-
tors for continuous production of A. succinogenes and highlight the substantial biofilm pro-

duction capabilities of the organism.

Urbance et al. (2004) immobilsed A. succinogenes 130Z" on PCS with a composition
specifically optimised for the organism (Urbance et al., 2003) and consisting of 50% PP, 35%
dried soybean hulls and 15% complex nitrogen sources (bovine albumin, soybean flour, yeast
extract, bovine red blood cells, bacto peptone). As in the study by Demirci, Pometto and

Johnson (1993) (ConTiINUOUS L. RHAMNOSUS BIOFILM FERMENTATION STUDIES section on page 2-29),

the PCS were stacked in a grid and attached to the agitation shaft. During fermentations large
amounts of biofilm were formed, at D < 0.8 h'! suspended biomass concentrations as high as
160 g.L* were reported. At D > 0.8 h'! large aggregates were formed inside the reactor, and
therefore suspended values were not reported. It was found that for increasing D, the SA
concentrations and vyields decreased, while the volumetric productivity increased. A
maximum volumetric productivity in the PCS biofilm reactor of 8.8 g.L2.h"* was measured, as

well as a maximum SA concentration of 10.4 g.L'* and a maximum SA yield of 0.72 g.g*.

In the study by Van Heerden and Nicol (2013), A. succinogenes 130Z" was immobilised on
Genulite™ Groperl packing, in a packed bed reactor with external recycle. The authors noted
that due to extreme biofilm formation, it was impossible to perform suspended cell
fermentations as significant biofilm formation was observed inside the reactor surfaces
during runs without packing present. The study was limited to D < 0.8 h'!, with a highest
volumetric productivity of 6.35 g.L"..h™* measured and a constant yield of SA on glucose of
0.69+0.02 g.g%, which was found to be independent of dilution rate, transient state or biofilm
amount. All AA formation took place via the pyruvate-formate lyase route as an equimolar
amount of FA and AA was measured for almost all fermentations. It was found that at D >
0.35 h'1, which corresponded to an SA titre < 10 g.L%, rapid cellular growth with corresponding
biofilm growth was observed; this corresponds well to the observed growth termination SA

concentration (FIGURE 2-5) of 8 g.L 1 to 14 g.L 2.

Bradfield & Nicol (2014) investigated the metabolic characteristics of A. succinogenes 130Z"
immobilised in a biofilm grown on stainless steel wool. The yields of SA to glucose were found

to have an increasing dependence on the glucose consumed (negatively proportional to D),
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with a maximum value of 0.91 g.g! measured at a maximum SA titre of 48.5 g.L'L. This
observation was echoed by an increased SA to AA ratio with increasing glucose consumption;
the values measured started at 2.4 g.g* at a glucose consumption of 10 g.L ™! and increased to
an unprecendented value of 5.7 g.g™* at a glucose consumption of 50 g.L2. It should be noted
that the SA titre in this study was significantly higher than that in the study by Van Heerden
and Nicol (2013), which could explain the different observations in metabolic behaviour

between the two studies.

The ratios of SA to AA corresponded to the FA to AA ratios which decreased from the
equimolar values of 0.77 g.g™* to close to 0 g.g™%, indicating a metabolic shift from the pfl to
pdh/fdh route of AA production. This metabolic shift is, however, not sufficient to explain the
SA to AA ratios observed as an FA to AA ratio of 0.77 g.g* would match an SA to AA ratio of
1.97 g.g’1, while an FA to AA ratio of 0 g.g™* would predict an SA to AA ratio of 3.93 g.g™*. These
results indicated the presence of an additional unknown source of NADH during fermentation
or within the fermentation medium. A maximum SA productivity of 9.50 g.L'1.h"? was

measured during the fermentation.

Maharaj, Bradfield and Nicol (2014) studied the immobilisation and biofilm formation
capability of A. succinogenes 130Z" on Poraver®, within a packed bed reactor with external
recycle. The reactor had the same dimensions as that used in the study by Van Heerden and
Nicol (2013). Dilution rates were limited to 0.054-0.72 h'! and it was found that steady states
were repeatable and independent of the operational history. The stability of biofilm
production capabilities was tested for periods of more than 80 h and it was found that steady
states remained constant to within 5% and no deactivation of the biofilm was observed. The
total biomass was measured and determined to be independent of D, with a dry weight
concentration of 23.8 + 2.9 g.L'}, which indicated that the attachment is controlled by the
reactor geometry. SA productivity increased with increasing D and a maximum SA productivity
of 10.8 g.L'1.h"! was measured. It was found that the yield of SA on glucose and the
concentration of SA decreased with increasing D, starting at yields of 0.9 g.g* and 32.5 g.L*!
respectively at D = 0.054 hl. The authors observed minor substrate inhibition at glucose
concentrations higher than 50 g.L'! for D > 0.32 h%, as well as significant product inhibition at

low D values.
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In contrast to the observations by Van Heerden and Nicol (2013), Maharaj, Bradfield and Nicol
(2014) found that the pdh/fdh route to AA was predominant at low D and changed to the pfl
route with increasing D. This agrees with the observations by Bradfield and Nicol (2014) if it
is assumed that an increase in glucose consumption indicates a decrease in dilution rate. As
was the case in the Bradfield and Nicol (2014) study, the observed change in the AA
production route could partially explain the significant improvement in yield of SA on glucose
as this resulted in a higher NADH production and a more favourable yield of SA (0.9 g.g™!) on
glucose at low D. However, the ratios of SA to AA exceeded the theoretically possible value
of 3.93 g.g%, which indicated that an additional source of NADH was required to account for

the higher SA to AA ratio.

In the study by Yan et al. (2014), A. succinogenes CCTCC M2012036 (a genetically modified
strain (Zheng et al., 2013)) was immobilised in a fibrous bed bioreactor which consisted of a
cotton fibrous matrix bonded to a cylindrical stainless steel screen mounted to the agitation
shaft of a commecially available laboratory bioreactor (Yan, Zheng, Dong, et al., 2014). In this
study two separate glucose feed concentrations, 50 g.L ™! and 80 g.L!, were tested. In the 50
g.L! case, the D values were limited to between 0.1 h'* and 0.4 h'1, while for the 80 g.L* study
the values were maintained between 0.01 h't and 0.11 h™. In both cases it was found that the
biomass levels remained almost constant for all dilution rates tested, which is in agreement
with the findings of Maharaj, Bradfield and Nicol (2014). The SA titres decreased with
increasing D, and maximum SA titres of 39.6 g.L"* and 63.6 g.L ™t were measured, for the 50 g.L°
Land 80 g.L feed concentrations, respectively. The SA productivity increased with increasing
D, with maximum measured values of 7.5 g.L'! and 4.22 g.L*.h"! reported for the two glucose
feed concentrations of 50 g.L'! and 80 g.L respectively. The SA yield increased from 0.84 to
0.92 g.g in the 50 g.L case and decreased from 0.85 to 0.72 g.g* in the case of the 80 g.L*!
glucose feed. The biofilm stability was investigated by running the biofilm reactor at a
constant D for a period of 18 days and it was determined that the SA titre, productivity and
yield varied by less then 5% over the course of the test. Using the lerusalimskii equation
(Egamberdiev & lerusalimskii, 1968) to determine product inhibition, the authors found a
critical SA concentration of 60 g.L™, at which point all SA production (including non-growth-

related production) appeared to cease.
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The measured ratios of SA to AA in the study by Yan et al. (Yan, Zheng, Tao, et al., 2014)
exceeded the maximum theoretical value of 3.93 g.L™! by a significant margin in all of the
tested conditions; values between 4.8 g.g* and 7.2 g.g™* were reported for the 50 g.L™*
glucose feed and 5.4 g.g! to 6.7 g.g™* for the 80 g.L™! gucose feed. These values were
significantly similar to those in a previous study by the same authors in batch (7.0 g.g™!) and
fed-batch (6.5 g.g™!) conditions (Yan, Zheng, Dong, et al., 2014). The values reported are
significantly higher than those of Bradfield and Nicol (2014) or Maharaj, Bradfield and Nicol
(2014). However, the observations are similar and therefore it can be concluded that an
additional unknown source of NADH is either produced during fermentation or present within

the medium.

2-40

© University of Pretoria



CHAPTER 3
TWO-PHASE REACTOR:
DESIGN, OPERATION AND
ANALYSES

3.1 Introduction

The academic study of biofilm reactors has been largely neglected as a result of the difficulty
in quantifying the biomass in a biofilm reactor; in a suspended cell reactor the outlet biomass
concentration is representative of the total biomass concentration in the reactor, but in the
biofilm reactor this is never the case (Karel, Libicki & Robertson, 1985; Agathos et al., 1997;
Stoodley et al., 1997; Beyenal & Lewandowski, 2002; Maharaj, Bradfield & Nicol, 2014).

The main objective in the design of the biofilm fermentation bioreactor was to control homo-
geneously distributed shear in a two-phase (liquid—solid) microbial system by manipulating
the superficial liquid velocity for a sufficiently wide range of values. This biofilm fermentation
reactor had to facilitate a low shear environment for biofilm growth while being capable of
high shear in situ removal of the biofilm, or alternatively inhibiting biofilm growth completely

for chemostat studies.

This chapter addresses the initial design of the liquid—solid fermentation system, as well as
the operational conditions and analyses used to perform the biofilm case study on the anaer-
obic, lactic acid-producing organism Lactobacillus rhamnosus. The results from this study are

reported in Chapter 5.
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3.2 Two-phase reactor design requirements

3.2.1 Two-phase reactor: Hydrodynamic requirements

The main hydrodynamic requirements in the design of the two-phase biofilm fermenter were:

e Homogeneously distributed and controlled shear throughout the reaction volume

e The maximum possible area to volume (A/V) ratio to ensure sufficient area for bacte-
rial adhesion

e A wide shear range to ensure biofilm growth at low shears with subsequent biofilm
removal at a high shear rate, as well as being able to run in chemostat mode at high
shear

e Near-ideal mixing (continuously stirred tank reactor — CSTR) to prevent gradients
throughout the reactor which would influence biofilm formation

e A sufficiently low pressure drop in the reactor to prevent mechanical failure.

3.2.2 Two-phase reactor: Material requirements

The material used for the bioreactor system had to be transparent so that the biofilm could
be observed during biofilm runs and for inspection after high shear removal of the biofilms.
The material had to be flexible enough to allow the significant length of tubing to be kept
within a reasonable space, while controlling the heating of the reactor as well as minimising
heat losses. The idea was to keep as much of the reactor surface as possible submerged within
a single water bath while the temperature of the water was controlled by measuring the tem-
perature in the reactor. The material had to be heat resistant to over 121 °C as the entire
reactor would be autoclaved in order to sterilise it prior to inoculation. The material also had

to be predisposed to microbial adhesion and subsequent biofilm formation.

3.3 Two-phase biofilm fermentation: Bioreactor design

In order for the shear in the reactor to be homogeneously distributed, the reactor required a
uniform cross-sectional area throughout most of its volume and had to be long enough for
any entrance effects, as a result of instrumentation in-line, to become insignificant (see Hy-

DRODYNAMIC ENTRY LENGTH CRITERIA in APPENDIX A). This implicitly required a design in which the
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reactor would consist of a long tube of significantly small diameter so as to produce the re-

quired superficial velocity as well as a significantly large A/V (see section on AREA TO VOLUME

RATIO OF A TUBE in APPENDIX A), while simulating a perfectly mixed reactor similar to a CSTR.

To control the shear in the experimental study it was required that the average superficial
velocity through the tube be controlled: low shear biofilm studies with subsequent high shear
biofilm removal, as well as high shear chemostat studies could then be performed in the same
unit. In order to perform the chemostat studies on adhesive bacteria, i.e. bacteria that usually
form biofilms, the shear stresses on the inner walls of the reactor had to be high enough to
inhibit initial attachment of microbial cells. For the biofilm studies the shear stresses had to
be high enough to remove the microbial cells that were already attached to the surface. For
a more in-depth discussion on wall shear stresses within tubes, as well as the calculation of

wall shear stresses within a tube, see the section on WALL SHEAR STRESSES IN A TUBE on page A-2

of APPENDIX A.

The reactor type chosen was based on the well-known tubular loop reactor (Andries et al.,
1996; Papagianni, Mattey & Kristiansen, 2003; Yazdian et al., 2009, 2010; Kilonzo, Margaritis
& Bergougnou, 2010; Mousavi et al., 2010). This reactor type has been found to simulate
CSTRs in a laboratory setting by achieving near-perfect mixing through sufficiently large recy-
cle to through-flow ratios (R/Q). R/Q values of more than 20 were found to be sufficient to
ensure near-ideal CSTR conditions (Bakke, Kommedal & Kalvenes, 2001; Papagianni, Mattey

& Kristiansen, 2003).

It was found that the only material that fitted the above criteria (Two-PHASE REACTOR: MIATERIAL

requirements section on page 3-2) was silicone tubing. Silicone tubing has been used exten-
sively for biomedical devices due to its biocompatibility and biodurability in various implant-
able biomedical devices (Wang, Neoh, et al., 2012). This material is highly transparent, signif-
icantly flexible, is heat resistant to over 121 °C and has been reported to be prone to bacterial
adhesion and biofilm formation in various studies (Millsap et al., 1997; Gross et al., 2007; Li,
Hauer & Rosche, 2007; Kokare et al., 2009; Tang et al., 2009; Teoddsio et al., 2011; Wang,
Neoh, et al., 2012). Li, Hauer & Rosche (2007) found that the biofilm attachment of
Zymomonas mobilis to silicone tubing outperforms that of glass, polypropylene and smooth

stainless steel.
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The choice of pump for this study was limited to the Watson Marlow (Falmouth, UK) 323S
peristaltic pump with 314D pump head. According to the manufacturer’s specifications, the
maximum peristaltic tube diameter one can place in this pump is 8 mm, which corresponds
to a volumetric flow rate range of 12—1 600 mL.mint. The diameter of the reactor tubing
would dictate the maximum linear velocity possible within the reactor. However, this linear
velocity needs to be greater than 2.2 m.s! to ensure a shear stress of more than the required

12 Pa (see SHEAR STRESS REQUIREMENTS TO INHIBIT MICROBIAL ATTACHMENT OR BIOFILM REMOVAL section

in APPENDIX A).

A significant parameter in the design of most piping systems is the pressure drop across the
length of tubing as this dictates the pumping requirements in the system (Cengel & Cimbala,
2006: 329). However, in this case the pressure drop would indicate the pressure in the system
immediately after the pump and it could therefore possibly cause material failure in the sys-
tem. The maximum safe operating pressure of silicone tubing is approximately 3.5 bar and
the burst pressure is between 7 and 17 bar (Malczewski, Inman & Cadieux, 2003, 2004; Colas,
Malczewski & Ulman, 2004).

TABLE 3-1 shows several commercially available silicone tube diameters, with their corre-
sponding maximum superficial velocities (calculated from the maximum volumetric flow rate

of 1 600 mL.min?), estimated wall shear stresses (calculated using equation (B-14) in APPENDIX

B), minimum tube lengths in order to ensure negligible entrance effects (calculated using the
criteria of Bahrami (Bahrami, 2011), Lmin = 1 000d), the corresponding minimum pressure drop

(APmin) (calculated using equation (A-2) in AprEnDiX A) and the (A/V)max values for the respec-

tive tube diameters (calculated using equation (A-1) in APPENDIX A).

This table shows that the optimum tube diameter for this study would be 3 mm ID tubing.
The linear velocity is much greater than the required 2.2 m.s}, and has an estimated tw > 12
Pa required for biofilm removal (Bakker et al., 2003; Teodésio et al., 2011). TABLE 3-1 shows

that the APmin (calculated from equation (A-2) in ApPenDix A) of the 3 mm tube is within the

maximum operating pressure of silicone. A smaller diameter tubing of 2 mm has a APnin Sig-

nificantly greater than 3.5 bar.
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Table 3-1: Commercially available silicone tube diameters with the corresponding average linear velocities
(uavg), Lmin, APmin calculated from equation (A-2) and (A/V)max calculated from equation (A-1). The parameter
values were determined using the maximum volumetric flow rate of 1.6 L.min™* for the marprene tubing of
8 mm ID.

d (m) Uavg (M.s?) tw (Pa) Lmin (M) APmin(bar)  (A/V)max (m?)
0.002 8.49 80.1 2.0 10.8 2 000
0.003 3.77 27.0 3.0 2.01 1333
0.004 2.12 12.5 4.0 0.68 1000
0.005 1.36 6.89 5.0 0.28 800

Even though the (A/V)max remains constant for a given tube diameter (equation (A-1)), the
total volume of the reactor setup consists of various ancillary components which make up a
fraction of the total volume of the reactor. Therefore the reactor tubing had to be as long as
possible to ensure that a value as close as possible to the (A/V)max Was obtained in the exper-

imental setup, while remaining below the safe operating pressure limit. The experimental

setup used in the investigation is shown in FIGURE 3-1. TABLE 3-2 gives a theoretical analysis of
the experimental setup, showing the theoretical total pressure drop (AP:otal), the A/V ratio
and the percentage of the (A/V)max. The APwtal Was calculated as the sum of minor losses in
the system as a result of constrictions, expansions, elbows and measurement equipment
placed in-line and the pressure loss as a result of the pipe length. L corresponds to the length

of tube in FIGURE 3-1 from the temperature controller to the recycle pump.

TABLE 3-2 shows that the longest possible tube length that is still within the 3.5 bar pressure
limit is L = 5 m. When analysing the percentage of (A/V)max it can be seen that at L = 5m the
A/V is approximately 78 % of the (A/V)max. Therefore a maximum tube length of 5 m was
chosen. The A/V was calculated as the quotient of the internal area of the tubing, i.e. the area
available for biofilm attachment, and the measured total volume of the reactor. The total
volume included additional equipment, such as the temperature-control sleeve and the pH-

probe housing, as well as a section of peristaltic tubing.

The final reactor (FIGURE 3-1) consisted of a silicone tube of approximately 5 m in length with
an active volume of 46.1 mL (average inner diameter of 3.1 mm) in which the reaction takes
place (shown in bold), a feed line, an NaOH dosing line, an inoculation line and a waste line.

Nitrogen gas (Afrox, Johannesburg, South Africa) was connected to the feed sample line and
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the outlet line to prevent infection from the environment via the sampling point, and to main-

tain anaerobic conditions.

Table 3-2: Theoretically calculated AP using equation (A-2) and a volumetric flow rate of 1.6 L.min™! at various
tube lengths. The area to volume ratios (A/V) show that at 5 m length the A/V reaches 80% of (A/V)max. How-
ever, an A/V value of more than 1 000 m?/m? is reached. The maximum safe operating pressure (3.5 bar) is
exceeded at a length greater than 5 m.

I T T
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_ 3.68 1061 80
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Figure 3-1: The reactor setup used during two-phase fermentations. The setup consists of a silicone loop
(shown in bold) in which the reaction takes place (indicated by the enclosed blue rectangle), a feed line, inoc-
ulation line, NaOH dosing line (for pH control) and waste line.

Temperature was controlled at 37 °C using a hotplate coupled to a thermocouple, which was
housed in an aluminium sheath connected within the reactor. The pH was controlled at 6.25
by dosing unsterilised 4 M NaOH through a peristaltic pump 120U (Watson Marlow, Fal-
mouth, UK) with a relay connected to a Liquiline CM442 controller and a Tophit CPS471D

ISFET probe (Endress+Hauser, Gerlingen, Germany) housed within an in-line stainless steel
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holder. The CM442 was connected to a data logging system NI USB-6008 (National Instru-
ments, Austin, Texas) and the pH, relay position and temperature were recorded continuously

during fermentations.

3.4 Two-phase bioreactor experimental operation

3.4.1 Shear velocities and shear stress

The experimental shear velocities (the quotient of the volumetric recycle rate (m3.s) and the
cross-sectional area (m?) of the tube), corresponding Reynolds number (Re) (equation (A-3)),
wall shear stresses (tw), dilution rate ranges and recycle to through-flow ratios are shown in
TABLE 3-3. The tw for the highest linear velocity (turbulent regime) was inferred from the work

of Liu (1997), Su et al. (2010) and Teoddsio et al. (2011) (see WALL SHEAR IN A TAYLOR FLOW SYSTEM

section on page B-6 in APPENDIX B) using equation (B-14), while tw values for the three biofilm

runs (Re < 2 300, i.e. laminar regime) were calculated using equation (A-6).

Table 3-3: The experimental conditions chosen for the two-phase fermentation runs. The independent
variables were the average superficial recycle velocities, which related to a given tw, and the dilution rate.
The ratios of recycle to through-flow (related to D) of between 200 and 3 700 (much greater than the minimum
criterion of 20 (Bakke, Kommedal & Kalvenes, 2001)) indicate that the system has near-ideal mixing and
therefore approximates a CSTR.

Uavg (M.s?) Re Regime tw (Pa) Dilution rates (h'Y) Minimum R/Q
3.65 15600  Turbulent 26.1 0.12-0.54 3731
0.55 2290 Laminar 1.03 0.23-0.65 467
0.37 1590 Laminar 0.70 0.24-0.61 335
0.19 814 Laminar 0.35 0.11-0.54 194

Due to the high recycle rate, as compared with the reactor through-flow, it was assumed that
the reactor section acts as a perfectly mixed reactor with negligible axial and radial concen-
tration profiles. As seen in TABLE 3-3, the minimum recycle to through-flow (R/Q) was between
194 and 3 731, which is significantly greater than the minimum requirement of R/Q > 20
(Bakke, Kommedal & Kalvenes, 2001). This was confirmed by residence time distribution tests
performed in situ by applying a pulse change to the NaOH for pH control and measuring the

change in pH over time.
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3.4.2 Microorganism and growth medium

The microorganism used for the study was L. rhamnosus ATCC 9595. Stock cultures were
stored at 6 °C on MRS agar slopes (Merck KgaA, Darmstadt, Germany). The growth medium
for the seed culture was the same as that used for the fermentation (Section 3.4.3), with2 g

CaCOs as a buffer agent, incubated for 18—24 hours at 37 °C.

3.4.3 Fermentation medium

All chemicals were sourced from Merck KgaA (Darmstadt, Germany), unless specified differ-
ently. The medium used for the experimental runs was based on the medium used by Sen-
thuran et al. (1999) for immobilised fermentation of L. rhamnosus and consisted of (g.L}):
glucose (Glc): 40; yeast extract (YE): 10; MgS04.7H,0: 0.05; MnS04.7H;0: 0.02; sodium ace-
tate: 1.5; K;HPO4: 1; KH2PO4: 1; FeS04.7H,0: 0.02; and ascorbic acid: 0.005. The Glc was di-
luted in 1.5 L of distilled water and the YE and mineral salts were diluted in 3.5 L of distilled
water and separately sterilised by autoclaving at 121 °C for 40 min. Prior to use, the solutions
were left to cool to room temperature, after which the glucose solution was aseptically
added to the balance of the medium. To ensure no abiotic factors influenced the substrate
removal the fermentation medium was tested, together with the product from the

fermenter, using the method described in the PRoDUCT ANALYsIS section. No significant

changes in the medium composition were observed.

3.4.4 Product analysis

The bacterium possesses seven distinct metabolic products, as shown in the overall metabolic
map (FIGURE 2-3) (Jyoti, Suresh & Venkatesh, 2004; Poolman et al., 2004; Gayen, Gupta &
Venkatesh, 2007): lactic acid (LA), acetoin (Acn), diacetyl (Diac), pyruvic acid (PA), citric acid,
oxaloacetic acid and acetic acid, the concentrations of which were measured, along with re-
sidual Glc, using an Infinity 1260 high-performance liquid chromatograph (Agilent Technolo-
gies, USA) with an Aminex HPX-87H ion-exclusion organic acid column (Bio-Rad Laboratories,
Berkeley, California). The column was pre-calibrated using > 99% purity standards sourced
from Merck KgaA (Darmstadt, Germany) and (Sigma—Aldrich, St. Louis, Missouri). Only two
products, LA and Acn, were measured in appreciable quantities (> 0.1 g.L). A simplified met-

abolic flux diagram (Jyoti, Suresh & Venkatesh, 2004; Poolman et al., 2004; Gayen, Gupta &
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Venkatesh, 2007) for L. rhamnosus is presented in FIGURE 3-2 which shows that the carbon
from Glc can be diverted towards the suspended biomass (x) and both the anabolic CO; (a)
and catabolic products LA and Acn, as well as the catabolically produced CO,. The system was
assumed to be fully anaerobic due to the absence of Diac in the product. Diac is produced by
non-enzymatic oxidation of 2-acetolactate (Park, Xing & Whitman, 1995; Oliveira, Nielsen &
Forster, 2005), the direct precursor to Acn, and therefore in the presence of oxygen one

would expect the presence of Diac and vice versa.

aCo
2
Y, —2 D
2ATP / 7
4 | |
2NADH & BNADH yATP

ZPD
2

Figure 3-2: A simplified metabolic flow map of L. rhamnosus, based on the measured product concentrations.
The map is based on the metabolism in the literature (Jyoti, Suresh & Venkatesh, 2004; Poolman et al., 2004;
Gayen, Gupta & Venkatesh, 2007) shown in FIGURE 2-3

3.4.5 Steady-state criteria

The production of LA was continuously monitored by measuring the amount of NaOH dosed
for pH control. This amount was assumed to be directly proportional to the production of LA.
The steady state in the system was predicted by an algorithm programmed in the data logging
system, which integrated the accumulation rate of LA over time (Cia(t)) (equation (3-1)) and
compared that with the theoretical concentration of LA at steady state (Ciasteady) (€quUation

(3-2)). The Ciasteady (€quation (3-3)) only has physical meaning at values where equations (3-1)
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and (3-2) have corresponding values. The value for Cia(0) was determined at the initiation of

each run by measuring the initial concentration of LA in the reactor effluent.

tr
Cua(t) = CLa(O) + ) " (aua(6) = DCLA() At 3-1)
CLA,steady = qLAT(t) (3-2)
4)(90)Qnaon (t i
dua(t) = (4)( )V?RN on(t) (3-3)

FIGURE 3-3 shows a typical profile of the calculated values of Cia and Ciasteady, from which it
can be seen that despite the Cia(t) fluctuating throughout the run, the Ciasteady matches the
Cua(t). This indicates that a metabolic steady state was reached despite fluctuations in the
total biomass content (suspended and attached cells). As a precaution, the reactor effluent
was analysed at 48 h after initiation for D > 0.2 h*and after 96 h for D < 0.2 h'' since temporary
pseudo-steady states were observed in the initial stages of biofilm development. The longer
times allowed at low dilution were due to slow growth at higher LA titres. Samples were taken

after the mentioned periods when the predicted Cia(t) and Cia steady Were equal.
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Figure 3-3: The transient Cia (equation (3-1)) and steady state Cia (equation (3-2)) during an experimental run
at D = 0.32 h'! and at a recycle velocity of 0.55 m.s™. The figure clearly shows that the values coincide at a
point during the fermentation, indicating a metabolic steady state within the reactor.
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3.4.6 Biomass quantification

Calibration curves of dry weight to absorbance were determined by measuring the absorb-
ance of outlet samples from the reactor at different biomass outlet concentrations for wave-
lengths of 560 nm (T60 UV/VIS Spectrophotometer, PG Instruments, Leicestershire, UK). The
samples were washed twice with distilled water, resuspended in distilled water and dried
overnight at 70 °C. The dry weights were calibrated to the measured absorbance of the sam-
ples (FIGURE 3-4) and the biomass concentrations were subsequently inferred by comparing
them with these pre-calibrated concentration-absorbance curves for the Cx (equation (3-4))
and sample biomass (Cs) measured after the washout procedure described in Section 3.4.7
below (equation (3-5)). Equations (3-4) and (3-5) fitted the experimentally determined ABSsso
to dry cell weight with r? values of 0.92 and 0.90 respectively, in the ABSseo range between

1.90 and 2.65.

C, = 3.82(ABSs¢,) — 6.11 (3-4)
Cs = 3.12(ABSs4,) — 4.52 (3-5)
5 6
Suspended biomass

= 45 i
i B Total biomass 5.5 Ep
= =

4 8
8 1° @
E . g
s 2 y=3.82x-6.11 1 as g
3 R2=0.92 =
2 37 5
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Figure 3-4: Calibration curves used to correlate the suspended and total biomass in the reactor to the ab-
sorbance of the sample at 560 nm
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3.4.7 Calculation of total biomass

Biofilm quantification was achieved by physically removing the biofilm from the internal sur-
face of the bioreactor. All feed to the bioreactor was ceased while the shear velocity in the
bioreactor was simultaneously increased to 3.65 m.s™ for 30 min to ensure total removal of
the biofilm. During this period, the biofilm was “scrubbed” from the internal surface of the
reactor section and thoroughly mixed due to the significant shear and turbulence in the reac-
tor. In order to keep the reactor ready for subsequent experiments, without the need for a
complete restart, the reactor was not completely drained. Rather, after 30 min the feed rate
was increased to the maximum flow of 8.6 mL.min"! while the recycle velocity was kept at
3.65 m.st and a sample of approximately 20 mL was taken from the reactor. The exact sample

size (Vs) was determined by weight.

Assuming negligible growth of cells during the washout procedure, the initial biomass con-
centration (Co) in the reactor was determined by solving a mass balance over the system. The
system was modelled as a two-tank system with flow of liquid through the first constant-
volume tank (fermenter Vr) and accumulation of liquid in the second tank (sample Vs). A dia-

gram of the proposed model is shown in FIGURE 3-5.

Qg
> Reactor
Cr
Ve
Qg
Sample
/ﬁ__'-__/—\fi
C Ve

Figure 3-5: Diagrammatic representation of the two-tank system used to model the sampling procedure dur-
ing washout and subsequent calculation of the initial biomass concentration (Co) in the reactor
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From this the C, was estimated by applying a mass balance across the system (equation (3-6))

and solving for the dilution of the reactor during the washout procedure (equation (3-7)):

Cs(DVs(t) = CoVr — Cr(t)Vi

v (3-6)
Cs(t) = m (Co = Cr (D))
dCr(t) Qg
i V_R Cr(t) 57)
Qrt Vs

CR(t) = Coe_W = Coe VR

Combining equations (3-6) and (3-7) and solving for Co yields equation (3-8), which was sub-

sequently used to determine the biomass concentration in the reactor.

Ve (1 _ —) (3-8)
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CHAPTER 4
THREE-PHASE REACTOR:
DESIGN, OPERATION AND

ANALYSES

4.1 Introduction

The main objective in the design of the three-phase biofilm fermentation bioreactor was to
control homogeneously distributed shear in the reaction system by manipulating the gas—
liquid superficial velocity in the reactor for a sufficiently wide range of values. This capability
would facilitate the study of the effect of shear on biofilms in continuous and batch fermen-
tation work. It would also aid in the inhibition of biofilm growth for chemostat operation of
three-phase (gas—liquid—solid) fermentation with specific application to the case of succinic
acid (SA) production by the proteobacterium Actinobacillus succinogenes with CO; as the gas-

eous reagent. This is very similar to the objective as described in Chapter 3 (TW0O-PHASE REACTOR:

DESIGN, OPERATION AND ANALYSES); this reactor also had to facilitate a low shear environment for

biofilm growth while being capable of high shear in situ removal of the biofilm or alternatively

inhibiting biofilm growth completely for chemostat studies.

This chapter addresses the initial design of the gas—liquid—solid biofilm fermentation system,
as well as the operational conditions and analyses used to perform a biofilm case study on
the CO;-fixating, SA-producing organism Actinobacillus succinogenes. The results from this

study are reported in Chapter 6.
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4.2 Three-phase reactor requirements

4.2.1 Three-phase reactor: Hydrodynamic requirements

The hydrodynamic requirements for this reactor were the same as those for the two-phase

reactor described in the Two-PHASE REACTOR: HYDRODYNAMIC REQUIREMENTS section on page 3-2.

In summary the requirements were:

e Homogeneously distributed and controlled shear throughout the reaction volume

e The maximum possible area to volume (A/V) ratio to ensure sufficient area for bacte-
rial adhesion

e A wide shear range to ensure biofilm growth at low shears with subsequent biofilm
removal at a high shear rate, as well as being able to run in chemostat mode at high
shear

e Near-ideal mixing (CSTR) to prevent gradients throughout the reactor which would
influence biofilm formation

e A sufficiently low pressure drop in the reactor to prevent mechanical failure.

The main difference between the reactors was the addition of the gas phase to the system. It
was required that the gas phase be sufficiently distributed within the liquid phase to prevent

any rate effects as a result of gas—liquid mass transfer limitation.

A final addition to the reactor was an in-line sampling port for use during batch operation.
During continuous operation, sampling was done by measuring at the outlet from the gas—
liquid separator (GLS). It was assumed that this sample represented the reactor contents due
to near-ideal mixing. During the batch runs, the flow from the GLS was stopped and therefore
any sample from the product line during operation could not be assumed to represent the

contents of the reactor. The batch sampling requirements were:

e The sample had to be representative of the reactor contents and therefore stagnant
liquid in the sample line needed to be expelled before sampling.
e The volume of sample had to be small enough for the influence on the reactor opera-

tion to be minimal.

4-2

© University of Pretoria



4.2.2 Gas—liquid separation considerations

In order for the system to operate for extended periods of time, a method had to be devel-
oped to separate the gas and liquid phases during operation. The reason for this was that the
gas was continuously added to the system at a significantly higher volumetric flow rate than
the addition of liquid, which would result in an accumulation of gas in the system during op-
eration. For the steady state operation of the reactor system it was required that the liquid
and gas hold-up remain constant during operation, necessitating the continued recycling of
the liquid in the reactor while the excess gas from the system was continuously removed.
Industrially, this is achieved by the use of a GLS; this system is discussed in Section B.v/ on

page B-9.
The operational considerations for the GLS in this system were:

e The volume of liquid in the GLS had to be small compared with the rest of the reactor
volume to ensure that the reaction taking place in the GLS was insignificant compared
with that in the rest of the reactor. The total volume of the GLS system had to be large
enough so that during biofilm removal the reactor tube volume could be emptied into
the GLS and the tube inspected. The contents of the reactor system (biofilm and sus-
pended biomass) had to be thoroughly mixed in the GLS prior to removal and analysis.

e The gas—liquid separation had to be good enough to ensure that no gas recycling took
place, as this would eventually cause the system to accumulate gas and become empty
of liquid.

e The mixing in the vessel had to be sufficient to ensure complete mixing in the GLS
system, thereby ensuring that the entire system remained an approximation of a
CSTR.

e The GLS had to consist of a transparent material to allow for visual observation of the
GLS operation, specifically with respect to the gas—liquid separation.

e There had to be no biofilm growth on the inner walls of the GLS system. This meant
that either the wall shear in the GLS system had to be sufficient to inhibit any biofilm
formation on the inner surface of the GLS system, or an alternative method of biofilm

removal was required.
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4.2.3 Three-phase reactor: Material requirements

The material requirements for the bioreactor system were the same as those for the two-

phase system (TwWo-PHASE REACTOR: MIATERIAL REQUIREMENTS section on page 3-2):

e The material had to be transparent so that the biofilm could be observed during bio-
film runs and for inspection after high shear removal of the biofilms.

e The material had to be flexible enough to keep the significant length of tubing, to be
kept within a reasonable space, while controlling the heating of the reactor as well as
minimising heat losses.

e The material had to be heat resistant to over 121 °C as the entire reactor was auto-
claved in order to sterilise it prior to inoculation.

e The material had to be predisposed to microbial adhesion and subsequent biofilm

formation.

4.3 Three-phase biofilm fermentation: Bioreactor design

In order to compare the two-phase and three-phase case studies, it was decided to keep the
final three-phase reactor design as near as possible to that of the two-phase reactor (Two-

PHASE BIOFILM FERMENTATION: BIOREACTOR DESIGN section on page 3-2). The design was limited with

regard to the choice of peristaltic pump: the Watson Marlow (Falmouth, UK) 323S peristaltic
pump with 314D pump head and a maximum volumetric liquid flow rate of 1 600 mL/min was
used. As in the two-phase reactor, the liquid recycle rate was controlled by the recycle pump,
but in this case gas was added to the system and controlled independently. This meant that
the gas inlet into the system had to be placed just after the recycle pump, and the gas-liquid
separation vessel had to be placed just before the recycle pump. This would ensure that most
of the reactor length would be exposed to gas—liquid flow, thereby ensuring an adequate
supply of all required substrates. As was the case for the two-phase reactor, a silicone tube
with a fixed diameter of 3 mm and a tube length at 5 m was chosen. The reactor was modified

by adding a GLS, a gas inlet and a batch sampling line to the system.

With regard to the batch sampling line, it was decided to add a sampling line to the reactor
at the point where CO; was added to the system. This meant that a small sample could be

taken from the reactor even when using a sample line of significant length, as the sample was
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followed by a slug of CO,. In addition, the line could be flushed by using sterile CO; before
and after sampling to ensure that it was free from stagnant liquid that could contaminate the

samples.

The process of adding the GLS to the loop required cold-flow operational testing as the unit
had to be custom-made, modified and tested specifically for this purpose. FIGURE 4-1 shows a
diagram of the final design obtained. The system was based on the industrial design of a GLS
(FIGURE B-6). The mixture of gas and liquid entered the system and was separated by allowing
the liquid to collect at the bottom of the vessel while the gas was removed through a vent at
the top. The liquid was thoroughly mixed and recycled through the system or removed from

the vessel as product.

It can be seen that the height of the liquid outlet line from the reactor was set at 12 mm above
the bottom of the bottle. This value was determined experimentally during cold-flow opera-

tion as the minimum height at which

1. the line inlet was above the splash zone of the stirrer at 500 r.min, shown in Sec-
tion B.vii on page B-10 to be the value at which the mixing time becomes independent
of the stirring rate.

2. the liquid recycle was far enough below the level of the liquid to prevent any entrain-

ment of gas into the recycle line from the GLS.

Table 4-1: The main components, respective dimensions and materials used for the GLS system
Component Dimensions Material

100 mL Duran® GL 45 glass bottle Max @ 56 mm x 105 mm (outside) Glass (bottle)

with cap Max @ 46 mm x 100 mm (inside) PP (ER)
Magnetic stirrer @ 8 mm x 25 mm PTFE coating
Gas vent @5 mm x 30 mm Stainless steel
Liquid line to recycle @ 1.5 mm x 105 mm Stainless steel
Liquid and gas line from recycle @ 1.5 mm x 50 mm Stainless steel
Liquid outlet from reactor @ 10 mm x 100 mm Stainless steel

For this design, the volume of liquid hold-up in the GLS, during normal operation, was deter-

mined as 10 £ 0.6 mL. The volume in the GLS was correlated to the measured liquid height in
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the GLS. This correlation is shown in Section B.ix on page B-13. It was used to determine the
working volume of liquid in the reactor. TABLE 4-1 shows the main components, dimensions

and materials of the GLS system.

Liquid to recycle % » Liquid outlet from reactor
Gas vent ¢ l 1 ﬁ Combined gas and
liquid stream
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Figure 4-1: The GLS design implemented in the reactor setup. The system was based on the industrial design
of a GLS (FIGURE B-6). The mixture of gas and liquid entered the system and was separated by allowing the
liquid to collect at the bottom of the vessel while the gas was removed through a vent at the top. The liquid
was thoroughly mixed and recycled through the system or removed from the vessel as product.

From a comparison of the design of the GLS to the requirements as described in the GAS—

LIQUID SEPARATION considerations section on page 4-3, it is clear that all requirements were ful-

filled in the design, except for the requirement for the wall shear to be sufficient to prevent
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biofilm growth during operation. This was shown to be an unrealistic requirement (Sec-

tion B.viii on page B-11 in ArpenDix B) as the wall shear could not be increased sufficiently by

merely increasing the mixing rate. Therefore the removal of biofilm from the glass surface
had to be done by another means. In the case of biofilm build-up in the GLS, the inside surface
of the GLS was mechanically scrubbed with the magnetic stirrer by physically moving the GLS

over the magnetic stirrer plate.

The final reactor design used in the investigation is shown in FIGURE 4-2; the reactor section is
shown in bold and contains an in-line gas trap to remove CO; continuously from the reactor,
therefore preventing CO; accumulation. The reactor consisted of a 3 mm silicone tube of ap-
proximately 5 m in length with an active volume of 50-60 mL, depending on the amount of
gas holdup in the reactor. A feed line (L-2), an NaOH dosing line (L-7), an inoculation line (L-
5), a CO; (Afrox, Johannesburg, South Africa) line (G-1), a batch sampling line (L-8) and a prod-
uct line (L-3) were connected to the reactor section as shown in FIGURE 4-2. Compressed air
(G-2) was connected to the feed sample line (L-4), the product line (L-3) and the batch sample
line (L-8), directly after the peristaltic pumps, to establish positive pressure which assisted in
maintaining aseptic conditions. Anaerobic conditions were maintained by the peristaltic
pumps which prevented inflow of air from the compressed air lines. The CO, gas vent from
the GLS (G-3) was connected to the feed reservoir to ensure that the feed was completely

saturated with CO; prior to entering the reactor.

Temperature was controlled at 37 °C using a hotplate coupled to a thermocouple, housed in
an aluminium sheath connected within the reactor. pH was controlled at 6.80 + 0.05 by dosing
unsterilised 10 M NaOH through a peristaltic pump 120U (Watson Marlow, Falmouth, UK)
with a relay connected to a Liquiline CM442 controller (Endress+Hauser, Gerlingen, Ger-
many). The controller was connected to a Tophit CPS471D ISFET pH probe (Endress+Hauser,
Gerlingen, Germany) housed within an in-line stainless-steel holder. The CO; flow rate to the
reactor was continuously controlled at a constant flow rate of 6 NmL.min™! (approximately
10% vvm) with a Brooks SLA5850S thermal mass flow controller (Brooks Instrument, Hatfield,
Pennsylvania). The CM442 and the SLA5850S were connected to a data logging system NI
USB-6008 (National Instruments, Austin, Texas) whereby pH, relay position, temperature and

CO; flow rate were recorded continuously during fermentations.
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The time-averaged rate of NaOH dosed, for pH control, was monitored continuously and used
as an indication of steady state in the system. In order to verify steady state in the reactor,
the effluent was analysed twice with at least two volume turnovers between samples, when

the rate of NaOH dosing fluctuated less than 5%.
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Figure 4-2: The fermenter setup used during three-phase fermentations. The fermentation took place in the
reactor section (bold, L-1, enclosed by blue rectangle). The reactor included a feed line (L-2), a product line (L-
3), a feed sample line (L-4), an inoculation line (L-5), an NaOH dosing line (L-7), a CO: line (G-1) and a batch
sampling line (L-8).
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4.4 Hydrodynamic verification of the three-phase bioreactor design

Hydrodynamic flow in gas—liquid systems is different from homogeneous single-phase flow.
The characteristics of gas—liquid flow are explained in more detail in the section on GAs—LiQuiD
FLOW IN tubes on page B-1 in ApPENDIX B. It was verified in Section B.il on page B-3 that the
system can be defined as small-channel, two-phase flow capable of Taylor flow at medium to
low superficial velocities (Salman, Gavriilidis & Angeli, 2006). Therefore the system should not
be affected by gravitational effects and the gas—liquid flow regime map (FIGURE B-2) is appli-

cable.

From the flow regime map (FIGURE B-2) it can be seen that the gas superficial velocity in the
system plays an important role in defining the hydrodynamic flow regime and therefore in
determining the shear stresses in the system. It was therefore imperative that the gas flow
and, by extension, the gas superficial velocity be fixed in order to determine the reactor hy-
drodynamics. A study of the effect of a CO, donor on the SA production of A. succinogenes
was performed by Zou et al. (2011) and it was found that at a volumetric rate of CO, addition
of 10% vvm (volume of gas per volume of reactor per minute), the production of succinic acid
remains independent of the CO; partial pressure and therefore an increase in CO; addition
had no discernible effect on the SA production rates. In addition, there were several other
studies that used CO; addition rates of 10% vvm (Zheng et al., 2009, 2013; Galaction et al.,
2012; Wang, Zhu, et al., 2012). In this case a CO; addition rate of 10% vvm translates to ap-

proximately 6 NmL.min™! or a ug of approximately 0.014 m.s™.

The gas—liquid mass transfer coefficient (k.a) of CO,to the medium was modelled using cor-
relations from the literature (Berci¢ & Pintar, 1997; Vandu, Liu & Krishna, 2005; Cai et al.,
2013) at the minimum required recycle of 0.09 m.s! liquid flow (controlled by the peristaltic
pump as there was no gas present in the pump section) and various gas superficial velocities
(see Section B.i on page B-4 in AppENDIX B). It was determined that the kia value remained
within a narrow band of between 0.02 and 0.04 s* for ug values of 0.014-0.078 m.s. These

values correspond to 10% vvm — 70% vvm CO; addition.
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Assuming a kia = 0.02 st = 72 hl, the maximum SA production rate can be calculated from
the maximum CO3 transfer rate (gco2™2*) using equations (4-1) and (4-2), with Cco2%t = Pr/Hco2
=100/3 901 = 0.0256 mol.L? (Lisal, Smith & Aim, 2004; Sander, 2014). The gco2"*™® (equation
(4-1)) was derived by assuming all CO; in the medium to be depleted, and therefore the mass

transfer of CO,; becomes the rate-limiting step in the production of SA.

aco,” = kpa(CE3L) (4-1)
acor = qgp™ (4-2)

The resulting qsa™ = 1.84 mol SA.L'2.h"t = 217 gSA.L'1.h't, which is more than an order of
magnitude higher than the highest reported volumetric SA production in the literature of
10.8 g.L't.h* (Maharaj, Bradfield & Nicol, 2014), indicating that the CO, will always be in ex-
cess during fermentation if a CO; addition rate of 10 vvm is used, and assuming that the cor-

relations predicted the k.a value correctly.

The reactor design was subject to the same pressure drop limitation as in Chapter 3: the max-
imum safe operating pressure of silicone tubing is approximately 3.5 bar, while the burst pres-
sure is between 7 and 17 bar (Malczewski, Inman & Cadieux, 2003, 2004; Colas, Malczewski
& Ulman, 2004). TABLE 4-2 shows the total pressure drop (AP+otal) as well as the corresponding

parameters used for the calculation to evaluate equations (B-15) to (B-18) (Section B.v on

page B-8) in the gas—liquid system at a gas flow rate of approximately 10 vvm (6 NmL.min?)
and various uy. This table shows that the pressure drop in the gas—liquid system is significantly
higher than in the liquid system in Chapter 3 (TABLE 3-2). The maximum operational pressure
of 3.5 bar is reached between liquid velocities of 1.5 and 2 m.s™*. The maximum liquid velocity
chosen for the chemostat runs was 1.83 m.s (200 r.min™! on the peristaltic pump) as this was
the highest liquid velocity achieved during cold-flow testing without significant observable
deformation of the silicone. This liquid velocity is also still higher than the required 1.2-1.5
m.s! (6-8 Pa) (equation (B-14)) to ensure inhibition of microbial biofilm on the surface (a tw
= 10.25 Pa was calculated for a u. = 1.83 m.s™! using equation (B-14)). It was, however, too
low for thorough biofilm removal (> 12 Pa), which necessitated mechanical removal of the

biofilm as will be explained in the MEASUREMENT OF TOTAL BIOMASS section (Section 4.5.8).
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Table 4-2: The total pressure drop (APiotal) in the three-phase reactor and the parameters used to calculate
these values (equations (B-15) to (B-18)), at various superficial liquid velocities (uv).

U APioral (bar) AP (bar)™  APg (x10°3 bar) X2 @2
3.66 6.17 4.62 2.96 1130 1.40

3 4.92 3.52 3.13 719 1.50
25 4.17 2.83 3.55 440 1.63

2 3.50 2.27 3.78 265 1.82
15 3.10 1.83 4.93 114 2.25

*1The AP, included a pressure drop of 1.27 bar that took into account the pressure drop as a result of ad-
ditional tubing in the GLS system

4.5 Three-phase bioreactor experimental operation

4.5.1 Shear velocities and dilution rates used during continuous operation

The shear velocities (the quotient of the volumetric recycle rate (m3.s71) and the cross-sec-
tional area (m?) of the tube) used for the experiments were 1.83 m.s™! for the chemostat
experiments and 0.36 m.s*and 0.09 m.s™* for the biofilm experiments. TABLE 4-3 shows the u.
values and the dilution rate (D) ranges used during the experimental runs. In addition, the
corresponding hydrodynamic flow regime (FIGURE B-2) and the predicted wall shear (tw) using

equations (B-12) and (B-14) are shown. Due to the high recycle rate, as compared with the

reactor through-flow (R/Q), it was assumed that the reactor section acted as a perfectly mixed
reactor with negligible axial and radial concentration profiles. Typical R/Q were between 90
and 8 850, which is significantly higher than the minimum criterion of R/Q > 20 (Bakke,
Kommedal & Kalvenes, 2001). This was confirmed by residence time distribution tests per-
formed in situ by applying a pulse change to the NaOH flowrate for pH control and measuring

the pH change over time.

The GLS vessel was stirred at a constant rate of 500 r.min™, shown to be the minimum rate

above which a negligible difference in mixing is observed (MIXING IN A STIRRED VESSEL section on

page B-10). This stirring rate was, however, found to produce a wall shear stress inside the

GLS significantly lower than that required for biofilm inhibition or removal, which meant that
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a mechanical biofilm removal method had to be devised to remove biofilm in the GLS prior to

sampling. The method is described in Section 4.5.2.

Table 4-3: The superficial liquid velocities (u.) and dilution rate (D) ranges used for the experimental study.
The table also shows the corresponding hydrodynamic flow regimes (FIGURE B-2) and the calculated wall shear
stresses from equation (B-12) and (B-14).

uL(m.s?) D range (h?) Regime tw (Pa)
1.83 0.10-0.80 Bubble 10.5
0.36 0.51-2.22 Slugging/Taylor 0.70
0.09 0.44-2.59 Slugging/Taylor 0.18

4.5.2 Steady state sampling during continuous operation

As a result of the extremely high dilution rates used during continuous operation in the biofilm
reactor, the biofilm was observed to grow extremely fast. This was most probably a result of
a much lower Csa in the reactor at a higher D, which was shown to promote a much faster
microbial growth rate (FIGURE 2-5). This meant that the biofilm reached an apparent steady
state in the reactor, as confirmed by NaOH dosing profiles, within a period of between 16 and
36 h. At this time an initial sample was taken and analysed. To confirm steady state in the
reactor, another sample was taken after one volume turnover; if the analysis was within 5%

of the first sample, the results were logged as the system was assumed to be at steady state.

It was decided to sample, scrub the reactor and continue the run after each first apparent
steady-state value due to significant shedding of biofilm as a result of aging biofilm in the
tubular reactor during extended runs. It appeared that due to the adhesive properties of the
support (silicone tubing), the long-term biofilm stability was compromised. This phenomenon
was also observed by Maharaj, Bradfield & Nicol (2014) and resulted in oscillatory behaviour,
which could have compromised the results in this study. This did, however, mean that the
extremely high SA titres (Csa > 30 g.L?) as reported in the literature (Bradfield & Nicol, 2014;
Maharaj, Bradfield & Nicol, 2014) were not achieved.

An example of an NaOH dosing profile is presented in FIGURE 4-3 and clearly shows that the
time at which the apparent steady-state conditions (constant dosing of NaOH) were reached

was after approximately 18 h of operation. The respective samples are indicated on the figure.
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Figure 4-3: Typical dosing profile during a continuous biofilm run. The specific conditions were D = 1.0 h?,
recycle velocity = 0.09 m.s. In addition, the apparent steady-state region and the sample times to ensure
steady state are shown.

When there was found to be biofilm build-up in the GLS, the inside surface of the GLS was
mechanically scrubbed with the magnetic stirrer by physically moving the GLS over the mag-
netic stirrer plate. After this procedure, the system was left to stabilise for at least three vol-
ume turnovers and confirmed to be at steady state through observation of the NaOH dosing

profile and of two consecutive samples, one volume turnover apart.

4.5.3 Batch operation

The bioreactor setup was used to perform four separate batch runs, all at a u. = 0.09 m.s?
and uc = 0.014 m.s’. At these operational conditions a wall shear stress of Ty = 0.18 Pa was
calculated from equation (B 12). Prior to batch operation, a biofilm was grown continuously
inside the reactor tube. The preparation conditions for biofilm growth, as well as the
measured concentrations of total biomass (Cx) and cellular biomass (Cxt*), are summarised in
TABLE 4-4. A negative trend was observed in terms of the total and cellular biomass with regard

to feed glucose concentrations (Cgico).
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Table 4-4: Continuous biofilm growth conditions of all batch runs and final biomass concentrations measured
after completion of the respective runs. From the table can be seen that the Cx: and Cx+ values maintained a
downward trend as a function of the Caico.

Batch 1 2 3 4
D (h?) 1.22 0.97 0.76 1.07
Calco (8.L7) 70 100 100 120

Uagm.s?) 009 009 009  0.09

At (h) 4633 66.88 41.00 45.51
Cea(gl?) 1201 732 825 584
Cat(gLY) 504 712 483  3.42

At the end of the initial continuous biofilm growth period, a sample of the contents of the
reactor was taken and analysed. This was used as the starting point of the batch fermentation.
The batch run was initiated by stopping both the feed (E-14) and product pumps (E-10) (FIGURE
4-2) simultaneously, and starting the NaOH dosing log. During fermentation, samples were
periodically taken by first closing the valve to the reactor (V-3) and opening the sample valve
(V-1). The line was flushed with CO; by switching on the batch sample pump (E-13). The sam-
ple was then taken by closing the CO; valve (V-2) and simultaneously opening the valve to the
reactor (V-3) and letting approximately 1 mL of sample accumulate in the sample line. The
valve to the reactor (V-3) was closed while opening the CO; valve (V-2), allowing CO; to fill
the line while the sample was pumped to the sample vial for analysis. The sample was
weighed to determine the exact amount of sample taken from the reactor. Normal operation
was continued by switching off the sample pump (E-13), closing the sample valve (V-1) and
reopening the valve to the reactor (V-3) to allow CO; into the reactor. The sample procedure
took approximately 5 min to complete, an interval that was assumed to have a minimal effect

on normal operation of the reactor.

4.5.4 Microorganism and growth medium

A. succinogenes 130Z (DSM 22257 or ATCC 55618) was acquired from the German Collection
of Microorganisms and Cell Cultures (DSMZ). Seed cultures in 30 mL McCartney bottles con-
taining 15 mL of sterilised tryptone soy broth (TSB) were incubated for 16-24 h at 37°C and

150 r.min! prior to use (for stock cultures or reactor inoculation). Short-term (< 3 weeks)
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stock cultures were stored at 4 °C in TSB from Merck KgaA (Darmstadt, Germany). For long-
term storage (> 3 weeks) 1 g, 66.6% glycerol, solutions were inoculated with 0.5 mL of stock

culture and stored at -40°C.

4.5.5 Medium

All chemicals were sourced from Merck KgaA (Darmstadt, Germany), unless specified differ-
ently. The growth medium and phosphate buffer used for the experimental runs were the
same as those used by Bradfield and Nicol (2014). The growth medium consisted of (g.L™):
YE: 6; clarified CSL [15] (Sigma—Aldrich, St. Louis, Missouri): 10; NaCl: 1.0; MgCl,'6H,0: 0.2;
CaCly'2H;,0: 0.2; sodium acetate: 1.36; NayS'9H,0: 0.16 (for anaerobic conditions); and 1
mL.L"? Antifoam A (Sigma-Aldrich. St. Louis, Missouri). The phosphate buffer consisted of
(g.L71): KH2PO4: 3.2 and K2HPO4: 1.6. A D-glucose (Futaste Pharmaceutical Co. Ltd., Shandong,
China) concentration of 40 g.L™ was used for all continuous fermentations. The feed concen-

trations that were used in the batch runs are summarised in TABLE 4-4.

The growth medium was diluted in 8 L of distilled water (10 L bottle), the phosphate buffer in
0.5 L of distilled water (1 L bottle) and Glc in 1.5 L of distilled water (2 L bottle), and separately
sterilised by autoclaving at 121 °C for 40 min. Prior to use, the solutions were left to cool to
room temperature to prevent unwanted reactions among the components, after which the

Glc solution and phosphate buffer were aseptically added to the growth medium.

To ensure no abiotic factors influenced the substrate removal, the fermentation medium was
tested, together with the product from the reactor, using the method described in the ProD-

UCT ANALYSIS section. No significant changes in the medium composition were observed.

4.5.6 Product analysis

The bacterium produces four distinct metabolic products: SA, AA, FA and ET as shown in the
A. succinogenes metabolic map in FIGURE 2-4 (McKinlay, Zeikus & Vieille, 2005; McKinlay et al.,
2007; McKinlay & Vieille, 2008).The concentrations of the products were measured, along
with residual Glc, using an Infinity 1260 high-performance liquid chromatograph (Agilent
Technologies, Santa Clara, California) with an Aminex HPX-87H ion-exclusion organic acid col-

umn (Bio-Rad Laboratories, Berkeley, California). The column was pre-calibrated using > 99%
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purity standards sourced from Merck KgaA (Darmstadt, Germany) and Sigma—Aldrich (St.

Louis, Missouri).

4.5.7 Biomass quantification

The relationship between biomass and absorbance was determined, using the method in by
measuring the absorbance (ABSee0), at a wavelength of 660 nm (CE 1021 Spectrophotometer,
Cecil Instruments, Cambridge, UK), of 46 individual samples from various reaction conditions
and biomass concentrations. Suspended and total biomass measurements were done on the

samples (MEASUREMENT OF TOTAL BIOMASS — Section 4.5.8). The samples were washed twice with

distilled water, resuspended in distilled water, the ABSeso was measured and the samples
were dried overnight at 70 °C (Liu et al. 2008; Zheng et al. 2013). It was determined that an
absorbance value of 1 relates to 645 + 36 mg L™ of biomass with a correlation coefficient of
0.9701. FIGURE 4-4 shows the data and the linear regression obtained. The biomass concen-
trations were inferred from this relationship and from the ABSeso measurements. It was as-
sumed that the drying temperature of 70 °C was low enough to avoid any loss of mass, apart

from the evaporation of water.

0.45 -

04 - x = 0.645ABS,
0.35 - R2 =0.9701

0.3 -
0.25 -
0.2 -
0.15 -

0.05 -

0 T T T 1
0 0.2 0.4 0.6 0.8

Absorbance at 660 nm - ABS,, (-)

Dry Biomass Concentration (g/L)

Figure 4-4: Correlation between the absorbance measurement at 660 nm and the weighed dry biomass meas-
urements. This correlation showed that an ABS = 1 relates to a dry biomass measurement of 645 mg.L. The
correlation was limited to the absorbance range between 0.15 and 0.67.
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4.5.8 Measurement of total biomass

Biofilm quantification was achieved by physically removing the biofilm from the internal sur-
face of the bioreactor. All feed to the bioreactor and recycling in the bioreactor were ceased
and, using mechanical friction through the soft silicone tubing, the biofilm was loosened and
subsequently removed by increased shear (1.83 m.s™). This procedure differed from that in
Chapter 3, where the recycle stream was used to remove the biofilm. The pressure drop in
the reactor was too great (APotal > 3.5 bar for uayg > 2 m.st) in the system (TABLE 4-2), which
caused mechanical failure of the silicone tubing during cold-flow testing. To ensure total re-
moval of the biofilm, the reactor volume was emptied into the gas trap to prepare the silicone
tubing for inspection. The process was repeated until all observable traces of biofilm had been
removed from the tubing. During this process, the removed biofilm was thoroughly mixed

with the medium due to the significant shear and turbulence in the reactor.

In order to keep the reactor ready for subsequent experiments, without the need for a com-
plete restart, the reactor was incompletely drained after removal of the biofilm. The silicone-
tube section of the reactor was emptied into the gas-trap section of the reactor. A sample of
approximately 40 mL was taken from the gas trap, the biomass concentration was determined
by ABSeso (FIGURE 4-4) and the sample was diluted to within the absorbance range of 0.15—
0.67. The removed volume was then replaced with clean feed to allow the re-initialisation of

the reactor for the next run.

4.5.9 EPS quantification

EPS quantification was done by alkaline hydrolysis and subsequent removal of the EPS frac-
tion from the biofilm by dissolution in distilled water (Nielsen & Jahn, 1999). For preliminary
tests, the samples were treated with pH 9 and pH 11 buffers, using the procedure described
below. However, it was found that the difference in results between the two pH buffers was
negligible, and therefore only the pH 9 buffer was subsequently used. The pH 9 buffer con-
sisted of 1 g.L™! KH,PO4 and 79 g.L™* K2HPO4, and the pH 11 buffer of 0.01 g.L™! KH2PO4 and
79 g.L7! K2HPO;4 (ratios of 0.0162 mol KH2PO4.(mol K2HPO4)™ and 0.000162 mol KH2PO4.(mol
K2HPO4)™L, respectively). The buffers were prepared by initially adding the KH,POsto a 1 L
mixing vial and then adding the K;HPO4 while monitoring the pH (Alpha pH 190 pH controller,

Eutech Instruments, Singapore).
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For EPS removal, a known volume of the total biomass sample after ABSss0 measurement

(MEASUREMENT OF TOTAL BIOMASS section) was centrifuged and resuspended in a known volume

of the required buffer solution (pH 9 or pH 11). The sample was ultrasonicated for 30 min
(UMC 2, Integral Systems, Johannesburg, South Africa), centrifuged and washed twice with
distilled water. Finally, the washed sample was resuspended in a known volume of distilled
water and the ABSes0 Was measured. The ABSeso values of the pretreated and treated samples
were converted to biomass concentrations and adjusted for dilution. The ratio of concentra-
tions before and after treatment was assumed to represent the fraction of cellular-to-total

biomass (including EPS).
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CHAPTER 5
TWO-PHASE REACTOR:
CASE STUDY

5.1 Introduction

This chapter is based on work published in the journal New Biotechnology (Brink & Nicol,
2014a) and addresses the effect of liquid shear rate on biofilm productivity and, more im-
portantly, the product distribution. The expectation is that shear will affect the distribution
of cells and EPS in the biofilm matrix (Beyenal & Lewandowski, 2002). Lactic acid (LA) fermen-
tation was chosen in order to minimise gas formation in the novel, homogeneously distrib-

uted shear-control fermenter as described in Chapter 3 (TWO-PHASE REACTOR: DESIGN, OPERATION

AND ANALYSES on page 3-1). Numerous Lactobacillus species are known for their biofilm for-
mation characteristics (Dagher et al., 2010) and Lactobacillus rhamnosus ATCC 9595 was cho-
sen for the fermentation. The biofilm properties of this organism have been well studied
(Dupont, Roy & Lapointe, 2000; Van Calsteren et al., 2002; Bergmaier, Champagne & Lacroix,
2005; Kim et al., 2006), making it an ideal bacterium for the investigation. The experimental
procedures and methods are described in detail in Section 3.4 on page 3-7. The experimental

conditions are summarised in TABLE 3-3.

5.2 Experimental result obtained during the two-phase fermentation

The dataset represents 21 steady state conditions. Four velocity or shear conditions were in-
vestigated while the dilution rates (D) were varied between values of 0.1 and 0.7 h'l. Each
shear condition comprised four to six separate dilution rates. The concentrations of LA (Cia),
Acetoin (Cacn), suspended biomass (Cx) and total biomass (Cx), i.e. sum of attached and sus-

pended biomass (x:), were quantified at each of the 21 steady states. All D values resulted in
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only partial glucose (Glc) conversion, with the Cgic in the outlet always exceeding 5 g/L. The

experimental results obtained during the individual runs are shown in TABLE 5-1.

5.2.1 Biofilm characteristics

The Cx and Cx biomass measurements are given as a function of D in FIGURE 5-1. The chemostat
run, consisting of only suspended biomass, exhibits the expected behaviour with a decline in
the Cx as D increases. The Cxt measurements do not appear to exhibit a clear trend, despite
prolonged operation of the biofilm runs. The biofilm runs measured Cx in close proximity to
that of the chemostat run, while the Cx generally increased as shear velocities decreased.
Repeat runs at similar dilution rates (uay = 0.37 m.s’}, D = 0.2 and 0.6 h') did not result in
repeatable Cy, although steady state was established. This is in agreement with the work of
Peyton & Characklis (1993) and Peyton (1996), who observed significant variation in biofilm
thickness, roughness and density for constant substrate loadings (analogous to dilution rate)

and shear conditions.

In FIGURE 5-2 the Cx to Cx are shown, with the fitted average ratio of suspended-to-total bio-
mass (Cx/Cx:) for each shear condition given as the slope and expressed as a yield (Yxtx). The
independent variable D is not obvious in FIGURE 5-2 due to the random variations observed in
the measured concentrations (FIGURE 5-1). However, despite the fluctuations in the Cxand Cyt
(FIGURE 5-1), the Yx:x remains strikingly constant at a specific shear. In addition, the Yxx clearly
decreases as the average superficial recycle velocity (uavg) decreases. The fact that even at the
lowest uag of 0.19 m s%, the fitted Yxix remains 0.61 indicates that the Cy is greater than the
attached biomass concentration, even at the lowest-shear condition. This is supported by the
visual observation that the biofilm appeared thin and non-evenly dispersed over the internal

tube area.
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Table 5-1: Experimental results obtained during all fermentations of L. rhamnosus within the biofilm fermen-
tation bioreactor

0.12 5.02 324 22.7 284 398 398 100 0.70 264 0.66
0.22 13.2 24.5 19.9 130 357 357 100 0.81 446 1.25
0.34 24.7 14.1 10.7 094 311 311 100 0.76 3.60 1.16
0.44 28.4 10.7 8.42 0.76  2.53 253 100 0.79 3.67 145
0.54 32.3 7.07 5.90 0.55 1.35 135 100 0.83 3.20 236
0.23 11.6 26.5 21.9 1.19 354 425 083 083 498 1.17
0.32 21.0 17.8 15.5 075 288 347 083 087 497 1.43
0.34 19.9 18.4 15.6 0.88 243 305 080 085 527 173
0.42 26.5 13.0 10.8 061 236 289 082 083 450 1.56
0.55 26.6 13.0 10.9 046 234 292 080 084 597 205
0.65 32.5 6.93 5.86 044 136 159 085 085 3.78 237
0.24 11.7 27.0 22.7 1.01 338 494 068 084 545 1.10
0.24 5.57 32.3 26.8 123 378 570 066 0.83 648 1.14
0.31 19.4 19.8 16.7 069 3.01 39 076 084 526 133
0.46 27.7 12.6 10.1 050 247 342 072 080 4.65 1.36
0.57 28.6 11.4 9.69 047 236 338 070 085 552 163
0.58 26.7 13.2 11.0 049 299 404 074 084 6.45 1.60
0.21 6.88 30.3 27.3 0.57 357 509 070 090 566 1.11
0.30 7.32 29.9 27.1 037 426 675 063 091 804 1.19
0.44 21.5 171 14.8 039 3.03 474 064 086 6.44 1.36
0.54 30.0 9.54 8.36 0.23 181 295 062 088 452 154
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Figure 5-1: Suspended (Cx) and total (Cxt) biomass concentrations measured during the chemostat and biofilm
fermentation runs as a function of dilution rate (D). The biofilm Cx results do not exhibit a clear and repeata-
bility during the biofilm runs, for a given D and uavg, was not achieved.

The constant Yy x at a given shear condition was attributed to a constant balance between
the biofilm growth and detachment. The balance is clearly related to the uay, where higher
shear increase the rate of detachment (Van Loosdrecht et al., 1995; van Loosdrecht,
Picioreanu & Heijnen, 1997; van Loosdrecht et al., 2002). Given the rapid detachment rate of
biofilm and the relatively low ratio of suspended to total biomass (between 0.61 and 0.79 g.g’
1), it was assumed that the composition of the suspended and immobilised biomass for each

respective shear condition was identical and remained constant irrespective of D.
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Figure 5-2: Suspended biomass (Cx) vs. total biomass (Cx) to determine Yx:x. The constant Yx:x values found in
this study was attributed to the balance between biofilm growth and detachment; the balance appeared to
be positively related to uavs. The lowest Yx:,x corresponded to the lowest uavg and increased as uayvg increased.

5.2.2 Yield and rate analysis

The observed product and biomass yields are given in FIGURE 5-3, FIGURE 5-4 and FIGURE 5-5.

Glc consumption was used as the basis for all yield determinations and plotted on the hori-

zontal axes of FIGURE 5-3 to FIGURE 5-5. The linear fits on these graphs give the observed yield

coefficients with the regression analysis indicated on the graphs. The independent variable D
is not directly observable in these figures but can be inferred from the fact that high D will

result in low Glc consumption.
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Figure 5-3: LA concentration (Cia) vs. Glc consumption (AGlc) to determine Yaic,a for the four individual shear
velocities. The individual data points were for the respective dilution rates (D), with the lowest D correspond-
ing to the highest AGlc. The figure indicates an increase in Yaic,.a with decreasing uavg.

A significant change in the LA and Acn yields (Yeica and Ygicacn) is observed with a change in

shear (FIGURE 5-3 and FIGURE 5-4), while the biomass yield based on the suspended biomass

exiting the fermenter (Yeicx) remains more or less constant with shear variation (FIGURE 5-5).
The Acn yield quadrupled from the lowest-shear biofilm run (Yeicacn = 0.017 g.g%) to the che-
mostat run (Yeicacn = 0.074 g.g™), with a corresponding increase in the LA yield of 20% from
the chemostat run (Yeica = 0.75 g.g?) to the highest value obtained in the lowest-shear bio-

film run (Yeica = 0.9 g.g7%).
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Figure 5-4: Acn concentration (Cacn) vs. Glc consumption (AGlc) to determine Yaic,acn for the four individual
shear velocities. The individual data points were for the respective dilution rates (D), with the lowest D corre-
sponding to the highest AGlc. The Yaic,acn exhibited a positive relationship with the uavg, an increase in Yaic,acn
was observed with increasing uavg.

From FIGURE 5-3 and FIGURE 5-4, it is clear from the coefficient of determination (r?) that the

yields of the metabolic products remained remarkably constant for each respective uayg. Since
both growth and maintenance (Luedeking & Piret, 1959; Villadsen, Nielsen & Lidén, 2011) are
expected to contribute to metabolite production, the measured or observed yield can be de-

scribed by the following equation:

true true
yobs rp Yeptut+mp Yep (5-1)
Gle,p — — Vytrue true -
TGic Yx,Glc‘u + Mgc Yx,Glc

For LA production the maintenance constants mpi and mgic are identical since no loss of mass

occurs in the formation of LA. The growth rate (p) will vary according to different amounts of
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LA in the broth causing varying degrees of inhibition. Since the observed yield (Yaic,r°>) re-
mains constant while the LA titre (and p) is changing, it is evident that mp (and maic) is negli-
gibly small in order for p to cancel out of the equation. Accordingly, maintenance or non-

growth effects can be ignored within the dilution rate range of the study.
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Figure 5-5: Suspended biomass (Cx) vs. Glc consumption (AGlc) to determine Yaicx for the four individual shear
velocities. The individual data points were for the respective dilution rates (D), with the lowest D correspond-
ing to the highest AGlc. The Yaicx appear unaffected by the uavyg, the Yeicx remained constant with changes in
Uavg.

FIGURE 5-6 shows the biomass-based rates of Glc consumption (rgic) and LA production (ria).
Note that the Cxt was used for the calculation of the specific rates. At high D a distinct decrease
in biomass productivity is observed at lower uay. At high D, where the biomass productivity

differences are observed, LA titres are low and product inhibition is at a minimum.

The cellular part of the biomass (x:*) at these conditions is expected to have similar metabo-

lite production characteristics, irrespective of the shear on the biofilm (BIOFILM CHARACTERISTICS
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section). Accordingly, the decrease in biomass productivity can only be attributed to meta-
bolically inactive biomass, such as EPS. The rate results therefore suggest that the EPS fraction

of the biomass increases with a decrease in shear.

®X Chemostat
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v 037 m.s1 X
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Figure 5-6: a) Specific Glc consumption rate (raic); b) Specific LA production rate (r.a) against dilution rate. The
differences in production rates between the uay conditions can only be attributed to differences in the biofilm
composition, i.e. EPS content.

5.2.3 NADH balance for elucidating flux variation

Insight into the major differences in metabolite yields as a function of the shear might be
gained from the redox difference between lactic acid and acetoin. The overall metabolic path-
way from glucose to acetoin is associated with the generation of NADH and it is well accepted
that acetoin production is linked to the regulation of NAD*/NADH in a microbial system (Xiao
& Xu, 2007). In comparison with acetoin production from glucose, lactic acid production is
redox neutral. Since the net NADH production in the cell should be zero, it is clear that NADH

consumption is related to the shear condition in the fermenter where less NADH is consumed
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at low shear conditions. NADH consumption can only proceed via the anabolism or via the
direct oxidation of NADH since all the catabolites are quantified. The direct oxidation option
is unlikely since the system was proven to be completely anaerobic (Section 3.4.4 on page 3-
8). It is well established that biomass growth on inorganic nitrogen is associated with the for-
mation of NADH, while growth on complex and undefined organic nitrogen is considered to
be redox neutral (Villadsen, Nielsen & Lidén, 2011). For purposes of analysis it was decided to

associate the apparent NADH consumption with the formation of cellular biomass.

From this assumption it follows that biomass formation under lower uay would necessarily
consume less redox (NADH). This is because the Ygicacn drastically decreased at lower shear
conditions, while the Ygicx remained unchanged. The rate data in FIGURE 5-6 support this ob-
servation, namely that one can attribute the rate decrease to a change in the biomass com-
position where more inactive EPS are present at lower shear conditions, thus lowering the
productivity of the x:. This observation can be used to explain the redox consumption changes
— it is proposed that EPS formation is different from cellular biomass formation in terms of
NADH consumption/production. L. rhamnosus is known to produce EPS with the following
repeating unit: {3Rha-3Glc-3[Gal4,6(R)Py-2]Rha-3Rha-3Rha-2Glc-}, (Van Calsteren et al,,
2002). This can be used to calculate the overall NADH consumption/production when forming
EPS from Glc. The underlying assumption is that the EPS fraction in the biomass is independ-
ent of dilution rate due to the fact that the substrate is always present in excess. Variations

in EPS content have been reported at substrate inhibition conditions (Looijesteijn et al., 2000).

The complete metabolism can be represented by two catabolic reactions (lactic acid and
acetoin) and two anabolic reactions (x:* and EPS). The carbon flux of these reactions was con-
verted to a carbon mole basis (C-mol.L?) and the degree of reduction (DOR) of the compo-
nents was determined by using H,0, CO, and NHs as the defined neutral compounds. The
metabolism can be written as equations (5-2) to (5-5) indicating four separate fluxes (v1 — va).

The cellular biomass (x:*) flux (vs) is separated from the EPS flux (va).

v;: CH,0 (Glc) — CH,0 (LA) (5-2)
2 1 1
v,: CH,0 (Glc) - 3 CH,045 (Acn) + 3 CO, + §NADH (5-3)
v3: CH,0 (Glc) + 0.59YE — 1.59x; + Y;NADH (5-4)
vs: CH,0 (Glc) - EPS + Y,NADH (5-5)
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The chemostat run was used as the baseline scenario with the assumption that zero EPS
formed during this run (va= 0, x:* = x). Given the measured values of lactic acid and acetoin
produced, and glucose consumed, the sum of the fluxes viand v, were determined to be 0.9
(C-mol Glc)/(total C-mol Glc consumed). Y3 was determined to be -0.42, using the known
fluxes and an NADH balance. CO; formation during biomass synthesis was not considered
(ae=0). Note that the Glc flux in v3, expressed as a fraction of the total glucose consumed, was
calculated by using only the Cia, Cacn and Cgic measurements. The x:* and YE yield coefficients
were determined from the Ygicx, assuming a biomass composition of CH1.800.5No.2 (Villadsen,

Nielsen & Lidén, 2011: 74).

When considering the biofilm runs, the combined (vs + va) flux was shown to vary between
0.06 and 0.09 (C-mol Glc)/(total C-mol Glc consumed). This value is slightly lower than ex-
pected and is most likely due to small inaccuracies in the Acn and LA yield fits. The yield coef-
ficient (Y3) of equation (5-4) was determined for the chemostat run and directly applied in the
biofilm runs. Using the known EPS composition (CH1.600.89) from the repeating unit given

above, a redox balance was used to calculate Y4 (0.09 moles NADH formed per C-mol EPS).

Therefore the overall NADH balance dictated the increased yield of EPS (v4) production and
the decreased yield of cellular biomass production (v3) with the decrease in Acn production
(v2). Using the proposed anabolic stoichiometry, the EPS fraction of the biomass was esti-
mated using equation (5-6) from the values for vs and v4 from TABLE 5-2. The results are re-
ported in TABLE 5-2.

: Vs (5-6)
EPS tion = ————
fraction v, + 1.59v;4

Table 5-2: Biomass flux distribution (vs and va) and the EPS fractions calculated for the respective shear veloc-
ities. The table clearly shows an increase in the EPS fraction with a decrease in the uayg.

Shear velocity (m.s?) v3 (C-mol.C-mol?) v4(C-mol.C-mol?) EPS fraction
3.65 (chemostat) 0.10 0.00 0.00
0.55 0.06 0.01 0.09
0.37 0.04 0.05 0.43
0.19 0.01 0.05 0.70
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5.3 Conclusions

This study clearly illustrated that shear can affect the metabolite yields of L. rhamnosus bio-
films. Increasing shear resulted in decreased acetoin formation and increased lactic acid for-
mation, while the biomass yields remained constant. Rate data indicated a lower specific bi-
omass productivity with a decrease in shear, suggesting a composition change in biomass

where more inactive EPS forms part of the biomass at low shear velocities.

Redox analysis of the catabolic reactions revealed that the anabolic reactions are associated
with the net consumption of NADH, despite the fact that EPS production was calculated to be
an NADH producer. The decrease in acetoin formation with decreasing shear clearly indicated
that the extent of anabolic NADH consumption was related to shear. The relationship was
explained by varying the EPS content of the biomass as a function of shear velocity, which
coincides with the rate findings. A simplified model was presented to estimate the distribu-
tion of EPS and cellular biomass as the shear varied. In order to determine whether the change
in biofilm composition as a function of shear, determined using the simplified model, was
applicable to the biofilm produced by a different microbial species, a method was required
that could separate the EPS from the cellular biomass. The work in Chapter 6 attempted to
address this by developing a method to separate EPS from the cellular biomass and in this

way compare the EPS composition for different shear conditions.

This study postulated that it was possible to alter the yields during biofilm fermentations by
manipulating the shear conditions in the reactor and subsequently changing the biofilm com-
position and metabolic fluxes. Chapter 6 attempts to scrutinise this postulate and its general
applicability by analysing the influence of the shear on the metabolic flux of glucose in a bio-
film system containing the microbe Actinobacillus succinogenes. Assuming the applicability of
the mechanism proposed in this study, i.e. that the metabolism was regulated through re-
qguirements during biofilm formation, this mechanism would clearly present itself in the re-

sults reported in Chapter 6.
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CHAPTER 6
THREE-PHASE REACTOR:
CASE STUDY

6.1 Introduction

This chapter is partly based on work published in the journal Microbial Cell Factories (Brink &
Nicol, 2014b), as well as additional unpublished work. It addresses the effect of gas—liquid
shear on biofilm steady-state rate and yield characteristics. As in the previous chapter, the
expectation is that shear will affect the distribution of cells and EPS in the biofilm matrix
(Beyenal & Lewandowski, 2002). However, in this chapter a method was developed to remove
the EPS from the biofilm cells (Section 4.5.9 on page 4-17) and thereby quantify the cellular
production characteristics. The system consisted of the proteobacterium Actinobacillus suc-
cinogenes and gas-phase CO; for the production of succinic acid (SA). A. succinogenes is an
attractive production strain for the production of SA as it is able to metabolise most naturally
occurring sugars (McKinlay et al., 2010) and to produce SA close to the saturation point of SA
(> 95 g.L') (Yan, Zheng, Tao, et al., 2014). In addition, volumetric productivities in excess of
10 g.L'2.h'! have been reported (Maharaj, Bradfield & Nicol, 2014). A. succinogenes is well
known to self-adhere to support surfaces during extended operation. All continuous fermen-
tation studies on A. succinogenes resulted in unavoidable biofilm formation (Urbance et al.,
2004; Kim et al., 2009; Van Heerden & Nicol, 2013; Bradfield & Nicol, 2014; Maharaj, Bradfield
& Nicol, 2014; Yan, Zheng, Tao, et al., 2014). This experimental study included continuous
chemostat runs, biofilm runs and batch biofilm runs. The reason for the batch biofilm runs
was to assess the influence that the SA inhibition had on the transient behaviour of the biofilm

immobilised organism.

The experiments were performed in the novel, gas—liquid shear-control fermenter as de-

scribed in detail in Section 4.3 on page 4-4. The experimental procedures and methods are
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discussed in Section 4.5, the chemostat and continuous biofilm operational conditions are

summarised in TABLE 4-3, and the continuous biofilm growth conditions prior to the individual

batch runs are summarised in TABLE 4-4.

6.2 Chemostat analysis

Chemostat experiments were performed by running the three-phase homoshear bioreactor
(Chapter 4) at a superficial velocity of 1.83 m.s? (tw = 10.5 Pa, TABLE4-3) until the NaOH dosing
profile remained within a 5% fluctuation (Section 4.3 on page 4-4). Consecutive samples were
taken, one volume turnover (1/D) apart to ensure steady operation. The absence of biofilm

in the reactor was visually confirmed.

All steady-state chemostat data are given in TABLE 6-1. Dilution rates (D) varied between
0.1 and 0.8 h'X. The Glc consumed (AGlc), SA titre and biomass (x) in the outlet are plotted as
a function of D in FIGURE 6-1. Repeat runs were performed at six of the seven conditions and

the standard errors are indicated in TABLE 6-1, as well as in FIGURE 6-1 and FIGURE 6-2. Mass

balance checks at steady-state conditions indicated that the residual Glc and metabolites in
the fermenter outlet accounted for more mass than that determined from the AGlc. The av-
erage overestimation of 127% indicates that a significant fraction of constituents from yeast
extract (YE) and/or corn steep liquor (CSL) were incorporated into the formed biomass. The
decline in the AGIc with an increase in D in FIGURE 6-1 suggests that washout will occur be-
tween a D of 0.8 h't and 0.85 hl, suggesting a maximum specific growth rate (imax) wWithin this

range.
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Table 6-1: The experimentally measured chemostat results indicating the means and standard errors of the
observations.

0.10 0.19 0.29 0.35 0.49 0.71 0.80

27.56+0.9 30.9+0.1 31.1+0.4 33.1+0.39 344 34.7+0.1 38.3+0.1

13.13+£1.37 10.7+0.7 10.7+0.4 9.36+0.39 8.53 4.34+0.10 1.49+0.08

6.4310.48 5.31+0.09 5.3710.06 4.25+0.15 3.76 1.99+0.02 0.69+0.01

4.47+0.28 3.87+0.49 3.59+0.17  2.99+0.29 3.10 1.66+0.03  0.74+0.00

0.0310.01 0.82+0.28 1.88+0.05 1.86+0.10 1.54 1.19+0.01 0.33+0.01

2.22+0.09 2.20+0.24 2.65+0.23 2.35%0.30 1.74 1.58+0.02 0.71+0.04

1.44+0.06 1.37+0.19 1.50+0.05 1.42+0.09 1.22 1.20+0.02  0.93+0.00

0.01+0 0.21+0.05 0.52+0.04 0.62+0.03 0.50 0.72+0.01 0.45%0.02

0.5+0.03 0.49+0.03 0.50+0.01 0.4510 0.44 0.46+0.01 0.46%0.02

0.62+0.04 0.99+0.01 1.54+0.02 1.50+0.05 1.83 1.41+0.01 0.55+0.01

0.28+0.01 0.45+0.06 0.58+0.05 0.64+0.06 1.05 0.89+0.02 0.77+0.04

11447 11743 118+1 11345 113 13742 168+4

The chemostat product distribution can be seen in FIGURE 6-2 on which Ygicsa and the by-prod-
uct ratios are plotted. Overall, the Ygic;sa values are fairly constant around the average value
of 0.48 g SA.(g AGIc)™. The SA to AA ratio (SA/AA) was in the vicinity of 1.4 g.g™* for D values
below 0.5 h'!, while a slight decrease in the value is observed at higher D values. The formation

of FA decreased at lower values of D where a negligible amount of FA was observed at
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D = 0.1 h'l. The maximum value of the FA to AA ratio (FA/AA) of 0.72 + 0.02 g.g* obtained at
a high D is close to the equimolar value of 0.77 g.g™*. This implies that the pyruvate formate
lyase (pfl) route for the oxidation of pyruvate is dominant at high D. The decrease in the FA/AA
with a reduction in D is linked to either pyruvate dehydrogenase or formate dehydrogenase,
contributing to the formation of less FA. The FA/AA decrease corresponds to the observations
of Bradfield & Nicol (2014) where low D in a biofilm reactor resulted in a similar trend. The
decrease in FA is probably attributable to formate dehydrogenase converting FA to CO; and
NADH since Zheng et al. (2013), Xi et al. (2012) and Du et al. (2008) observed an FA decrease

against time after initial formation in a batch fermenter.
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Figure 6-1: Chemostat measurements of biomass, SA concentrations and AGlc. The figure shows that the con-
centrations of the measured variables decreased significantly with increasing D; washout was expected at a
D between 0.80 and 0.85 h'.

The SA/AA observed in FIGURE 6-2 is lower than the expected values when redox closure of
the catabolic pathways is considered, while ignoring the anabolic pathways responsible for
biomass synthesis. The analysis by Bradfield and Nicol (2014) suggests that the SA/AA should
vary between 1.97 g.g* (for FA/AA = 0.77 g.g’%) and 3.93 g.g"* (for FA/AA = 0 g.g1). The slight
increase in the SA/AA ratio at lower D is probably linked to the decrease in the FA/AA, alt-

hough the values are far below those expected.
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Figure 6-2: Ratios of products as well as SA to glucose measured during chemostat operation. The SA yield
appeared to remain approximately constant at 0.48 g.g™, while the SA/AA decreased with a corresponding

increase in FA/AA.

The chemostat metabolism (on a carbon mole basis) can be expressed as equations (6-1) to

(6-4) (see FIGURE 2-4 in section 2.3.1 on page 2-32)

1 1 4 5 (6-1)

v;: CH,0 (Glc) + 3C02 + 3 NADH — 2 CH30(SA) + 5 ATP

2

2 1 2 2 (6-2)

v,: CH,0 (Glc) - 3 CH20 (AA) + 3C02 + 3 NADH +Z ATP
2 1 1 2 (6-3)

v3: CH,0 (Glc) - 3 CH20 (AA) + 3 CH20,(FA) + 5 NADH + Z ATP

Vgt Yy 1cCH,0 (Glc) + YPBENS + Y253, ATP — x + Y285, nNADH (6-4)

This metabolism consists of a catabolic section (equations (6-1) to (6-3)) and an anabolic sec-
tion (equation (6-4)). The catabolic section describes the formation of SA, AA, FA and CO;
during fermentation, while the anabolic section shows the anabolic formation of biomass (x)

from glucose and a complex nitrogen source (NS), which in this case is a mixture of YE and

CSL.
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From the average results shown in TABLE 6-1, the catabolic glucose fluxes (v1 — vs3) were deter-
mined and are shown in TABLE 6-2. The final column in TABLE 6-2 shows the catabolically pro-
duced NADH relative to the catabolically consumed NADH (NADHproduced/ NADHconsumed) during
the catabolism (equations (6-1) to (6-3)), which was calculated using equation (6-5).

2 1
NADHproducea 3 vz t 3Vs (6-5)
NADHconsumed 1 v
!
Table 6-2: The catabolic flux of glucose to SA (vi) and AA via the pdh/fdh (vz) and pfl (vs) routes
Run D Vi V2 V3 NADHproduced/
no. (h?) (C-mol/C-mol) (C-mol/C-mol) (C-mol/C-mol) NADHonsumed
1 0.10 0.37 0.51 0 2.72
2 0.19 0.38 0.39 0.15 2.47
3 0.29 0.38 0.16 0.34 1.74
4 0.35 0.35 0.09 0.39 1.64
5 0.49 0.34 0.19 0.35 2.19
6 0.71 0.35 0.04 0.54 1.74
7 0.80 0.35 0.3 0.44 2.97

From the values of NADHproduced/ NADHconsumed, it is clear that the catabolically produced NADH
exceeds the catabolically consumed NADH by a factor of 1.64-2.97. From this observation it
can be concluded that the sign of Yxnaon would be negative, which suggests that significant
amounts of NADH are consumed in the anabolism since direct oxidation of NADH under an-
aerobic conditions is unlikely. The system was assumed to be completely anaerobic due to
the addition of Na,S:9H,0 to the feed medium (Lovley & Lonergan, 1990; Bradfield & Nicol,
2014), as well as the formation of formate during fermentation; the activity of the pyruvate
formate lyase (pfl) enzyme is deactivated by the presence of even small amounts of oxygen

in the system (Schindler, Joshi & Vieille, 2014).

TABLE 6-3 shows the anabolic flux parameters (equation (6-4)), as determined from the glucose
flux values shown in TABLE 6-2, and assuming a standard biomass formula of CH1800.5No.2

(Villadsen, Nielsen & Lidén, 2011: 74). The parameters were calculated using equations (6-6)
to (6-9).
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_ yobs _ _Cx (6-6)
7.74 — 1Gle,x — AGlC

11— +v,+v3) (6-7)
Yx,NS =1-
Uy
2 1 1 6-8
. NADHproduced - NADHconsumed _ §U2 + §U3 B §U1 ( )
Yynabu = Va B Uy

5 2 2 -

ops _ ATPproduced gVit3V2+3V3 (6:9)
Yoarp = =
V4 V4

TABLE 6-3 shows that as the total flux (va) of biomass increases with increasing D, the fraction
of that flux from NS increases, with a corresponding decrease in Yxcic (Yxns + Yxcic = 1). This
observation indicates that as D increases, a larger fraction of glucose is consumed cataboli-
cally, with a corresponding increase in reliance on NS as building blocks for biomass. TABLE 6-3
indicates that the Yy napH Was consumed throughout. However, the absolute values decreased
continuously with increased D. The final column in TABLE 6-3 reports the ATP consumption per
C-mol biomass produced and indicates a decreasing requirement for ATP per C-mol biomass,

with increasing D.

Table 6-3: The anabolic flux parameters (equation (6-4)) as calculated from glucose fluxes (TABLE 6-2), using
equations (6-6) to (6-9).

Run D Vs Yins Yx,nADH Yy, arp?Ps
no. (h?) (C-mol/C-mol) (C-mol/C-mol) (mol/C-mol) (mmol/C-mol)

1 010 0.21 0.42 -1.04 2658

2 019 0.25 0.64 -0.74 2282

3 029 0.30 0.64 -0.31 1815

4 0.35 0.31 0.41 -0.24 1673

5 049 0.25 0.52 -0.54 2210

6 0.71 0.44 0.84 -0.20 1299

7 080 0.58 1.00 -0.40 1182

The observations in the final two columns (decreasing ATP/NADH requirements with increas-
ing D) could very well be linked to the relationship between biosynthesis and ATP/NAD(P)H

requirements, i.e. the synthesis of amino acids, peptides and proteins requires significant
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amounts of ATP/NAD(P)H (McKinlay et al., 2007; Villadsen, Nielsen & Lidén, 2011: 40). With
an increased reliance on NS for biomass production, a corresponding decrease in
ATP/NAD(P)H would be expected (Benthin et al., 1994; Villadsen, Nielsen & Lidén, 2011: 40).
Alternatively, the possibility of an alternative oxidising agent being present in the NS cannot
be excluded. In contrast to an aerobic system in which the pfl is effectively deactivated by
oxygen, it was shown that the activity of the pfl enzyme, in the presence of alternative oxida-
tion sources such as dimethyl sulphide oxide (DMSO) or yeast extract, was not affected sig-

nificantly (Carvalho et al., 2014).

The observation of NADH requirement during biomass formation within a system containing
yeast extract as an NS has been observed for the growth of A. succinogenes (Vlysidis et al.,

2011; Carvalho et al., 2014) as well as for L. rhamnosus in YE-rich media (Brink & Nicol, 2014a).

FIGURE 6-3 reports the SA volumetric productivity (gsa) and SA specific productivity (rsa), i.e.
productivity based on cell mass. The gsa obeys the expected behaviour by reaching a maxi-
mum of 1.8 g.Lth'! at an intermediate D of 0.5 h™. The specific productivity is expected to fit
a straight line where the slope gives the growth-associated yield coefficient of SA on biomass
(Yxsat™e) (Villadsen, Nielsen & Lidén, 2011: 289). The data fit a straight line reasonably well (r?

=0.84) if the value at D = 0.49 h! is ignored. The straight-line fit is given as:

rsq = 0.71D + 0.31 (6-10)
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, A Volumetric
,g Specific >
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Figure 6-3: Volumetric (gsa) and specific (rsa) production rates of SA in the chemostat system against dilution
rates. The gsa results follow the expected trend, with a maximum at a D = 0.5 h™L. The rsa results were used to
determine the growth- and non-growth-associated SA production.
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The growth-associated ATP consumption (Yxatpt™®) can be determined using a method similar
to that shown above, by plotting the specific rate of ATP consumption (rarp) against D. The
values for Yy atp°P* were the same as those in TABLE 6-3, converted to units of mmol ATP.(g x) 2.
This conversion involved the division of the value of Yxarp®® in TABLE 6-3 by the mass per C-
mole of biomass, i.e. 24.6 g.C-mol* (Villadsen, Nielsen & Lidén, 2011: 74). The rate is plotted
against D in FIGURE 6-4 and shows that the straight-line regression (equation (6-11), r?> = 0.98)
fitted the experimental data significantly better than that for the rsa (equation (6-10)), if the
D = 0.49 h! point is ignored. The experimental point at D = 0.49 h is possibly an outlier,

because there was only one experimental measurement at this condition (TABLE 6-1).

Tarp = Y255pD = 36.4D + 10.4 (6-11)

In addition, the theoretical rare is plotted against D. This line was derived from work done by
McKinlay et al. (2007) in which a total Yxarr = 46.9 mmol/g was calculated from metabolic
flow towards A. succinogenes biomass formation in a batch fermentation using minimal me-
dia. The rate,theoretical line is very close to the values obtained in this study, considering that the

McKinlay et al. (2007) study represents batch flux results in a minimal medium.

Since maintenance or non-growth production of SA is considered to be prominent under con-
ditions where cell growth has ceased (see Section 2.3.2 on page 2-34), it is important to es-
tablish the maintenance contribution concurrent with growth that is prevalent in the chemo-
stat. Estimates of the maintenance production of SA (msa) and the maintenance consumption
of ATP (marp) can be obtained from the y-axis intersection of the linear fit on FIGURE 6-3 and
FIGURE 6-4 respectively (Villadsen, Nielsen & Lidén, 2011: 174, 289). The estimated values of
msa = 0.31 g.g.h" and mare = 10.4 mmol.g1.h™! correspond well with values from the litera-
ture: a value of msa = 0.299 g.g'*.h'! was estimated by Lin at al. (2008) for A. succinogenes
during batch fermentations and values for mare = 2-18 mmol.g1.h"* have been reported for
various bacterial species (Villadsen, Nielsen & Lidén, 2011: 176, 179). The values of these
maintenance parameters are significant when compared with the total SA production rate/

ATP consumption rate.
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Figure 6-4: The experimentally determined rate of catabolic ATP production during fermentation vs. the
dilution rate in the chemostat system. From the linear regression of the data, the ATP requirements for
biomass synthesis (slope) and the maintenance (intercept) were detemined. In addition, the theoretical ATP
requirements of A. succinogenes in a minimal medium (McKinlay et al., 2007) are shown.

In order to quantify the growth inhibition, p (or D for a chemostat) is plotted against the SA
titre in FIGURE 6-5 and compared with the data cloud given in FIGURE 2-5. It should be noted
that SA is not the only inhibitor and that the other acids (AA and FA) also contribute to growth
inhibition (Corona-Gonzalez et al., 2010). Due to the observation that the by-product rela-
tionships exhibit a consistent trend with D, the choice of the inhibition variable is irrelevant.
The chemostat data compare remarkably well with batch data from the literature, with the
severity of inhibition being clearly evident. Equation (6-12) represents a fit (r> = 0.98) of the
chemostat data using a Gompertz asymmetrical sigmoid function (Gompertz, 1825), which
incorporates the pmax of 0.83 h'! and the gradual tailing of the data cloud beyond the highest
measured SA titre (Csa) of this study. This pmax value corresponded well to the value of 0.80

to 0.85 h™! established from FIGURE 6-1.

u = 0.83exp(0.093(1 — exp(0.5Cs,4)) (6-12)

It is evident from FIGURE 6-5 that growth inhibition is severe since the growth rate is reduced
eightfold by merely increasing the SA titre from 0 g.L ! to 7 g.L't. The asymptotic behaviour
of the inhibition function beyond an SA titre of 14 g.L! is uncertain, but it is evident that

growth beyond this point is extremely slow. This supports the notion presented by Maharaj,
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Bradfield and Nicol (2014) that high titre production of SA (SA > 15 g.L!) is predominantly

maintenance driven.

0.9

0.8

—— 1 =0.83exp(0.093(1-exp(0.5Csp)))
Data Cloud
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Figure 6-5: The specific growth rate as a function of SA titre to determine the influence of product inhibition
on the growth rate in the chemostat system. The results were fitted by equation (6-12) and indicate the
extreme inhibition experienced by the microbe as a result of the Csa. The blue “data cloud” represents data
from from the literature shown in FIGURE 2-5.

6.3 Biofilm analysis

6.3.1 Results obtained from continuous runs

The experimental procedures used during the continuous biofilm runs are summarised in TaA-
BLE 4-3 (Section 4.5.1 on page 4-11). For the biofilm runs, 11 separate steady-states were
achieved for each of the shear velocities (0.09 m.s* and 0.36 m.s?) and for all of these runs
both the total biomass and the cellular biomass (EPS removed) content were quantified. The
dilution rates in the respective shear runs ranged from 0.51-2.2 h! for the 0.09 m.s* runs,
and between 0.44 and 2.6 h! in the 0.36 m.s™* runs. The measurements for the 11 steady-

states obtained in the 0.09 m.s! and 0.36 m.s* runs are reported in TABLE 6-4 and TABLE 6-5

respectively.

For most of the steady states at a recycle velocity of 0.09 m.s?, the suspended biomass was
not detected and a clear effluent was observed, although significant biomass concentrations

were observed in runs 3 and 10. The suspended biomass measured in the higher shear 0.36
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m.s! runs was slightly higher than that for the lower shear conditions. For both shear condi-
tions, these occurrences appeared unrelated to D and were rather associated with natural

biofilm-shedding phases.

Table 6-4: Results from the continuous biofilm runs at a shear velocity of 0.09 m.s™!

051 055 061 071 093 098 1.0 1.7 1.9 1.9 2.2
149 190 188 265 283 231 210 310 349 335 304
261 219 228 151 131 152 171 111 6.78 838 112
18.2 156 159 113 9.72 104 123 741 4.47 529 7.67
556 512 529 340 323 421 459 263 190 223 279
226 244 247 129 164 286 3.01 175 142 169 1.76
0.0 0.0 1.0 0.2 0.2 0.0 0.0 0.0 0.0 0.8 0.0
261 289 283 155 150 170 273 17.0 13.2 253 257

13.5 189 16.7 838 8.2 99 175 84 3.4 51 129

(o]
(92}

89 88 91 93 93 95 86 92 88 90

o
w

3.0 3.0 3.3 3.0 2.5 2.7 2.8 2.3 2.4 2.7

Biofilm build-up is gradual and most of the biofilm is a former metabolic product that devel-

oped before steady state was achieved. The observation that the cellular fraction (Cxt*/Cxt)
measured during the higher shear run (average 0.84 + 0.02 from TABLE 6-5) was higher than

that during the lower shear run (average 0.50 £ 0.05 from TABLE 6-4) could indicate that the
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biofilm characteristics change as a result of the shear. This is supported by the model pro-
posed by Van Loosdrecht et al. (1995; 2002) in which it is suggested that the biofilm changes
from a thicker, heterogeneous to a thin homogeneous configuration as shear increases (see
Section 2.1.1.3 on page 2-5). This observation correlates with the increase in the predicted
EPS fractions with a decrease in shear velocities in the two-phase biofilm system using L.

rhamnosus (TABLE 5-2 in Section 5.2.3 on page 5-9).

Table 6-5: Results from the continuous biofilm run at 0.36 m.s™

044 075 0.77 0.82 1.0 1.2 1.2 14 1.6 2.0 2.6
136 207 221 289 254 241 253 233 283 329 359
267 196 186 120 164 17.1 155 180 127 8.86 6.0
176 13.7 128 7.55 9.5 115 965 109 750 467 335
631 548 456 336 418 401 436 431 372 256 183
379 332 213 250 319 202 346 293 3.08 214 1.40
0.34 1.1 1.2 1.7 033 069 0.38 1.7 0.48 060 1.16
142 220 152 116 189 178 166 142 296 27.7 211
11.0 169 126 103 154 165 11.7 135 244 244 19.0

(o]
(e)]

95 89 90 83 86 91 82 92 87 88

N
(6

2.5 2.8 2.3 2.3 2.6 2.2 2.5 2.0 1.8 1.8

060 061 047 074 076 047 079 068 083 084 0.8

A possible explanation for the significant drop in growth during the biofilm work is the ex-

treme growth inhibition as a result of the product formation in the bioreactor (FIGURE 6-5).
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This is consistent with observations made in the literature with regard to biofilms of A. suc-
cinogenes at high (> 10 g.L!) SA titres (Van Heerden & Nicol, 2013; Bradfield & Nicol, 2014;
Maharaj, Bradfield & Nicol, 2014).

As a result, the suspended biomass was not included in the mass balance checks as most of
the experimental results were obtained at SA titres of more than 10 g.L! and it was shown in
TABLE 6-3 that most of the carbon directed towards biomass is sourced from the NS. Mass
balance checks on steady-state conditions averaged 90 + 1% for the 0.09 m.s* runs and
89 + 1% for the 0.36 m.s! runs. The mass balance was calculated using a “black box” mass
balance as described by Villadsen, Nielsen and Lidén (2011: 96). A more comprehensive dis-

cussion on the mass balance method used can be found in Section B.x on page B-13.

The lower-than-expected mass balances were observed in A. succinogenes biofilm experi-
ments in the literature (Van Heerden & Nicol, 2013; Bradfield & Nicol, 2014; Maharaj,
Bradfield & Nicol, 2014). The black box mass balances determined from these studies and
from the current study are shown in FIGURE 6-6. It can be seen that the mass balances were
approximately 10% under the expected value for nearly all the measurements. This indicates

that an additional undetected catabolic fermentation product is likely in the outlet stream.

A probable candidate for this unknown catabolic product is pyruvic acid (PA), as this product
has a high-performance liquid chromatograph (HPLC) peak at the same time as glucose, which
means that it would be obscured for runs in which incomplete glucose conversion was ob-
served. In addition, the production of PA could account for the additional NADH required for

the observed SA/AA ratios above 3.93 g.g* (Section 2.3.4).

The production of PA involves a net production of NADH (equation (6-14)), while the produc-
tion of SA involves a net requirement of NADH (equation (6-1)). In this study, as well as the
studies by both Bradfield and Nicol (2014) and Maharaj, Bradfield and Nicol (2014), a net
NADH requirement was observed; the SA/AA ratios were significantly higher, for Csa>10g.L7,
than the maximum possible value of 3.93 g.g™! during complete pdh/fdh production of AA.
This indicated an additional source of NADH as the pdh/fdh route could not account for the
additional NADH requirement during the SA production (see Section 2.3.4 on page 2-36 for

an in-depth discussion on the respective studies).
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Figure 6-6: Black box mass balances for this study as well as results from the literature (Van Heerden & Nicol,
2013; Bradfield & Nicol, 2014; Maharaj, Bradfield & Nicol, 2014). The mass balances were calculated using
equation (B-26) (Section B.x on page B-13).

The data in this study were limited to relatively low Csa values. This was mostly a result of the
extremely large D values used during the fermentations (Section 4.5.1 on page 4-11), as well

as of the limited biofilm fermentation periods (Section 4.5.2 on page 4-12).

6.3.2 Results obtained from batch runs

In addition to the continuous fermentation results obtained, four separate batch runs were
completed. The experimental methodology, including the biofilm growth, batch initiation and

sampling method, is discussed in more detail in the BATCH OPERATION section on page 4-13. The

measured concentrations from the individual batch runs are summarised in FIGURE 6-7.

The batch results (FIGURE 6-7) indicate that extremely high SA titres (Csa) were measured inside
the reactors during batch operation. The highest Csa = 72 g.L'! was measured during Batch 3.

However, maximum Csa > 60 g.L 't was measured for Batches 1 and 2, and maximum Csa = 55
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g.L! for Batch 4. These results are supported by the measured Csa = 68.4 + 0.2 g.L* during A.

succinogenes batch runs in a fibrous bed bioreactor performed by Yan et al. (2014).

The results in FIGURE 6-7 were, however, subject to dilution as a result of the NaOH dosed to
control the pH, as well as the periodic removal of reactor volume due to sampling, which
increased the diluting effect of the NaOH. The actual masses of produced SA (msa) were cal-
culated by converting the concentration values to mass values while taking the removal of

sample volume from the reactor into account (equations (B-27) and (B-28)); the results are

shown in FIGURE B-11.
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Figure 6-7: Concentration measurements obtained during the 4 individual batch runs. The figure shows the
measured concentrations of Glc (Caic), SA (Csa), AA (Can), and FA (Cra) measured at different fermentation times
during the respective batch runs.

In addition to the measured concentrations as shown in FIGURE 6-7, the NaOH dosing was
logged as a function of fermentation time and is shown in FIGURE B-10 (Section B.x/ on page

B.xi). The adjusted results from FIGURE 6-7, using equations (B-27) and (B-28), were correlated

to the accumulated NaOH dosing. This correlation is shown in FIGURE B-11 (Section B.x/ on

page B-14) and indicates a distinct increase in mass of SA produced with increasing NaOH
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dosed. This is a result of the increased yield of SA to glucose, with increasing fermentation

time, as can be seen in FIGURE 6-7.

Combining the NaOH dosing, shown in FIGURE B-10, with the correlation of the SA production
against NaOH dosing (FIGURE B-11) and dividing the results by an average reactor volume over
all the batch runs (49.6 + 1.4 mL) yielded FIGURE 6-8, a representation of the true SA produced
over time. Using this figure it was possible to determine the production rate of SA within the

batch reactor more accurately than using the results from FIGURE 6-7.

An important observation from FIGURE 6-8 is the significant correspondence between the SA
produced in Batches 1, 3 and 4, indicating almost identical production rates over time,
whereas the SA produced in Batch 2 was slightly higher, possibly corresponding to the higher

cellular mass and the longer biofilm growth period in Batch 2 (TABLE 4-4).
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Figure 6-8: The resulting SA production profiles over time as determined using equations (B-27) and (B-28)
and applied to the NaOH dosing profiles as shown in FIGURE B-10. The figure clearly shows that Batch 2 had
the highest productivity, while Batches 1, 3 and 4 produced nearly identical SA amounts. It should be noted
that the concentrations shown in this figure do not represent the measured concentrations, but rather the
calculated masses of SA per average volume of reactor.

6.3.3 Production characteristics

Productivity is considered an integral part of bioreactor design as this quantifies the utilisation

of the production capacity. Productivity in bioreactors is generally categorised according to
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the basis used in the rate expressions. To determine the intrinsic properties of the microbial
species within the biofilm, it is required that the specific production rate (rp) be determined.
This property is based on the cellular biomass in the reactor and gives information on the
energetics, growth rates and sensitivity to the environment of the specific organism under

consideration (Villadsen, Nielsen & Lidén, 2011: 179).

In contrast, the most commonly used basis is the total reactor volume with the corresponding
volumetric production rate (qe) defined as the mass of product formed per volume of reactor
per time. The use of the volumetric production rate to measure the reactor productivity facil-
itates the design of the reactor, which is in most cases based on volumetric considerations

(Villadsen, Nielsen & Lidén, 2011: 390).

Specific/Cell-based productivity

The cell-based productivity (rp) in this study was determined after base hydrolysis and re-
moval of the EPS from the biofilm biomass (Section 4.5.9 on page 4-17). This was done in
order to determine the specific rates of SA production based on the cellular biomass (rsa*),
and therefore the intrinsic production capabilities of the bacteria within the biofilm. The rsp*
measured for the two different shear conditions in the biofilm reactor, as well as the rsa as

determined from the chemostat runs (the product of equations (6-10) and (6-12)), are shown

in FIGURE 6-9.

FIGURE 6-9 indicates a distinct split between the rspa* of the two different shear conditions for
Csa < 10 g.L'%, while for Csa > 10 g.L the rsa* appeared to meet and subsequently continued
within the same band of values. The reason for the split between the rsa* values is unsure:
the cell-based productivities for the 0.09 m.s* scenario are much higher than predictions from
the chemostat analysis and this raises the question as to whether the EPS that was removed
contained active cellular material. However, the abnormally high rates occurred only in the
growth region (Csa < 10 g.L1), whereas the results for the maintenance region (Csa > 10 g.L'%)
followed the same trend in both the 0.09 m.s* and 0.36 m.s* runs. The experimental results
from the 0.09 m.s* run were fitted by an exponential decay function that was positively dis-

placed on the rsp*-axis (equation (6-13)). This displacement of 0.59 g.L1.h! represents the

6-18

© University of Pretoria



&
&
uuuuuuuuuuuuuuuuuuuuuuu
UNIVERSITY OF PRETORIA
Q=P YUNIBESITHI YA PRETORIA

maintenance production of SA by the organism (msa*) for Csa > 10 g.L%, as can be seen in

FIGURE 6-9.
rsq * = 7.4exp(—0.3Cs,) + 0.59 (6-13)
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Figure 6-9: Specific production rate of cellular biomass (EPS removed) as a function of SA concentration, with
an exponential fit to the results from the 0.09 m.s run. The exponential fit was displaced on the rsa*-axis by
a value of 0.55 g.L™1.h, representing the maintenance SA production of the biofilm. In addition, the figure
shows the chemostat rsa, determined by multiplying equation (6-10) by equation (6-12). The rsa of the chemo-
stat clearly displays the msa =0.31 g.L"L.h  for Csa > 7 g.L'.

FIGURE 6-9 shows that as the Csa >> 10 g.L?, the cells tend to produce SA mostly via mainte-
nance or non-growth metabolism. This result corresponds to the observations made by
Maharaj, Bradfield and Nicol (2014), as well as those of Bradfield and Nicol (2014) who found
that at significantly high Csa, the growth ceases and most of the SA production is linked to
maintenance metabolism. This means that the cellular biomass produces the minimum
amount of product, and therefore ATP, in order to maintain the basic cellular functions, while

growth of biomass, i.e. multiplication and biomass production, is discontinued.

Comparison of the biofilm rspa* with the chemostat rsa (FIGURE 6-3) shows that the biofilm
maintenance productivity was significantly higher (msa* = 0.59 g.g1.h!) than the msa = 0.31
g.gl.h! as measured in the chemostat system (equation (6-10)). This could indicate an in-
creased maintenance requirement of cells in the biofilm, possibly as a result of biofilm con-

servation. It should, however, be noted that the values of msa and msa* are extremely reliant
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on the experimental fits as shown in FIGURE 6-3 and FIGURE 6-9, and can therefore be signifi-

cantly affected by the assumptions used. An example is the assumption that the biomass in
the chemostat was virtually EPS-free and therefore represented the cellular biomass. If the
biomass contained a fraction of EPS, then the rsa for the chemostat would increase, moving
closer to the msa*. Alternatively, the positive displacement along the rspa*-axis might be less
than fitted using the available experimental data, leading to a lower asymptote and a value

closer to the msa measured in the chemostat.

The ratp* was analysed to determine how the maintenance ATP requirements for cellular
mass compared between the chemostat and biofilm reactors. The ATP in the biofilm was de-

termined using equations (6-1) to (6-3) and (6-14), which assume that the mass imbalance as

shown in FIGURE 6-6 is accounted for in the production of pyruvic acid.

1 1 (6-14)
vs: CH,0 (Glc) — CH30 (PA) +3NADH + 3 ATP

The ratp* against Csa is shown in FIGURE 6-10 and indicates the dependence of the rarp* on the
Csa. This figure is similar to FIGURE 6-9, which could be expected considering that SA is the main
product during fermentation. The data from the 0.09 m.s™* runs were fitted using an expo-
nential decay curve, similar to equation (6-13), that was positively displaced along the rarp*-
axis (equation (6-15)). In the case of FIGURE 6-9 it was assumed that the displacement repre-
sents the msp* = 0.60 g.g1.ht. Therefore, in this case it was assumed that the displacement

represented the mare* = 16.1 mmol ATP.g1.h2.

TATP * = 217exp(—03C5A) + 161 (6'15)

The mare* = 16.1 mmol ATP.g.h"! indicates the minimum energy requirements per gram of
dry cellular mass, i.e. without EPS. As was the case for the rsa* (FIGURE 6-9), the chemostat
maintenance was determined to be lower than the biofilm maintenance, possibly as a result
of energy requirements for biofilm preservation. However, if the assumption was incorrect
that all chemostat biomass was EPS-free and therefore represented the total biomass, then

the ratp would increase with a corresponding increase in the marp.
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Figure 6-10: The catabolic ATP production calculated from the product distributions using equations (6-1) to
(6-3) and (6-14), divided by the cellular biomass (x:*) measured during fermentations, plotted against the Csa.
The data for the 0.09 m.s run were fitted using an exponential decay curve with displacement on the rarp*-
axis, representing the marp*. The marr = 10.4 mmol.gl.h?! are shown as a comparison between the
maintenance requirments in the batch system and in the biofilm reactor.

In order to test the influence of high Csa on the transient behaviour of rsa*, the batch rsa*
values were plotted together with the fit obtained from the 0.09 m.s™ runs (equation (6-13))
in FIGURE 6-11. Interestingly, the initial rsa*values for the respective batch runs, i.e. the steady
state values after the continuous biofilm growth period, corresponded well with the fit ob-
tained in the 0.09 m.s! biofilm runs. The figure indicates that the rsa* in the batch system
maintained higher values than that in the continuous reactor, up to Csa values of 40-45 g.L ..
This indicates a significant lag in the inhibition of the SA production in the batch system. The
individual batch runs initially followed considerably different paths, generally maintaining a
constant rate with increasing Csa, up to a Csa of between 20 and 35 g.L%, depending on the
specific batch run considered. At Csa > 20-35 g.L'}, the rsa* started declining linearly with
increasing Csa. The rsa* values from the four batch runs “met” at around 40-45 g.L! at
approximately 0.59 g.g1.h, the same point where the batch data cross the predicted msp*
value. For Csa > 45 g.L'%, all the batch rsa* values continued within a narrow band. This eventual
decrease in rsp®* values might represent the eventual product inhibition of the rsa* of A.
succinogenes, with termination of production at Csa values between 60 and 70 g.L. This

observation is supported by the results in the literature on A. succinogenes — maximum titres
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of 64 g.L'! and 68 g.L™* were measured during continuous and batch biofilm fermentation
respectively (Yan, Zheng, Dong, et al.,, 2014; Yan, Zheng, Tao, et al.,, 2014). The authors
estimated a critical Csa of approximately 60 g.L?, using a lerusalimskii inhibition function
(Egamberdiev & lerusalimskii, 1968), after which the SA inhibition of the organism increased

disproportionately, effectively “choking” the organism’s ability to metabolise glucose.
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Figure 6-11: The specific rate of SA production based on cellular biomass (rsa*) plotted as a function of Csa.
This figure also shows the fit to the 0.09 m.s? biofilm runs, shown in FIGURE 6-9; it is significant to observe the
similarities between the fit and the steady-state values measured at the initiation of the respective batch
runs. Interestingly, the rsa* start at different initial rates, yet converge and follow similar values for Csa > 45

gLt
Volume-based productivity

FIGURE 6-12 and FIGURE 6-13 show the volumetric production rates of various continuous stud-

ies from the literature as well as the results obtained in this study against dilution rate (FIGURE

6-12) and Csa (FIGURE 6-13). FIGURE 6-12 and FIGURE 6-13 show that the volumetric production

rates appear to be bounded from above. In the case of FIGURE 6-12 this boundary appears to
continue increasing with increasing D. Arguably the maximum value measured in FIGURE 6-12
of 17.1 g.L'2.h! could indicate the maximum production rate possible and also indicate a sub-
sequent decrease in gsa with increased D. However, within the scope of industrial application,
the measured SA titre of 7.67 g.L* at this qsa (FIGURE 6-13) is far below that required by indus-

try and therefore the interest lies in the region of higher SA titres, i.e. on the right hand side
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of FIGURE 6-13. In this region the data appear to decrease constantly, with a boundary de-

scribed by a hyperbolic function (equation (6-16)).

max 170 (6-16)

qsa —E

Due to a lack of experimental data, equation (6-16) is only applicable in the region 10 g.L! <
Csa < 58 g.L'%; it is uncertain whether the productivity maintains the same boundary outside
of these Csavalues. The result from Yan et al. (2014) showed a marked decline in productivity
ata Csa>58 g.L1. However, it cannot be ascertained with certainty whether this is representa-

tive of the gsa™* boundary.

The data appear to have a boundary of minimum gsa-values, which are designated by the
chemostat values (FIGURE 6-3). It is important to observe the marked difference between the
maximum and minimum gsa values measured during the chemostat operation; it appears that
a continuum of possible gsa values is likely within these extreme values. The specific values of
the gsa for the respective studies appear to be dependent on the specific reaction system and
on the support structure used for biofilm growth. The various studies (Van Heerden & Nicol,
2013; Bradfield & Nicol, 2014; Maharaj, Bradfield & Nicol, 2014; Yan, Zheng, Tao, et al., 2014)
seemed to concentrate within particular regions within the continuum. These individual re-
gions appeared mostly unaffected by dilution rate (FIGURE 6-12) and Csa (FIGURE 6-13) as the
gsa values remained relatively constant as a function of both D and Csa, while the boundary

values of gsa (qsa™®) were observed to have a strong dependence on Csa.

Equation (6-16) illustrates the strong correlation between the upper bound of gsa and Csain
the reactor, hinting at significant product inhibition of the cells in the biofilm. This was inter-
esting as gsa are based on reactor volume and therefore inhibition as a result of Csais an indi-
cation that there might be a global control mechanism controlling the SA production (see the

section on GLOBAL MICROBIAL REGULATION on page 2-8).
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Figure 6-12: Volumetric productivities of A. succinogenes continuous studies from the literature (Van Heerden
& Nicol, 2013; Bradfield & Nicol, 2014; Maharaj, Bradfield & Nicol, 2014; Yan, Zheng, Tao, et al., 2014), as well
as results from this study, against dilution rate. The figure shows that the results appear to be bounded within
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Figure 6-13: Volumetric productivities of A. succinogenes continuous studies from the literature (Van Heerden
& Nicol, 2013; Bradfield & Nicol, 2014; Maharaj, Bradfield & Nicol, 2014; Yan, Zheng, Tao, et al., 2014), as well
as results from this study, against Csa. A productivity boundary, described by equation (6-16), was fitted to
the results. It appears that the gsa for specific studies remained relatively “flat” as a function of the Csa.

By comparing the rsp* (FIGURE 6-9) and gsa (FIGURE 6-13) against the Csa, it was observed that
the rsa* values followed significantly clearer trends and remained within narrower bands of
results as opposed to the gsa values measured. However, looking at the general shape of the

gsa results in this study (FIGURE 6-13), it appeared that under biomass growth conditions, i.e.
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for Csa < 10 g.L both the shear runs exhibited a decrease in gsa from a maximum at around
10 g.L%, with a decrease in Csa. This section of the figure corresponded to the section of the
rsa® curve (FIGURE 6-9) in which a clear split in the rsp™ values was observed; the rsa* of the
0.09 m.s? runs increased exponentially with decreasing Csa, while that of the 0.36 m.s™ runs
decreased, from about 1.0 g.g.h"! to about 0.5 g.g*.h", with decreasing Csa. The 0.09 m.s*!
runs had a significantly lower amount of xt* (TABLE 6-4) when compared with the 0.36 m.s
runs (TABLE 6-5): values of x¢* = 3.4-12.9 g.L'! were reported in the 0.09 m.s™* runs for Csa < 10
g.L'%, while values of xt* = 15.4-24.4 g.L'* were observed in the 0.36 m.s™* runs for Csa < 10
g.LL. This indicates that the gsa is not a function of the total biomass amount in the system

under growth conditions.

For Csa> 10 g.L%, the gsa exhibited a much greater spread in values, from a minimum of about
8 g.L'1.h"T up to the maximum described by equation (6-16), while the rsp* for both shear runs
(for Csa> 10 g.L!) followed the exponential decay curve (equation (6-13)) up to the maximum
measured Csa = 18.2 g.L'. This shows that gsa is a function of the biomass in the system up to
the maximum gsa, because the cellular biomass appears to produce SA at the same rsa*, while
the gsa fluctuates depending on the cellular biomass. The observation that the rsa* values
were the same for both shear conditions, although the gsa values were bounded from above,
indicated that the maximum amount of cells in the reactor was limited and therefore any
additional cells were expelled. This conclusion concurs with the observation that the rsa* fol-
lowed equation (6-13), irrespective of the gsa or Csa. The maximum x:* can be determined as
the quotient of the gqsa™® and the rsp*, because the relationship between gsa and rsp™ is the
xt*. Therefore x:* can be calculated using equation (6-17), which is the quotient of equations

(6-16) and (6-13).

qs* 170 1 . 617)
Xt Tsa Csq 7.4 exp(—0.3Cs4) + 0.59 for Csa g

The graphical representation of this equation and the maximum gsa values from the experi-

mental results (TABLE 6-4 and TABLE 6-5) are shown in FIGURE 6-14. This figure shows that the

range of the x¢* is predicted reasonably well (between 14 and 18 g.L!) and indicates that the

x:* values are controlled within a specified range by the Csa in the reactor.
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Figure 6-14: Graphical representation of equation (6-17) against Csa, in comparison with the gsa™* measured
in the 0.09 m.s'! and 0.36 m.s runs. The graph shows that equation (6-17) predicts the range of x{™®* reason-
ably well.

In order to determine whether the same inhibition effect as in the continuous reactor systems
was present in transient systems, as shown in FIGURE 6-13, the gsa of the batch systems, to-
gether with batch results from Yan et al. (2014), were plotted against the measured Csa in the
respective systems (FIGURE 6-15). The batch gsa results from this study were calculated as the
slope of the respective curves in FIGURE 6-8, while the Csa values were interpolated from the

measured Csa values in FIGURE 6-7.

Most of the batch gsa results remained within the continuous gsa boundary (equation (6-16)).
However, the gsa of Batch 2 appeared to cross the gsa boundary due to a significantly higher
gsa at the initiation of batch conditions. As was the case in the batch rsa* results as shown in
FIGURE 6-11, the gsa values remained almost constant as the Csa increased to values between
20 and 40 g.L}, depending on the specific batch considered. The gsa then almost linearly de-
creased with increases in the Csa up to a Csa value of between 60 and 70 g.L%, at which point
the gsa apparently terminated. This might indicate that the productivity boundary abandons

the hyperbolic shape and drops to a productivity close to zero, for Csa > 60 g.L ™.
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Figure 6-15: Volumetric productivities of batch runs from the literature (Yan, Zheng, Tao, et al., 2014) and
results from this study. In addition, the gqsa™* boundary, as described by equation (6-16), is shown. The results
remain largely within the gsa boundary, except for Batch 2 which overshoots slightly. The results appear to
support the observation that the production terminates at a Csa between 60 and 70 g.L.

These results indicate that the biofilm experienced a lag in reacting to the Csa increase in the
biofilm reactor. It was apparent that the batch work done by Yan et al. (2014) followed very

nearly the same trend as observed in the batch work done in this study.

It is interesting to observe the comparison between the rsa* (FIGURE 6-11) and the qsa (FIGURE
6-15) as a function of Csa. The rsa* values started on the line representing equation (6-13). As
the Csa increased, the rsa* remained largely constant until Csa values of between 15 and
25 g.L%, were reached, at which point the product inhibition appeared to start affecting the
rsa®. All the rsp™* values then decreased linearly, with about the same slope, combining at Csa
of approximately 40-45 g.L'* and continuing with this trend until the rspa* terminated at a Csa
of approximately 60-70 g.L'X. The nearly equal values of the rsa* at Csa > 45 g.L! indicate that
at these values the cellular biomass in the batch reactors produced SA at equal rates per gram
of biomass. Therefore, as was the case in the continuous runs, the qgsa for Csa > 45 g.L™* was
dependent only on the total x:* present in the reactor. However, for the Csa values from the
batch initiation until Csa = 45 g.L%, the rsa* values were more dependent on the initial rsa*

value, i.e. at initiation of the batch run. This meant that Batch 4, which had the lowest initial
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Csa value, started at the highest rsa*. Due to the lag in the product inhibition observed in the
batch reactor, the high rsa* was maintained and therefore the average rsp* was significantly
higher than in the equivalent continuous reactor. The reason that Batch 4 had the lowest gsa
was a result of the extremely low x:* in the reactor. In the case of Batch 2, the measured gsa
crossed the gsa™* boundary as a result of the lag in inhibition observed for Csa up to 30 g.L™.
However, Batch 2 did not show a significantly high rspa* due to a high initiation Csa (equation
(6-13)). This means that the high observed gsa was a result of the high x:* value in the reactor.
From this observation it was concluded that if Batch 4 had had an x:* of larger magnitude,
e.g. the maximum x:* predicted by equation (6-17), the gsa could have been as high as the
gsa™® boundary. From here it could have maintained the gsa and the rsa* for a significant
range of Csa values due to the lag in inhibition. In this case an average qgsa significantly higher

than that in a continuous biofilm reactor would be possible at much higher Csa values.

Assuming that the hypothesis that additional cellular biomass is expelled from the fermenter
during continuous operation, yielding the maximum x:* function shown in FIGURE 6-14 is cor-
rect, it would follow that the maximum x:* function would be exceeded for increasing Csa
under transient conditions. This is due to the fact that the biomass remains constant within
the batch volume and is not expelled as in the case of continuous operation. However, be-
cause the biofilm is grown during continuous operation, the maximum x:* shown in FIGURE
6-14 will be the maximum initial x.* value at which the batch operation could commence. It

is therefore a limiting condition within the fermenter for continuous and batch fermentation.

6.3.4 Metabolic product distribution

The metabolism of A. succinogenes was shown in Chapter 2 (see FIGURE 2-5) and was summa-
rised in equations (6-1) to (6-4). The expected metabolic products are SA, AA, FA and CO3; the
measured concentrations of these products for the current study, as well as from continuous
biofilm studies from the literature (Van Heerden & Nicol, 2013; Bradfield & Nicol, 2014;
Maharaj, Bradfield & Nicol, 2014), are shown in FIGURE 6-16. These results demonstrate the
reproducibility of the experimental results for various different reactor configurations, as a
function of the AGlc. It should be noted that the literature results shown here were generated
using a very similar medium composition, i.e. a rich medium with YE and CSL as nitrogen

sources, and a similar mineral salt composition.
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From FIGURE 6-16 it can be seen that the product concentrations are represented by equations

(6-18) to (6-20). The second term in the second part of equation (6-20) represents the amount

of FA directed towards CO; by the pdh/fdh pathway. Therefore, the theoretical amount of FA
if all fermentation took place via the pfl route would yield the equimolar amount of 0.77 g.g%,
while the amount subtracted from the theoretical maximum would represent the CO; pro-
duced during fermentation.

B { 0.65AGlc, AGlc < 17 g. L™t (6-18)
54 710.92AGlc — 4.2,AGlc > 17 g.L™!

0.29AGlc,AGlc < 17 g. L1 (6-19)

Cas =
44 {0.12AGlc +2.7,AGlc 217 g. L™t

0.77C44 = 0.22AGlc, AGlc < 17 g. L7t (6-20)

Cos = {
F4710.77C44 — (0.17AGIc — 2.4) = —0.08AGlc + 4.48,AGlc > 17 g.L™t

The piecewise-defined functions indicate a change in the metabolism at AGlc > 17 g.L%. This
value corresponds to a Csa = 10 g.L ™t and is therefore an indication of growth and non-growth

metabolism. As shown in FIGURE 6-5, the growth of A. succinogenes ceases at a Csa = 10 g.L2.

Using the correlations as shown in equations (6-18) to (6-20), an attempt was made to eluci-

date the metabolic flux within the bacteria. Initially, the respective yields of the products to
glucose consumption were determined from the correlations by dividing equations (6-18) to

(6-20), as well as the experimental results, by the AGlc (equations (6-21) to (6-23)); this was

to validate the accuracy of the correlations with regard to the yields.

0.65,AGlc < 17 g. L1 (6-21)
Yicsa = 4.2
’ 092 ———,AGlc > 17 g. Lt
AGlc ¢ g
0.29,AGlc < 17 g. L1 (6-22)

Yeic,aa = 2.7
’ A2 4+—,A >17¢g.L71
012 + ACle’ Glc=17g
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0.22,AGlc < 17 g.L™! (6-23)

YGlC FA — 4‘4’8
' —0.08 + ——,AGlc > 17 g.L?
* AGlc ¢ Y

FIGURE 6-17 shows the experimentally determined yields from the correlations (equations

(6-21)to (6-23)), from this study and from the literature (Van Heerden & Nicol, 2013; Bradfield

& Nicol, 2014; Maharaj, Bradfield & Nicol, 2014). From FIGURE 6-17 it can be seen that the
correlation-derived vyield values and the experimentally determined values were in good
agreement (< 10% error) for most of the data. This is significant as any errors in the correlation

could be significantly magnified by using division to calculate the yield values.
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Figure 6-16: Measured concentrations for this study and from the literature (Van Heerden & Nicol, 2013;
Bradfield & Nicol, 2014; Maharaj, Bradfield & Nicol, 2014), as well as empirically fitted curves (equations (6-18)
to (6-20)) against the respective AGlc. The empirical curves show the 10% absolute relative error region.

From FIGURE 6-15 and FIGURE 6-16 it can be observed that during the growth metabolism (AGlc

<17 g.L'Y), the lower shear condition (0.09 m.s™) had a slightly higher Ygicsa (0.63-0.73 g.g™%)

compared with the higher shear condition which had a lower Yegicsa (0.53—-0.63 g.g!). This is
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similar to the metabolic shift as a function of shear velocity observed in FiGURE 5-3 (Sec-
tion 5.2.2 on page 5-5). For the maintenance-driven metabolism (AGlc > 17 g.L?), the distinct
separation between the results disappeared, indicating that the shear conditions played a

significantly smaller role in the metabolism.
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Figure 6-17: Product yield from glucose as a function of the consumed glucose for this study and from studies
in the literature (Van Heerden & Nicol, 2013; Bradfield & Nicol, 2014; Maharaj, Bradfield & Nicol, 2014). In
addition, the theoretical yield curves (equations (6-21) to (6-23)) are shown, as well as the + 10% error regions.

In order to determine the metabolic flux of components within the reactor, a black box com-
ponent balance was performed over the system (Section B.xi1 on page B-16). This was similar
to the black box model shown in Section B.x on page B-13. However, in this case PA was in-
cluded in the calculation due to the significant underprediction when the mass balance was
calculated using only the products SA, AA, FA, CO, and H,O (FIGURE 6-6). The black box model
is described in Section B.xi on page B-16 and the unknown vyields (Yeic,ra, Yco2, YH20) were de-
termined using matrix solution software to solve equation (B-31) by specifying the product

yields calculated from equations (6-21) to (6-23). The results are shown in FIGURE 6-18. This

figure indicates the increase in Ygic,sa, With the corresponding decrease in Yaicaa and Yaicra,

observed in FIGURE 6-17. Interestingly, the theoretical Ygic,pa remained nearly constant (a slight
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increase was observed), supporting the observation that the mass balances were constantly

underpredicted by approximately the same fraction for all values of AGlc.
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Figure 6-18: Yields of all catabolic products as solved from the black box mass balance by solving equation
(B-31). The Yaic,sa, Yaic,aa and Yaic,ra were specified from equations (6-21) to (6-23), while the Yaic,pa, Yer,co2 and
Yaic,H20 were determined from the black box mass balance.

An additional analysis, using the data obtained in FIGURE 6-18, is a flux analysis of the glucose

in the system. Using equations (6-1) to (6-3) and (6-14), the flux of glucose as directed towards

the various products gave a clearer visualisation of the metabolism in the cells within the

reactor. The flux equations are repeated below as a visual aid:

1 1 4 5 (6-1)

vy: CH,0 (Gle) + 5 €0, + 3 NADH — 2 CH30(SA) + 5 ATP

2

2 1 2 2 (6-2)

v2: CHp0 (Gle) » 5 CH,0 (AA) + 5 €O, + s NADH + Z ATP
2 1 1 2 (6-3)

v3: CH,0 (Gle) = 3 CH;0 (AA) + 5 CHy05(FA) + 5 NADH + < ATP

(6-14)

1 1
vs: CH,0 (Glc) - CH%O (PA) + 3 NADH + 3 ATP

The flux distribution within the reactor is shown in FIGURE 6-19, from which it can be seen that
the flux of glucose during the growth phase was almost equally distributed between the for-
mation of AA via the pfl route (v3) and the production of SA (vi). As the growth ceased (at

AGlc > 17 g.L'Y), the distribution of glucose changed, with a significantly larger v1 and a marked
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decrease in the overall production of AA (v2 + v3). The flow of glucose via v3 terminated, while
the total flux of AA via the pdh/fdh route (v2) increased to a value of approximately half of the
original value at the AGlc = 17 g.L'X. The flux of glucose to pyruvate (vs) increased slightly from

about 0.07 g.g* to around 0.1 g.g~.

The slight inflection observed in v, after the point when vs becomes inactive is a result of the
continuously increased v1, as well as a slight increase in the flux of glucose towards excess
CO; production (equation (6-24)). The excess CO; is defined as the amount of CO; predicted
in the black box mass balance that cannot be accounted for in the flux model (equations (6-1)

to (6-3) and (6-14)). The excess CO, was calculated using equation (6-24).

excess CO, = §v2 — §V1 (6-24)

o
o))

o
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Glucose flux distribution (g.g™?)

o
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Glucose consumed - AGlc (g.L?)

\21 Vs V3 Vg — = Excess CO,

Figure 6-19: Flux distribution of glucose directed to SA (vi), AA via pdh/fdh (v2), AA via pfl (vs), PA (vs) and
excess CO2, as determined from the black box mass balance, and calculated using equation (6-24).

The source of the excess CO; is uncertain. However, it could possibly be a result of activity in
the pentose phosphate pathway (PPP), which was found to be active during *3C pathway anal-

ysis performed by McKinlay et al. (2007). The flux model for the PPP is shown in equation
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(6-25). The NADPH can consequently be converted to NADH using the transhydrogenase en-
zyme which was found to be active in A. succinogenes (McKinlay et al., 2007; McKinlay &
Vieille, 2008). According to Bradfield and Nicol (2014), an active PPP is highly desirable within
the metabolism of A. succinogenes as this provides a significant boost in reducing power

(equation (6-25)) and could therefore increase Yaicsa significantly.

CH,0 (Glc) » CO, + 2NADPH
(6-25)
To verify that the source of the CO, was the PPP, an NADH balance was performed over the
system. If the influence of excess CO; production on the overall NADH balance was found to
be insignificant (< 5%), the excess would be classified as experimental/numerical errors. How-
ever, in the case of a significant NADH imbalance (> 5%), this CO; could not be ignored and
might very well play a significant role in the metabolism. FIGURE 6-20 shows the ratio of pro-
duced over consumed NADH. A ratio of one indicates a perfect balance between the produced

and consumed NADH.

From FIGURE 6-20 it can be seen that at low AGlIc, there is an overproduction of NADH. This
overproduction is approximately 2%, with an increase to about 5% at the critical AGlc =
17 g.L™1. An overproduction of NADH is not unexpected within the region where growth is
possible as is has been shown that NADH is required for growth of the bacterium. At AGlc >
17 g.L'! the overproduction decreases to zero and then becomes an underproduction of
NADH. Up to AGlc = 50 g.L'%, the NADH balance was observed to be > 95% of the perfect NADH
balance. This shows that the assumption that PA is produced during fermentation is highly
likely to be correct due to the mass balance and NADH balance which are satisfied by this

component.

An NADH underprediction of greater than 5% was observed for AGlc > 50 g.L™* and an under-
prediction of as much as 10% was observed for AGlc = 60g.L™. This indicates that the PPP
might very well be a significant pathway for additional NADH production. Especially at signif-
icantly high AGlc values, the production of NADH via vs is not sufficient to account for the
increase in SA yield at AGlc > 50 g.L%, and an additional source such as the PPP might also play
a role. This is, however, not certain as the production of PA itself is an educated guess that

needs to be thoroughly tested before the influence of the PPP can be properly estimated.
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Figure 6-20: Ratio of NADH produced to NADH consumed during fermentation, against the glucose consumed,
assuming no PPP activity (equation (6-25)). The line designated “Perfect NADH balance” is the line at which
all NADH produced is consumed within the catabolism.

Assuming that PA was produced in addition to the measured products, namely SA, AA and FA,
the total ATP produced in this study as well as in studies from the literature (Van Heerden &
Nicol, 2013; Bradfield & Nicol, 2014; Maharaj, Bradfield & Nicol, 2014) was calculated from
equations (6-1) to (6-3) and (6-14), and the results are shown in FIGURE 6-21. The PA for each

individual data point was calculated by applying the black box mass balance, as discussed in

Section B.xil on page B-16, to the measurements.

1 1 4 5 (6-1)

v;: CH,0 (Glc) + §C02 + §NADH - gCHgO(SA) + §ATP

2

2 1 2 2 (6-2)

v2: CHp0 (Gle) » 5 CH,0 (AA) +5 €O, + s NADH + Z ATP
2 1 1 2 (6-3)

v3: CH;0 (Gl) = 2 CH,0 (AA) + 2 CH,0,(FA) + S NADH + 2 ATP

(6-14)

1 1
vs: CH,0 (Glc) - CH%O (PA) + 3 NADH + 5 ATP

It should be stressed that the values used in the black box model were the experimental meas-

urements (Csa, Caa, Cra) and not the correlations (equations (6-21) to (6-23)) determined in

FIGURE 6-16. FIGURE 6-21 clearly illustrates that a near-perfect linear fit of the yield of ATP to

AGlc (r? = 0.997) was obtained, Yeicate = 18.9 mmol ATP.(g AGlc). This result is supported by
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the observation in equations (6-1) to (6-3) that the ATP production was nearly equal (5/9 mol
ATP.(C-mol AGlc)™? vs 2/3 mol ATP.(C-mol AGlc)?!) and therefore a change in metabolism in
which more SA is produced with increasing AGlc (FIGURE 6-16) is probably not linked to ener-
getic considerations. If the metabolism change was a result of a change in the energy require-

ments, a significant shift in the ATP yield from AGIc would have been observed.

1200
~ 1000 - Ygicare = 18.9 mmol ATP.(g AGlc)?
|<—( r>=0.997
©
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Figure 6-21: The total calculated ATP produced (equations (6-1) to (6-3) and (6-14)) in this study and in studies
from the literature (Van Heerden & Nicol, 2013; Bradfield & Nicol, 2014; Maharaj, Bradfield & Nicol, 2014). It
was assumed that PA was produced as a by-product and it was calculated by solving the black box model in
Section B.x11 on page B-16. Linear fits of the data and of the + 5% error region are shown.

6.4 Conclusions

This study showed that biofilms of A. succinogenes provide a dual advantage when compared
with chemostat fermentation of the same organism. The volumetric productivities (gsa) of the
reactor during biofilm conditions were as much as an order of magnitude greater than during
chemostat conditions (FIGURE 6-12). This was due largely to significantly higher cellular bio-
mass concentrations in the biofilm reactor than in the chemostat reactor. In addition, a major
increase in the yield of SA on glucose was observed during biofilm operation (Ygicsa >
0.65 g.g™!) as opposed to chemostat conditions (Yaicsa = 0.48 g.g2). The significant increases

in yield were confirmed by other A. succinogenes biofilm studies (Van Heerden & Nicol, 2013;
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Bradfield & Nicol, 2014; Maharaj, Bradfield & Nicol, 2014). With regard to the differences
between shear conditions in the reactor, a significantly higher EPS fraction (0.50 + 0.05 g.g?)
at lower shear conditions, as opposed to the lower EPS fraction (0.16 + 0.02 g.g™!) during the
higher shear runs, was observed during the experiments. This corresponds to the observa-
tions made in Chapter 5 with regard to the predicted decrease in EPS fraction with increasing
shear velocities (TABLE 5-2). However, this change in EPS fraction for the respective biofilm
runs did not represent a significant change in the metabolism, as postulated in Chapter 5. The
difference between the observations in Chapter 5 and those in this chapter are probably a
result of differences between the maintenance and growth metabolisms for the respective
systems. The system discussed in Chapter 5 was a growing system, with biomass being re-
moved and replenished continuously during fermentation. This reflected in the continuous
NADH requirements in the system, and in the changes in metabolism observed as a function

of the shear velocity.

In this chapter, the significant differences in observed metabolism between the chemostat
and biofilm reactors were attributed to metabolic differences as a result of biomass growth
conditions (Csa < 10 g.L%) vs. maintenance conditions (Csa > 10 g.L1). Chemostat fermentation
was, per definition, mostly growth-related, and it was observed that significant amounts of
complex nitrogen sources (NS) were incorporated into the planktonic biomass (TABLE 6-3). A
significant catabolic overproduction of NADH (catabolic NADH produced/catabolic NADH con-
sumed > 1) was observed in the chemostat reactor, indicating that the NADH requirements
for biomass production were substantial. This observation was supported by the growth me-

tabolism described in Chapter 5.

It was shown that the NADH and ATP requirements decreased with increasing reliance on NS
for biomass production, indicating that the NADH/ATP was directed towards amino acid/pro-
tein synthesis (TABLE 6-3). The specific growth function (equation (6-12)) derived for the che-
mostat data is in close agreement with results from the literature (FIGURE 2-5). This growth
function stresses the extreme product inhibition experienced by the organism, and therefore

should be taken into account during initial biofilm growth/development periods.

The rsa* in biofilm reactors, for Csa > 10 g.L', was shown to follow a similar trend (equation

(6-13)), irrespective of the shear conditions in the reactor. The trend illustrated that sessile

cells operate predominantly under maintenance conditions and that the metabolic activity of
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the sessile cell populations (EPS excluded) decreased at higher acid titres. A comparison of
the volumetric production of SA in this study and those from the literature (Van Heerden &
Nicol, 2013; Bradfield & Nicol, 2014; Maharaj, Bradfield & Nicol, 2014; Yan, Zheng, Tao, et al.,
2014) showed that a hyperbolic “productivity boundary”, defined by equation (6-16), was
present for all studies analysed. This boundary defined a maximum gsa (gsa™®*) possible within
the A. succinogenes biofilm reactor system during continuous operation. Considering the gsa-
max related to the rsa* (equation (6-13)) by a cellular biomass (x:*), it was argued that an ex-
pression of the maximum x:* as a function of the Csa can be derived from the quotient of

equations (6-16) and (6-13). This expression was shown in equation (6-17) and it predicted

the region for the experimentally determined cellular biomass amounts reasonably well (FiG-

URE 6-14).

In order to determine whether the rsa* trend (equation (6-13)) or the gsa™® (equation (6-16))
was applicable to transient conditions, batch operation using biofilm reactors was employed.
The biofilm in the batch reactors was grown during continuous operation. It was shown that
during batch fermentation, the rspa* and gsa in the respective runs initially remained relatively
constant as the Csa increased, before eventually decreasing as the Csa increased. This indi-
cated a lag in the inhibiting effect of the product on the transient organism, which resulted in
a crossing of the volumetric productivity boundary during one of the batch runs. At a suffi-
ciently high Csa (Csa > 45 g.L%), the batch runs had nearly the same rsp*, indicating that the
inhibition “caught up” with the transient behaviour and therefore all biomass performed the

same for any further increase in Csa.

This lag period, as well as a gsa higher than the gsa™#*, indicated that, given a sufficiently high
cellular biomass (equation (6-17)), a qsa™®, i.e. on the productivity boundary, could be main-
tained for a significant increase in Csa by using a batch or repeat-batch reaction system. The
average gsa would therefore be notably higher than that in an equivalent continuous biofilm

reactor.

The metabolic product distribution was analysed using a black box mass balance (Section B.x
on page B-13) and it was found that a constant underprediction of approximately 10% in the
amount of glucose consumption was present in this study and in the studies from the litera-
ture (Van Heerden & Nicol, 2013; Bradfield & Nicol, 2014; Maharaj, Bradfield & Nicol, 2014).

It was hypothesised that the “missing” glucose was produced in the form of pyruvic acid (PA),
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which has an HPLC peak at the same time as glucose, is therefore obscured by the glucose
peak and yields a net NADH during production. This net NADH could theoretically resolve the

redox imbalance observed as a result of the increased SA to AA ratios.

The measured concentrations of SA, AA and FA for this study, as well as in the studies from
the literature (Van Heerden & Nicol, 2013; Bradfield & Nicol, 2014; Maharaj, Bradfield & Nicol,
2014), were plotted against glucose consumption and showed remarkable similarities be-

tween the respective studies. Correlations of the data (equations (6-18) to (6-20)) were ob-

tained and fitted the experimental results to within a 10% absolute relative error. It was ob-
served that for growth conditions (AGlc < 17 g.L'), the lower shear conditions in this study
had a slightly higher Ygicsa (0.63-0.73 g.g™t) than that for the higher shear(Ygicsa = 0.53-0.63
g.g’1). This corresponds to the results observed in Chapter 5. However, the constant yields
observed for the maintenance metabolism (AGlc > 17 g.L) indicate an independence of Ygic,sa
with regard to the shear conditions in the reactor. This difference is probably a result of the

maintenance metabolism in this system vs. the growth metabolism in Chapter 5.

From these correlations the yields of product on glucose (equations (6-21) to (6-23)) and glu-

cose fluxes (FIGURE 6-18) to the various metabolic products, including PA, were determined
using a black box mass balance (Section B.xil on page B-16). The results indicated that a sig-
nificant portion of the glucose that directed towards AA at low glucose consumptions, was
redirected towards SA and a very small increase in the production of PA at high glucose con-
sumptions. The production of excess CO, (unaccounted-for CO3) from the black box model
prompted the hypothesis that the pentose phosphate pathway (PPP) produced small
amounts of CO; during fermentation. This theory was tested and proved reasonable, for sig-
nificantly high AGlc values (AGlc > 50 g.L!), based on the NADH balance of the glucose fluxes

shown in FIGURE 6-18.

Finally, the total ATP production for each individual experimental data point in this study and
in the results from the literature (Van Heerden & Nicol, 2013; Bradfield & Nicol, 2014;

Maharaj, Bradfield & Nicol, 2014) was calculated, using equations (6-1) to (6-3) and (6-14).

A black box mass balance (Section B.xi1 on page B-16) was used to calculate the PA at each

point. These results were plotted against the glucose consumed (FIGURE 6-21) and showed
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that the total ATP fitted a linear trend of 18.9 mmol ATP.(g AGlc) (r? = 0.997). The good agree-
ment with the linear fits indicates that the change in metabolism with increasing AGlc (FIGURE

6-16) is probably not linked to energetic requirements.

From a general biofilm reactor perspective, this study has shed new light on the possible ad-
vantages of single-culture biofilm fermentation. The observed variations in the flux distribu-
tions between the growth and maintenance-related metabolisms of this organism might ap-
ply to other biofilm producers. High cell densities are naturally achieved by biofilm-forming
species and cell-retainment equipment is accordingly redundant. This well-established ad-
vantage, in combination with higher carbon yields, will contribute to the favouring of the bio-

film fermenter in years to come.
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CHAPTER 7/
CONCLUSIONS

This thesis has explored the behaviour of biofilm fermenters through comparison of the re-
sults from two case studies: a two-phase L. rhamnosus study and a three-phase A. suc-
cinogenes study. The studies were performed in a novel tubular fermenter which provided
homogeneously controlled shear. Fundamental investigation of the respective biofilm fer-
mentation systems was done through the in situ removal of the biofilm biomass. This was
accomplished either by increasing the shear stresses in the reactor or by mechanical friction
through the soft silicone tubing. In addition, the ability to control the shear velocity allowed
chemostat operation under high-shear conditions, as well as the study of biofilms under var-
ying shear stresses. The case studies focused specifically on the following four parameters:
volumetric production characteristics, specific production characteristics, the metabolic prod-
uct distributions with corresponding redox analysis, and biofilm compositions as a function of

shear conditions.

With regard to the volumetric production rates of lactic acid (qua) in the L. rhamnosus case
study, an increase in qia was observed to correspond to a decrease in shear stresses. Specifi-
cally, a maximum qua of 4.46 g.L71.h~* was measured in the chemostat, while maximum qua
values of 5.97, 6.45 and 8.04 g.L™1.h~! were obtained in the 0.55, 0.36 and 0.19 m.s™* biofilm

runs respectively.

Concerning the succinic acid volumetric production rates (gsa) in the A. succinogenes case
study, the biofilm gsa values were observed to be nearly an order of magnitude higher in
comparison with the results obtained from chemostat operation. Whereas a maximum gsa =
1.8 g.L'%.h'! was measured for chemostat operation, gsa values of between 7 and 17 g.L*.h!
were obtained from the biofilm fermenters. This increase was attributed to the observation
that the cellular biomass concentrations in the latter fermenters were significantly higher

than those in chemostat conditions. Notably, this improvement was significantly larger than
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that observed during the L. rhamnosus fermentation, which was probably due to a signifi-
cantly larger increase in biomass concentrations when comparing the chemostat with the bio-

film conditions for the two case studies.

With regard to the specific production rates in the two case studies, the differences found
were probably a result of the variations in their respective metabolic states. The L. rhamnosus
system was shown to exhibit exclusively growth-related characteristics during fermentation,
while the A. succinogenes fermentation study possessed both growth and maintenance-re-

lated metabolic features.

In the L. rhamnosus study, it was found that the specific lactic acid production rates, based on
the total biomass concentration (including EPS) (r.a), decreased with decreasing shear veloc-
ities. During chemostat operation a maximum ria = 3.7 g.g*.h"! was measured, while in the
lowest-shear biofilm runs, a maximum ria of less than 2 g.g™*.h"! was obtained. This indicated
a change in the biofilm composition and predicted an increased fraction of inactive EPS in the

biofilm with decreasing shear condition.

In the A. succinogenes study, the cell-based specific succinic acid production rates (rsa*) under
growth conditions (Csa > 10 g.L'!) were shown to be highly dependent on the shear conditions
within the biofilm reactor; the rsa* values exhibited an unexplained split in the trends be-
tween higher- and lower-shear conditions. In the lower-shear biofilm run, the rsa* values in-
creased exponentially with decreasing SA titre (Csa) and a maximum rsp* value of approxi-
mately 2.5 g.g’2.h"! was measured. During the higher-shear biofilm run, a decrease in the rsp*

values (1.0 to 0.4 g.g*.h™?) corresponded to a decrease in Csa.

In contrast, under maintenance conditions (Csa > 10g.L™), the rsa* and the rarp* values ap-
peared to be independent of shear conditions in the biofilm fermenter. The results from both
the shear conditions followed a positively displaced exponential decay curve which decreased
fromrsa* = 1 g.gL.h7tand rarp* = 30 mmol ATP.(g.h) %, at Csa = 10 g.L%, to asymptotic values
of rsa* = 0.59 g.gt.h? and rarp* = 16.1 mmol ATP.(g.h)? at significantly high succinic acid
titres. The asymptotic values indicated the non-growth-related cellular production rates of

A. succinogenes.

The metabolic product distributions in both the case studies were highly dependent on redox

requirements. In the L. rhamnosus study, it was observed that there was a significant NADH
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requirement for chemostat operation. This was satisfied by the production of acetoin in the
metabolism: during the chemostat operation, a Ygicia = 0.75 g.g* and a Ygicacn = 0.074 g.g™*
were measured. As the shear velocities decreased, the NADH requirements also decreased
and the metabolism shifted to produce more lactic acid during fermentation; at the lowest-
shear conditions, a Yeica = 0.90 g.g* with a corresponding Yeicacn = 0.017 g.g™* was observed.
It was hypothesised that the change in NADH requirements corresponded to the difference
between cellular and EPS biosynthesis, with an increase in NADH requirements being linked

to a higher cellular biomass production.

In the A. succinogenes study, there appeared to be a very distinct difference between the
metabolic product distribution under growth (Csa < 10 g.L'}, AGlc < 17 g.L'!) and maintenance
(Csa > 10 g.L'%, AGIc > 17 g.L'Y) conditions. Under growth conditions, a significant increase in
the yield of SA on glucose was observed with decreasing shear velocities, as was evident by
comparing the chemostat (Yeicsa = 0.48 g.gl), the higher-shear biofilm (Ygicsa = 0.53—
0.63 g.g™1), and the lower-shear biofilm runs (Yeicsa = 0.63-0.73 g.g™). During chemostat op-
eration, a significant anabolic NADH consumption was observed, while for the biofilm study a
decrease in the desired anabolic NADH was observed. This indicates a change in redox re-

guirements, with a corresponding change in metabolic flux.

Under maintenance conditions (Csa > 10 g.L'}, AGlc > 17 g.L?), the results from this study and
those from the literature (Van Heerden & Nicol, 2013; Bradfield & Nicol, 2014; Maharaj,
Bradfield & Nicol, 2014) followed a remarkably similar trend, which appeared to be independ-
ent of the shear conditions in the biofilm reactor. Under these conditions a mass balance
underprediction and an NADH underproduction were observed. It was hypothesised that the
“lost” mass and required NADH could be accounted for by pyruvic acid, a metabolite. How-
ever, this change in metabolism, which necessitates the production of an additional compo-
nent, illustrates the significant difference between the growth and maintenance metabo-

lisms.

The biofilm compositions (EPS fractions) for both the case studies were strongly affected by
the shear conditions in the fermenter. In the L. rhamnosus study, the EPS fractions at different
shear velocities were estimated by using a simplified model. The estimated fractions of EPS
increased with decreasing shear velocities, with the lowest EPS fraction (0.09 g.g™) predicted

at the shear of 0.55 m.s!, increasing to an EPS fraction of 0.70 g.g! at a shear velocity of
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0.19 m.sL. In the A. succinogenes study, an EPS quantification technique was developed in
order to distinguish between the cellular biomass and the EPS by base-hydrolysis of the total
biomass sample and subsequent separation of the EPS fraction. Examination of the EPS frac-
tion at the different shear conditions showed that at lower-shear conditions, a significantly
higher EPS fraction (0.50 + 0.05 g.g!) was measured, as opposed to the lower EPS fraction
(0.16 £ 0.02 g.g ) during the higher-shear runs. These observations correspond to the results
obtained in the L. rhamnosus case study and indicate a significant change in the biofilm mor-

phology as a result of the shear conditions in the reactor.

From a general biofilm fermenter perspective, the work presented in this thesis yielded orig-
inal insights into the characteristics of biofilm fermenters with respect to the underlying

mechanisms that govern single-culture biofilm fermentation.
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Appendix A: Two-phase biofilm fermenter

A.i  Hydrodynamic entry length criteria

According to Cengel & Cimbala (2006: 326) the hydrodynamic entry length is the length of
pipe required for fully developed flow. According to Bahrami (2011), in a pipe with length 1
000 times greater than its diameter all the entrance effects would negligible, inferring the
entire length of tube can be analysed as fully developed flow. This means that the total length
of the tubing had to be at least 1 000 times the diameter of the tubing to ensure near perfect

mixing within the reactor and therefore CSTR characteristics.

A.ii Area to volume ratio of a tube

For a tube of constant diameter, the area to volume ratio is an intrinsic characteristic, inde-

pendent of the external dimensions. The value of A/V can be expressed as equation (A-1):

A _ dL _ 4
VvV wd?L  d (A-1)
4

A.iii Pressure drop in tubes

The minimum pressure drop (APmin) in a tube is calculated using equation (A-2), with f the
Darcy-Weisbach friction factor, L the length of the tube, d the diameter, p the density of the

fluid and uavg the average superficial velocity in the line.

L pu? (A-2)
APpin = fa ;vg

A.iv Hydrodynamic flow regimes in tubes

Hydrodynamic flow in tubes can be described as laminar (FIGURE A-1a) or turbulent (FIGURE
A-1b) with a transitional regime between these flow regimes. The laminar regime is charac-
terised by smooth streamlines with highly ordered movement of the fluid, while the turbulent
regime is characterised by significant velocity fluctuations as well as highly disordered motion

in the liquid. The transitional regime fluctuates between laminar and turbulent flow and
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therefore possesses characteristics of both these regimes (Cengel & Cimbala, 2006: 323). The

flow regime in tubes is characterised using the Reynolds number (Re) defined by equation

(A-3) (Reynolds, 1895):

_ pdu
Uy

The regimes are usually defined as laminar for Re £ 2300 and turbulent for Re > 4000, with

Re (A-3)

transitional flow 2 300 < Re < 4 000 (Cengel & Cimbala, 2006: 324—-325). The shear stresses
experienced at the tube wall are highly dependent on the hydrodynamic flow regime in the
tube, this is due to the significant difference in the velocity profiles of laminar and turbulent

flows as shown in FIGURE A-1 (Cengel & Cimbala, 2006: 328,338).

Uavg .
a)
Laminar flow
Uavg :
ﬁl
b) .
! u(r)
-3 I-

| Turbulent layer

v
,Overlap layer

Buffer layer

Turbulent flow Viscous subl:lyer

Figure A-1: Velocity profiles in a) laminar and b) turbulent flow in pipes (Cengel & Cimbala, 2006: 338). The
velocity profile in the laminar flow regime has a parabolic shape which is proportional to the average velocity
and inversely proportional to the square of the tube radius. This means that the tw is a linear function of the
average velocity and inversely proportional to the tube diameter. The tw in the turbulent regime is non-line-
arly proportional to the average velocity because it is inversely proportional to the viscous sublayer thickness
which in turn is inversely affected by the average velocity.

A.i  Wall shear stresses in a tube

The shear stresses at the tube wall can be expressed by equation (A-4) with tw the shear
stresses at the wall, p. the dynamic viscosity of water, and du/dy the slope of the velocity

profile of the liquid in the tube (Cengel & Cimbala, 2006: 337).
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ou
Tw = UL, (@) (A-4)
y=0

From equation (A-4) can be seen that tw is directly proportional to du/dy at the wall with p,
the proportionality constant; in aqueous medium the fluid behaves as a Newtonian fluid with

a constant p (7 x 10 Pa.s).

In the case of laminar flow in tubes (FIGURE A-1a), it can be proven that the velocity profile is
parabolic and can be expressed in terms of the radius (r), total tube radius (R) and average
superficial velocity (uavg) as shown in equation (A-5).
r2
u(r) = 2Ugyg (1 - ﬁ) (A-5)
Applying equation (A-4) to equation (A-5) and setting r = R yields equation (A-6) in terms of

tube diameter (d):

6u) — (6u) _ Augrg  BlliUayg
=y S - _
r=R

W= (@ ar R d

(A-6)
y=0

This equation shows that for laminar flow conditions the shear stresses in the reactor are
directly proportional to the average superficial velocity in the tube and inversely proportional

to the tube diameter.

In the case of turbulent flow conditions (FIGURE A-1b), the velocity profile in the tube bulges
out significantly which leads to a significantly increased slope and therefore a much larger
shear stress at the wall. From FIGURE A-1b can be seen that the flow in the turbulent regime
can be divided into four sublayers; viscous, buffer, overlap and turbulent (Cengel & Cimbala,
2006: 338). The viscous sublayer is the most important for this study as this layer dictates the
shear stress at the wall, the parameter which would dictate biofilm inhibition or removal. The
viscous sublayer is usually extremely thin, typically much less than one percent of the tube
diameter, yet this layer plays a dominant role in the shear stresses as a result of the very large
velocity gradient present in this layer. The wall dampens eddy effects in this layer and there-
fore the flow is nearly laminar, leading to laminar shear stresses on the wall (Cengel &
Cimbala, 2006: 338). The velocity gradient at the wall remains nearly constant at du/dy = u/y
therefore yielding equation (A-7), where us is the velocity at the edge of the viscous sublayer

and ys is the thickness of the viscous sublayer (Cengel & Cimbala, 2006: 338).
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(au) Us
Tw=4 5= =u— A-7
Wy, s (A7)

Experimentally, it has been found that the viscous sublayer is suppressed at higher uay and
therefore ys becomes smaller, while us is closely related to the uaw. From this can be con-
cluded that as the velocity increases in the turbulent regime, the wall shear increases non-
linearly as a result of the increasing usand the decreasing ys. Unlike laminar regime, the wall

shear stresses are independent of the diameter of the tube.

A.ii  Shear stress requirements to inhibit microbial attachment or biofilm re-
moval

It has been shown that shear stresses of 6—8 Pa are sufficient in inhibiting Pseudomonas flu-
orescens growth while shear stresses of 12—13 Pa are sufficient to remove attached cells
(Bakker et al., 2003; Paul et al., 2012). Teodésio et al. (2011) used computational fluid dynam-
ics to simulate the shear stresses present in silicone tubing of 8 mm diameter and found that
at a superficial velocity of 2.2 m.s! the average shear stress was estimated as 15 Pa, with a
maximum shear stress of 18 Pa. These values are well in excess of the 12 Pa required for cell
removal as well as the 6—8 Pa required for biofilm inhibition. This was verified by the absence
of Escherichia coli biofilms in these tubes during fermentation, while there were biofilms ob-

served in flow cells present in the rest of the system (Teoddsio et al., 2011).

By analysing the results from Teoddsio et al. (2011), it was found that the tubing had a Re =
17 500, indicating fully turbulent conditions. This means that the average shear stress, at
2.2 m.s’, of 15.3 Pa estimated in this study would be applicable to silicone tubing of any di-
ameter with equivalent viscosity. Increasing the superficial velocity would non-linearly in-
crease the shear. This was supported by work done by Liu (1997) and Su et al. (2010) which

will be described in the WALL SHEAR IN A TAYLOR FLOW SYSTEM section in APPENDIX B.

A-4

© University of Pretoria



Appendix B: Three-phase biofilm fermenter

B.i Gas—liquid flow in tubes

Gas—liquid flow in tubes have been extensively studied due to its importance in industrial
applications, e.g. petroleum oil transport, refrigerant transport, steam—water flow as well as
multiphase chemical reactors (Jepson & Taylor, 1993; Coleman & Garimella, 1999, 2003;
Triplett et al., 1999; Wongwises, Pornsee & Siroratsakul, 1999; Chen, Tian & Karayiannis,
2006; Jassim, Newell & Chato, 2006; Hanafizadeh et al., 2011; Zeguai, Chikh & Tadrist, 2013).
The flow in these tube are characterised with respect to the observed flow patterns and in-
terphase interactions observed at different gas or liquid superficial velocities, with various
different regimes reported depending on the criteria used in the respective study. TABLE B-1
shows the most prominent flow-regimes within small-channels (Section B.// on page B-3)
(Coleman & Garimella, 1999; Triplett et al., 1999; Chen, Tian & Karayiannis, 2006) as well as
the main flow-patterns within these flow-regimes. The visually observed flow-patterns are

shown in FIGURE B-1 with the corresponding regime transition boundaries shown in FIGURE B-2.

Table B-1: The major flow-regimes in small-channel gas-liquid flow, identified in the literature (Coleman &
Garimella, 1999; Chen, Tian & Karayiannis, 2006).

Slug flow (Taylor bubble)
Churn

Wavy annular

Annular

Bubble

Dispersed bubble

1

1
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Stratified Regime: Wavy Flow Pattern

I —

—

Intermittent Regime: Eloated Bubble Pattern

Annular Regime: Wavy-Annular Pattern

Annular Regime: Annular Pattern

Dispersed Regime: Bubble Flow Pattern

Dispersed Regime: Dispersed Flow Pattern

Figure B-1: The visually observed flow-patterns in present in gas-liquid flow within small channel systems
(Coleman & Garimella, 1999).
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Figure B-2: The gas-liquid flow-regime map (Coleman & Garimella, 1999; Triplett et al., 1999), showing the
different flow-regimes present within gas—liquid multiphase flow. In addition, the operating points within this
study are shown as green points, it can clearly be seen that the biofilm runs were operated within the slugging

flow (Taylor flow) regime, while the chemostat operated in the bubble flow regime,

From FIGURE B-2 can be seen that at relatively low gas superficial velocities (ug S 2 m.s!) there
are only two applicable flow regimes, i.e. the plug/slug flow (Taylor bubble) and the bub-
ble/dispersed flow regimes. At liquid superficial velocities (u) £ 1 m, the Taylor bubble re-

gime dominates while for u. £ 1 m.s™ the flow is predominantly dispersed/bubble regime.
The experimental operating points are shown in FIGURE B-2 and indicates that the biofilm runs
were operated within the slugging (Taylor flow) regime, while the chemostat was operated

within the bubble flow regime.

B.ii Small-channel flow assessment in experimental design

Small-channel, two-phase flow is defined by the criterion in EQuATION (B-1), in which g is the
gravitational acceleration, pr20 and pr2o the densities of the two phases, Water and CO,, d is
the diameter of the tube and o is the interfacial tension. In the case of small-channels there
is no observable difference between horizontal and vertical tubes as it was shown that effect

of gravity on the gas behaviour in the tubes were negligible (Bretherton, 1961)
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Q(PHZO - Pcoz)d2
o

< 3.37 (B-1)

In order to ensure the system could be defined as a small-channel system, the system was
assessed according to the criterion in equation (B-1) (Bretherton, 1961) using the parameters
in TABLE B-2. The value for the dimensionless group yielded 1.25 which is significantly smaller
than 3.37 and therefore the system can be defined as small-channel, two-phase flow capable
of Taylor flow at medium to low superficial velocities (Salman, Gavriilidis & Angeli, 2006).
Therefore the system should not be affected by gravitational effects and the gas—liquid flow

regime map (FIGURE B-2) is applicable.

Table B-2: System parameters used to verify that the system can be classified as a small-channel system and
are therefore not affected by gravity

9.81 m.s?
992 kg.m3

1.8 kg.m?3

0.003 m

0.07 N.m* (Espinoza & Santamarina, 2010;
Banerjee et al., 2013)

B.iii Gas—liquid mass transfer in Taylor flow

In a system dominated by Taylor flow (FIGURE B-3), the gas-phase consists of elongated capsu-
lar bubbles, with equivalent diameter >> d, separated by liquid slugs (Salman, Gauvriilidis &
Angeli, 2006; Cai et al., 2013). A significant benefit of this form of two-phase flow is a signifi-
cant improvement in heat and mass transfer between the liquid and wall as well as improve-
ment in the interfacial gas—liquid mass transfer between the bubble and the liquid slug (Bercic¢
& Pintar, 1997). Berc¢i¢ & Pintar (1997) developed a simple correlation (equation (B-2)) for

determining the gas—liquid mass transfer in Taylor flow.

0111 (ug +u )" 5o
(- Ga)Luc)Om (B-2)

La
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This was followed by another correlation derived by Vandu, Liu & Krishna (2005) which took
into account the effect of tube diameter (equation (B-3)):
1 :DuG

9= [Toe

(B-3)

According to Cai et al. (2013), the overall gas—liquid mass transfer coefficient (k.a) can be
expressed by equation (B-4). The parameters acap and arim can be calculated using equations
(B-5) and (B-6) (Sobieszuk et al., 2011; Cai et al., 2013), while the parameters ki,cap and ki rim
can be calculated using equations (B-7) to (B-11) (Sobieszuk et al., 2011; Cai et al., 2013).

kpa = ki capQcap + ki FitmQriim (B-4)
Acap = Li (B-3)

uc
4Ly, (B-6)

Apitm = ——
Film LUCd

The parameters Lyc and Lg can be evaluated experimentally as shown in FIGURE B-3.

A

bubble bubble

A

i
-

direction of flow 9

»

A
Y
A
Y

A

Figure B-3: Diagram showing a visualisation of the flow patterns within a slugging or Taylor flow system (Cai
et al., 2013)

4 |Du, (B-7)

kL,Cap = ; d
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(B-8)

Dub
ki pim = 2 7L,
Ly 0.107 ~1.05p,—0.075 /~ ,—0.0687 (B-9)
i 1.637¢5°" (1 — €;) Re Ca
_ 1 (B-10)
YW =P 0 61Ca033
Ca = Urply, (B-11)

g

The total kia of the system was solved using both the simple correlations of Berci¢ & Pintar
(1997) (equation (B-2)), and Vandu, Liu & Krishna (2005) (equation (B-3)), as well as the more

complicated system (equations (B-4) to (B-11)) for various gas flow rates at a liquid velocity

of 0.09 m.s? using parameters as shown in TABLE B-3. The results are shown in FIGURE B-4. In
determining the Lyc it was assumed that the peristaltic pump forms three individual slug
during a single revolution, this assumption is based on the design of the pump head which
uses three individual equispaced rollers. This means that at 10 rpm (uL = 0.09 m.s) there
would form a slug every two seconds, therefore Luc = 2(uL + ug). The gas hold-up in the system

was assumed to be predicted by the equation € = uc/(uL + ug).

Table B-3: Parameters used to calculate the kia values in the system using correlations from the literature
(Berci¢ & Pintar, 1997; Vandu, Liu & Krishna, 2005; Cai et al., 2013)

2.49 x 10° m2.s?

0.0007 Pa.s (Frank, Kuipers & Van

(Frank, Kuipers & Van

Swaaij, 1996)

Swaaij, 1996)
0.07 N.m**t (Espinoza & Santamarina,

2010; Banerjee et al., 2013)
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Figure B-4: Calculated k.a values in a Taylor flow system, using the parameters shown in TABLE B-3 and corre-
lations from the literature (Berci¢ & Pintar, 1997; Vandu, Liu & Krishna, 2005; Cai et al., 2013) as a function of
the gas superficial velocity.

These correlations show that the kia value of the system falls within a narrow range of values,

between 0.02 s1—0.04 s for ug values between 0.014 —0.078 m.s™L.

B.iv. Wall shear in a Taylor flow system

It has been shown that that the wall shear in a Taylor flow systems can be expressed by
equation (B-12); two is defined as the wall shear stress in single phase flow under the same
operational conditions and am are the actual void fraction in the reactor (equation (B-13))
(Nakoryakov et al., 1981; Nakoryakov, Kashinsky & Kozmenko, 1986; Kashinsky, Kurdyumov
& Randin, 2006).

Ty = Tyo(1 — @) ™13 (B-12)
0833y, (B-13)
™ uy

From equation (B-12) can be seen that as am = 0, tw = Two, indicating that the shear in the
system tends to approximate that in a liquid system under the same conditions as the ratio
of gas to liquid superficial velocities decrease. This observation was supported by a number
of authors (Liu, 1997; Su et al., 2010; Teoddsio et al., 2011) for shear stress measurements

in which the uL >> ug. FIGURE B-5 shows that at several different ug for constant values for uy,
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very similar tw values were measured. The measurements in FIGURE B-5 were done in the
Taylor flow and bubble flow regime in gas—liquid systems, as well as turbulent flow regime

in single phase systems (ug = 0, Re > 4 000).

From FIGURE B-5 can be seen that tw in a bubble flow regime and a turbulent regime can be

predicted by equation (B-14).

Ty = 4.56u}3* (B-14)
100 ¢
f Ty = 4.56u, 1%
10 ¢
2 i
= .o.'....
1 E ._._..-——":_:-:’ - - =
C -=" -
C -~
-~
- -~
-~
01 1 1 T T N N B I | 1 1 T NN T N B B | 1 1 I NN T N W |
0.01 0.1 1 10
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Model O Liu(1997)Ug=0.1m/s
o Liu(1997) Ug=0.2 m/s A Liu(1997) Ug = 0.4 m/s
o Suetal. (2010) Ug=0m/s O Suetal. (2010) Ug=0.1m/s
¢ Suetal (2010) Ug=0.4m/s ® Teoddsio etal. (2011) Ug=0m/s
— — Laminar Flow (Eq A-6) = = =Slugging regime, Ug = 0.1 m/s (Eq. B-12)
----- Slugging regime, Ug = 0.2 m/s (Eq. B-12) «<++<++Slugging regime, Ug = 0.4 m/s (Eq.B-12)

Figure B-5: Correlation of the wall shear in gas—liquid flow system using data from the literature (Liu, 1997; Su
et al., 2010; Teoddsio et al., 2011), as compared to correlations presented elsewhere (equations (A-6) and

(B-12)).

It is interesting that the wall shear measured in turbulent, liquid systems (Su et al., 2010;
Teoddsio et al., 2011) fit the correlation quite well and was therefore used to estimate the
wall shear in the two-phase reactor system during chemostat operation as well as during

scrubbing procedures (section 3.4.1 on page 3-7).

B.v Pressure drop in a two phase flow system

Determining the pressure drop in two-phase flow systems is more complicated than in a sin-

gle-phase system, due to the additional friction and turbulence caused by the gas phase in
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the system. According to Chisholm (1967), Mishima & Hibiki (1996) and Muzychka & Awad
(2010) the pressure drop in a two-phase system can be determined using a multiplier @2
defined by equation (B-15).

2 _ DProtar (B-15)
L= Ap,

With APtta and AP, the total pressure drop and the pressure drop in a single-phase liquid
system (equation (A-2)) respectively. The multiplier can be evaluated using equations (B-16),

(B-17) and (B-18), APg is defined as the pressure drop in the same system for single-phase gas

flow (equation (A-2)), Cis the Chisholm parameter (Chisholm, 1967) and d the tube diameter

inmm.

¢ 1 (B-16)
2 — —_
=1+ b
y2 = Ah (B-17)
AP;
C =21(1 — e~03334) (B-18)

B.vi Gas—liquid separation

Industrially gas bubbles and liquid slugs are separated using what is referred to as gas—liquid
separators (GLS), flash-drums, knock-out drums or “slug-catchers”. The main objective in the
design of the GLS is to ensure total separation of gas and liquid ensuring that no accumulation
of gas in the system occurs. FIGURE B-6 shows a typical design for a vapour liquid separator

(Engineering Workshop, 2013).
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Figure B-6: Design of a gas—liquid separation vessel in industry (Engineering Workshop, 2013)

B.vii Mixing in a stirred vessel

The mixing regime in a stirred vessel can be expressed using the impeller Reynolds number
(Rej) defined by equation (B-19) (Leng, Katti & Atiemo-Obeng, 2008: 920; Doran, 2013: 204),
The variables in equation (B-19) are defined as: Re; — the impeller Reynolds number; N — the
stirring speed of the impeller (s?); di — the impeller diameter (m); p — the liquid density
(kg.m™3) and . — the liquid dynamic viscosity (Pa.s).

_ d?Np

Uy,

The regimes in the case of a stirred vessel are defined as (Leng, Katti & Atiemo-Obeng, 2008:

(B-19)

i

924; Doran, 2013: 205):

e Laminar: Rej< 10
e Transition: 10 < Rej< 10*

e Turbulent: Re; > 10%

Vallejos et al. (2006) found that the non-dimensionalised mixing time (N.Ow) in a “minibiore-
actor” of volume = 12.5 mL was directly proportional (r? = 0.99) to the Re;jin the reactor with

the relationship as shown in equation (B-20).

N®, = 0.34Re; + 35 (B-20)
Making ©m the subject of equation (B-20) yields equation (B-21).
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_ 0.34d?p N 35
M My, N
Equation (B-21) shows that the mixing time is inversely dependent of N for N - 0 and inde-

(B-21)

pendent of N as N-> oo, therefore for a fixed set of operational conditions and impeller size
the mixing time is a constant value at high enough N. This observation was supported by Sano
& Usui (1985) who found that in the turbulent regime (Re; > 10%) the Om was independent of
N and therefore only a function of d;, p and p.. This is demonstrated in FIGURE B-7 in which can
be seen that at an N > 500 rpm the ©wm value is within 1 % of the final value as predicted in

equation (B-21); Di= 0.025 m, p = 1000 kg.m™ and p. = 0.001 Pa.s.

450
400
350 r
300 r
250 |
200
150 ¢
100
50 r
0 | | | |

0 200 400 600 800 1000

N (rom)

Mixing time - 6, (s)

Figure B-7: Mixing time in a stirred vessel as a function of stirring rate (N) calculated using equation (B-21);
Di = 0.025 m, p = 1000 kg.m3 and p = 0.001 Pa.s. It is clear that the mixing time become is within 1% of the
final value for N > 500 r.min™.

B.viii Wall shear in the GLS

Due to the small size of the reactor volume, the stirring in the GLS would be done by magnetic
stirrer. FIGURE B-8 shows work done by Mahmud et al.(2009) and Bai et al. (2012) in determin-
ing the wall shear at the glass-liquid interface of magnetically stirred reactors. The Re; of the
study by Bai et al. (2012) were in the range 56 000 < Re < 150 000 (fully turbulent regime);
the Rej of the Mahmud et al.(2009) study were in the range 350 < Rej < 3500 (transitional
regime). The shear in stirred vessels can be expressed by equation (B-22), with ki a constant
dependent on the stirrer/impeller as well as system characteristics (Wecker & Onken, 1991;

Sadnchez Pérez et al., 2006; Campesi et al., 2009).
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Tw = k;N (B-22)
From FIGURE B-8 can be seen that the characteristic equations for the Mahmud et al. (2009)

and Bai et al. (2012) systems can be expressed as equations (B-23) and (B-24) respectively.

Tw = 1.5 X 1072N (B-23)

Ty = 55X 103N (B-24)
The vessel in the Mahmud et al. (2009) study had a diameter (dr) of 0.15 m with a stirrer of
di = 0.113 m, while the dr of the Bai et al. (2012) study was only 0.01455 m with d; = 0.008 m.
The observations of the wall shear in these respective studies showed that the wall shear
remained within 1 order of magnitude even though the volumes, stirrer bar lengths and flow
regimes differed significantly. It could therefore be reasoned that a system that lay between
these measured system-parameters (dr, di, Rei) would exhibit a wall shear between the values
in these two studies. In comparison to work done in 6 L and 30 L laboratory scale bioreactors
using four blade turbines (Wecker & Onken, 1991), the measured wall shear stresses were

very similar as shown by the triangles in FIGURE B-8.
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©
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Stirrer speed - N (s?)
Mahmud et al. (2009) Bai et al. (2012)
A  Wecker & Onken (1991) Linear (Mahmud et al. (2009))
Linear (Bai et al. (2012))

Figure B-8: Measured shear stresses in stirred vessels, as a function of stirrer speed (N) from the literature
(Wecker & Onken, 1991; Mahmud et al., 2009; Bai et al., 2012). It is clear from these that the wall shear
reaches a maximum value of less than 0.1 Pa for almost all stirring speeds.

The shear stresses measured in these studies were approximately two orders of magnitude
smaller than the required shear of 6-8 Pa to inhibit cellular attachment or the 12 Pa required

for cellular removal (Bakker et al., 2003; Teoddsio et al., 2011), indicating that the require-
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ment to inhibit cellular growth on the vessel walls by shear alone would be unrealistic. As-
suming equation (B-23) holds for the system to be designed, at the maximum rotation of
2 500 r.min! (N = 42 s!) a maximum wall shear stress of tw = 0.63 Pa could be achieved which

remains significantly smaller than the tw > 6-8 Pa required.

B.ix Volume calibration of the GLS system

The liquid volume in the GLS was calibrated against the liquid level in the vessel as measured
by calliper for a non-stirred vessel, the measurement was taken from the bottom of the ves-
sel. The calibration is shown in FIGURE B-9 and shows a coefficient of determination (r?) of
0.9997, indicating an almost perfect linear relationship between height and volume. This cal-
ibration was used to determine the total volume of the reactor after removal of the biofilm

(scrubbing) as the entire contents of the reactor was pumped into the GLS before sampling.

100

90 Vi = 1.93H,,¢ - 11,00

80 r R2 = 0.9997
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Figure B-9: The total volume in the GLS as a function of the liquid height in the vessel. The calibrations was
used to determine the volume of liquid in the reactor during operation as well as at the end of the fermenta-
tion runs.

B.x Black box mass balance in A. succinogenes fermentation system

The black box mass balance treats the system as a “black box” and balances the overall flux
of reagents and products (Villadsen, Nielsen & Lidén, 2011: 63). This method permits the de-
scription of reagent to product conversion by a single stoichiometric equation, the black box
model. From the mass balance the respective stoichiometric coefficients in the black box

model are calculated; the balance is based upon three component balances (C, H, O) and the
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specification of a number of compound stoichiometric coefficients reducing the degrees of

freedom to zero (Villadsen, Nielsen & Lidén, 2011: 96).

The overall black box model (in C-mol units) of the A. succinogenes system, given the meta-

bolic map in FIGURE 2-4, is described by equation (B-25).

Y61c,61cCH20(Glc) + Ygi6,00,C0;
- YGlc,SACH%O(SA) + Y61c,44CH,0(44) (B-25)

+ Y6ic,pa(FA) + Ygicm,0H2 0

In this system the specified yields (measured variables) were the Ygic,sa, Yoic,aa and Yeicra. The
calculated variables were the mass balance of glucose, calculated by determining the stoichi-
ometric coefficient Ygic,cic, the Yeic,co2 as well as Ygic,H20. Assuming that the mass balance closed
perfectly, the value of Ygic,cic would equal one, i.e. all glucose directed to the predicted prod-
ucts. However a value lower than one would indicate an additional product and a value higher

than one would indicate an additional reagent.

The black box mass balance was solved using matrix solution software and solving the vector

y from equation (B-26)

b = Ay
i 1110 1 [ Yoic,sa ]
|1.5 2 2 0 2 2| ;/GIC,AA
11 01 2 2 1 1] | Yewcra
A=11 0 0 0 0 oY T|Yoeco, | (B-26)
010 00 0 Yoter,o
001 00 0  Yoro.ore

b= [0 00 Ygic,54 Yic,aa YGlc,FA]

B.xi Calibration of NaOH dosing to SA concentration during batch runs

The accumulated dosing of the NaOH for the pH control was continually logged and are shown

in FIGURE B-10.
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Figure B-10: Cumulative NaOH dosed during batch runs as a function of fermentation time. It is significant to
note the similarities between Batches 1, 3 and 4 in terms of the NaOH dosing, while Batch 2 had a significantly
higher rate of NaOH dosing (slope of the curve).

The data from FIGURE B-10 was correlated to the produced SA, as determined from the meas-
ured concentrations (FIGURE 6-7), and are shown in FIGURE B-11. The produced SA was adjusted
for the volume of sample taken during the batch run by equation (B-27). The dosed NaOH;
was determined as the total NaOH dosed from the time of batch initiation to the time the

sample was taken (equation.

ATnSA,i = (CSA,measured,i)(Vi) - (CSA,measured,i—l)(Vi—l - VSample) (B'27)

0 (B-28)
Mgp,i = Z Amgy;
L

The total SA produced (Csa,i from equation (B-28)) was higher than the measured concentra-
tion within the reactor due to the dilution effect of the NaOH as well as the volume reduction

during sampling.
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Figure B-11: The SA produced during the batch fermentation runs, as a function of the cumulative NAOH
dosed. The upward trend of the function indicates the increasing SA fraction of the total produced acids; the
difference is a result of the diprotic nature of SA as opposed to the monoprotic nature of both AA and FA.

The relationship between the Csai and the NaOH dosed can be expressed as equation (B-29).

mga; = 118(NaOH;)? + 15.2(NaOH;) (B-29)

B.xii Black box mass balance for system which includes pyruvic acid (PA) as a
metabolic product

The black box model assumed the production of SA, AA, FA, CO,, H,0 as well as PA, as addi-
tional by-product in the system, and is described by equation (B-30). The model is expressed
with respect to carbon moles of product, i.e. all products are shown with respect to a single
carbon atom and its corresponding ratios of H and O bound to the carbon.
CH20 (GlC) - YGlC,SACHEO (SA) + YGlC'AACHzo (AA)
2
+ Y61c,paCHy 05 (FA) + Yg1p4CH40 (PA)
3

(B-30)
+ Y6i¢,c0,C02 + Ygic,H,0H20
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As was the case with the black box model in section B.x on page B-13, the black box mass

balance was solved using matrix solution software and solving the vector y from equation

(B-31)

o
Il
~

<

[ Yeicsa
Yeic,aa

N O =
=N O
\]

—_
N
w

S OO O

Yicra
, ¥ = | Yeiceic |, (B-31)
Yeicco,

S OO R,
OOHOHNH
OHOONNH
oS oo O

S OO ORrRrN\Pr

YeicH,0

oo o

L YGlC,PA e

b= [0 00 YGlc,SA YGlc,AA YGlc,FA YGlc,Glc]
In this case, the mass balance was assumed to solve completely and therefore the Yaic,clc was
specified as 1 C-mol/C-mol. This was not possible in the previous case (section B.x) as the
system had no degrees of freedom and therefore did not allow the specification of the Ygic,clc.

The unknowns solved in this case were Yaicpa, Yaic,co2 and Yaic,H20.
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