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Synopsis 

The influence of the distributor configuration on the mass transfer and bubble sizes 

in a 2-D FBR was studied for two types of distributor configurations: 

 A novel multi-vortex (MV) distributor with tuyéres directed vertically and hori-

zontally at different heights. 

 A standard perforated plate distributor (baseline).   

The ozone decomposition reaction over FCC catalyst was used as an indirect meas-

ure of the interphase mass transfer in the bed.  The  ranged between 0.1 m/s and 

0.35 m/s, with air as a fluidizing medium at ambient conditions. 

The MV distributor displayed a significant improvement in the conversion 

cies .  For all velocities an improvement of between 0% and 30% was 

measured (average improvement of 14.7%).  At  the improvement dis-

tributed evenly about the mean improvement, with a minimum improvement of 10%. 

The  for the respective distributors were determined using absolute pressure fluc-

tuations (baseline distributor) and visual observations (MV distributor) and it was 

found that the  for the MV distributor was lower than that for the baseline: 
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The decrease in  indicated that the MV distributor induces faster onset of turbulent 

behaviour in the FBR which negates interphase mass transfer limitations in the FBR.  

The bubble sizes were measured visually and compared to a pressure signal de-

composition technique.  The bubble size growth for the MV distributor was estimated 

at 1.4 times that of the baseline.  

Two models were compared to the experimental results, the Kunii-Levenspiel three-

phase model and the Thompson generalized bubble-turbulent model.  The fitting pa-

rameters showed that the mass transfer for the MV distributor is significantly larger 

than that of the baseline.  In addition the MV distributor decreased the axial disper-

sion in the FBR as , which improved the reactor performance to that of an 

ideal PFR.  This phenomenon was observed at . 

KEYWORDS: Kunii-Levenspiel model, Thompson model, pressure fluctuation analy-

sis  
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1 Introduction 

Fluidized bed reactors (FBR) are one of the most commonly used commercial reac-

tors in the processing industry for the contacting of heterogeneous reagents (gas-

solid, gas-solid-liquid).  Fluidization is used in industries as diverse as mineral proc-

essing, coal and biomass gasification, power generation, petroleum refining, phar-

maceuticals and a myriad of other solids handling processes (Yang, 2003a).  The 

reasons for the use of FBRs are (Yang, 2003b): 

 The ease of solids handling due to the liquid like behaviour in the reactor  

 Nearly isothermal operation of the FBRs  

 Very good heat transfer characteristics 

One of the major disadvantages of FBRs is mass transfer limitations due to the 

movement of components across the bubble-emulsion interphase boundary, which 

can severely slow down the overall reaction rate in the FBR.  The resistance to inter-

phase mass transfer across the bubble-emulsion boundary could result in the gas 

partially bypassing the fixed fluidised bed (with internal recycle, i.e. bubbling or turbu-

lent fluidized bed).  The gas bypassing occurs either by (Geldart & Cranfield, 1972): 

 reducing the amount of gas in contact with the solid catalyst. This mechanism 

occurs in small particle systems in which the bubble velocity is significantly 

larger than the interstitial gas velocity flowing in the emulsion phase of the 

bed.  The gas remains in the bubbles and thereby bypasses the catalyst in the 

bed; 

 short-circuiting a part of the bed, which occurs in large particle beds in which 

the bubbles move more slowly than the gas through the emulsion.  Due to the 

pressure gradient through the bed, the gas enters the bubbles from the base 

and exits via the roof which causes the gas to bypass sections of the bed 

through the slow moving bubbles. 

Apart from the bubble sizes in the FBR, additional effects such as gas-phase to 

emulsion lateral dispersion and the mass transfer mechanism can affect the mass 

transfer in the bed which can influence the performance of the FBR. 
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Due to its influence on FBR performance, a great deal of research has concentrated 

on reducing the mass transfer limitations in the FBR (Ouyang, F & Levenspiel, 1986; 

Van Ommen, Nijenhuis & Coppens, 2009; Wormsbecker, Pugsley & Tanfara, 2007; 

Rowe, Santoro & Yates, 1978; Yan, Huang & Zhu, 2008; Leung, 1972; Sathiyamoor-

thy & Rao, 1978; Werther, 1978; Upadhyay, Saxena & Ravetto, 1981; Garncarek et 

al., 1997; Lombardi, Pagliuso & Goldstein, 1997; Chyang & Lin, YC, 2002; 

Depypere, Pieters & Dewettinck, 2004; Kleijn van Willigen et al., 2005; Christensen 

et al., 2008; Chyang, Lieu & Hong, 2008).   

The scope of this study was to determine the influence of the distributor configuration 

on a 2-D fluidized bed reactor (FBR) performance.  The influence is quantified by the 

difference in the conversion efficiencies , interphase mass transfer, onset 

of turbulent behaviour in the FBR  and bubble sizes for the different distributor 

configurations.  

The distributor configurations tested were a perforated plate and a novel multi-vortex 

(MV) distributor with tuyéres (injection conduits) in which the injection of gas was di-

rected vertically and horizontally at different heights.  The configurations were cho-

sen to try and increase turbulence at the distributor surface which would in turn in-

crease the interphase mass transfer and phase distribution in the FBR.   

The fast ozone decomposition reaction (equation 1-1) was used in conjunction with 

model predictions using the K-L model and Thompson model. The mass transfer co-

efficients of the respective distributor configurations were quantified by fitting the 

mass transfer parameters in the two models. 

 
 

1-1 

In addition to the mass transfer measurements, the bubble sizes for the respective 

distributors were visually determined using a frame-by-frame analysis of video foot-

age taken at different velocities.  These visual measurements were compared to the 

 of the absolute pressure fluctuations measured at the distributor plate and at a 

height of 300mm above the distributor (Van der Schaaf et al., 2002).  The respective 

 values were determined using the standard deviations of the absolute pressure 

fluctuations in the bed as well as by visual observation of the bed behaviour.  
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FCC catalyst, impregnated with Fe2O3, was used as a catalyst for the ozone decom-

position reaction.  The experiments were done at ambient conditions for flow rates 

ranging from 0.1 m/s to 0.3 m/s.  
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2 Literature 

2.1 Background 

Fluidized beds are some of the most commonly used reactors in the chemical proc-

essing industry.  The main reasons for the frequency of application is the short diffu-

sional distances inside the particles, as well as the good heat transfer due to the 

near ideal mixing in these reactors.   

The gas flow characteristics in a FBR, whether in the bubble or emulsion phases, are 

considered crucial factors in the performance of FBRs.  Due to the critical impor-

tance of the gas flow behaviour, some of the most important design parameters for 

FBRs require detailed knowledge of the gas phase flow (Hulme & Kantzas, 2004).   

Fluidized beds can suffer from mass transfer limitations as a result of particle-fluid 

separation, which causes bubbles to form in the bed and induces bypassing of gas 

to occur.  Increasing the gas flow rate increases the bubble size in the bed and this 

reduces the mass transfer rate between the bubbles and the solids; this can affect 

the overall reaction rate (Van Ommen et al., 2009; Rowe et al., 1978; Geldart & 

Cranfield, 1972; Sobrino et al., 2009; Shen, Johnsson & Leckner, 2004; Köksal & 

Vural, 1998).  Figure 2-1 shows the respective mass transfer steps in the FBR for 

different scales; the bubble-emulsion (Dense Phase – Dilute Phase) mass transfer is 

usually considered to be the rate limiting mass transfer step.  

 In addition, bubble and throughflow in the system have the dominant effect on a 

freely bubbling system because it dictates: 

 Gas and solid distribution 

 Bed expansion 

 Heat/mass transfer between the gas and solid components 

 The conversion capabilities in the system 

This is a result of the bubbles and throughflow which increases the hydrodynamic 

mixing in the system (Köksal & Vural, 1998; Shen et al., 2004) 
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Figure 2-1: The mass transfer of components in the fluidized bed reactor, for different scales.  
The largest mass transfer limitation is usually experienced between the bubble and emulsion 

phases (Van Ommen et al., 2009) 

Overcoming the bubble-emulsion separation limitation in FBRs have been a subject 

for investigation for multiple authors (Leung, 1972; Rowe et al., 1978; Werther, 1978; 

Sathiyamoorthy & Rao, 1978; Upadhyay, Saxena, & Ravetto, 1981; Ouyang, F & 

Levenspiel, 1986; Sreenivasan & Raghavan, 2002; Garncarek et al., 1997; Lombardi 

et al., 1997; Chyang & Lin, YC, 2002; Depypere et al., 2004; Kleijn van Willigen et 

al., 2005; Wormsbecker et al., 2007; Yan et al., 2008; Christensen, Nijenhuis, Van 

Ommen, & Coppens, 2008; Chyang et al., 2008; Van Ommen et al., 2009). Table 

A-1 (Appendix A) gives a brief overview of these investigations. 

Van Ommen et al. (2009) states that the disadvantages of multiphase reactors can 

be overcome by structuring the beds, thereby decoupling some of the conflicting de-

sign objectives in the FBRs. Examples of these conflicting objectives is bubble size 

vs. high gas flow, conversion vs. turbulence in the bed.  Structuring FBRs increases 

the degrees of freedom in the bed and therefore simplifies the design and scaling of 

these reactors.  Scaling can take place by altering the fluidizing medium or the solid 

phase of the FBR.  In both these cases the change can be either dynamic or geo-

metric. Table 2-1 shows some common procedures of structuring FBRs by these 

four abovementioned methods (Van Ommen et al., 2009).   
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Table 2-1: Common possible methods to structure fluidized bed reactors (Van Ommen et al., 
2009) 

 Dynamics Geometry 
G

a
s
 

Pulsation 

Vibration 

Sound Waves 

Closed-Loop Control 

Distributor 

Baffles 

Staged Injection 

Membrane Tubes 

P
a

rt
ic

le
s
 Rotation 

Magnetic Fields 

Electric Fields 

Particle Size Distribution 

Shape Factor 

Particle Mixtures 

 

2.2  Distributor Design Influence on FBR Hydrody-

namics 

The design of the gas distribution system is an important consideration in the design 

of a FBR (Ouyang, F & Levenspiel, 1986).  This is due to the effect the distributor 

design has on: 

 The bubble sizes, paths and numbers which dictate the quality of fluidization 

and gas bypassing in the system (Ouyang, F & Levenspiel, 1986; Chyang & 

Lin, YC, 2002). 

 The extent of lateral gas dispersion in the FBR (Chyang et al., 2008). 

 The heat and mass transfer properties of the FBR (Werther, 1978). 

 Inadequate lateral mixing of solids and gas-solid contacting in the FBR 

(Sreenivasan & Raghavan, 2002). 

 The initial distribution of fluidizing gas into the FBR which generates circula-

tion in the solid phase (Garncarek et al., 1997).   

2.2.1 Distributor design (Kunii & Levenspiel, 1991:95) 

FBR distributor plates can be grouped in five distinct types of distributors, each with 

its own advantages and disadvantages: 

1. Perforated Plates 

2. Bubble Caps and Nozzles 
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3. Spargers 

4. Conical Grids 

5. Pierced Sheet Grids 

The advantages and disadvantages of each of these distributor types are summariz-

es in Table B-1 (Appendix B). 

2.2.2 Horizontal Injection of Gas 

The gas from conventional FBR distributors (porous plate, perforated plate and multi- 

vertical nozzle) possesses only axial momentum which causes the gas at any point 

in the FBR to possess an axial component (vertical component) which significantly 

exceeds the radial or tangential components (horizontal components).  This defi-

ciency in horizontal velocity components reduces the fluid movement and so also the 

mixing in the FBR (Chyang & Lin, YC, 2002). 

Injecting gas into a FBR at an angle  to the horizontal, the axial component of the 

gas velocity  is responsible for the fluidization of the particles in the bed, 

while the horizontal component  is responsible for horizontal momentum be-

ing transferred to the bed.  As the gas enters deeper into the bed a reduction in the 

horizontal momentum is observed.  This reduction can be counteracted by decreas-

ing , thereby increasing the mixing of solids in the bed which promotes greater 

mass transfer in the bed (Sreenivasan & Raghavan, 2002).   

The dispersion of gas in the FBR is considered to be a strong function of the distribu-

tor type used.  Chyang et al. (2008) found that using a tuyére and horizontal nozzle 

distributor the lateral dispersion and lateral mixing in a FBR is significantly improved 

and reduces the dead zones in the FBR.  In the same study a comparison between 

the dispersion in a bed at different  and open-area ratios was done and it was 

found that the distributors displayed the same trends for these variables.  

2.3 Determining the Bubble-Turbulent Regime Tran-

sition Boundary (Bi, HT, Ellis & Grace, 2000) 

The most commonly used techniques for determining the bubbling-turbulent transi-

tion boundary  are: 
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1. Visual Observation 

2. Local Capacitance 

3. Pressure Fluctuations 

4. Bed Expansion 

Of these methods only the visual observation and pressure fluctuation techniques 

will be discussed here. 

2.3.1 Visual observations 

Turbulent fluidizations can be defined as “continuous coalescence - virtually a chan-

nelling state with tongues of fluid darting in zigzag fashion through the bed” (Kehoe & 

Davidson, 1970).  Using this definition the bubble-turbulent transition boundary can 

be defined visually if these conditions are met. 

2.3.2 Pressure Fluctuations  

Most researchers use the pressure fluctuation method.  For this method, both the 

differential and absolute pressure fluctuations can be used, however it has been 

shown that the absolute pressure fluctuations are more consistent with the visually 

observed transition boundary (Bi, HT et al., 2000).  Pressure fluctuations have been 

interpreted using diverse methods such as peak-to-peak amplitude (average or max-

imum), standard deviation, skewness etc. The transition velocity from the pressure 

fluctuations has been shown to be consistent with visual observations.  Figure 2-2 

shows the definition of  and , however is rarely used as it is system depen-

dent (Bi, HT, et al., 2000).  

 

Figure 2-2:  The definition of  and  w.r.t the standard deviation of the absolute pressure 
fluctuations (Bi, HT et al., 2000). 
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2.4 Pressure Fluctuation Relation to Bubble Size 

(Van der Schaaf et al., 2002) 

In FBRs the bubble characteristics are important parameters in quantifying the FBR 

performance. Bubbles provide mixing of the particles and therefore better heat trans-

fer in the bed.  Unfortunately the bubbles provide a “short circuit” for the gaseous 

reactant through the bed which reduces gas-solid contacting and accordingly reduc-

es the FBR efficiency. 

Bubble characteristics can be measured directly using techniques such as optical, 

capacitance and radioactive methods.  The optical and capacitance measurement 

techniques only provide localized bubble measurements as only a small portion of 

the bubbles are detected by the probes in the FBR, while radioactive measurement 

techniques can be very expensive to run and are usually restricted to small scale 

beds. 

Pressure fluctuations caused by rising bubbles can be used as an indirect measure 

of bubble sizes and velocities.  The pressure fluctuations in a FBR are, however, not 

limited to rising bubbles; other sources include bed mass fluctuations, coalescence 

of bubbles, eruption of bubbles and turbulence caused by gas. 

Differentiating between the pressure fluctuations caused by the bubbles in the bed 

and other sources of pressure fluctuations can be done by decomposing the pres-

sure time series into its multiple components.  The components are caused by differ-

ent physical phenomena and can therefore be used to identify the physical proper-

ties of the FBR. 

2.4.1 Decomposing the Pressure Time Series 

The power spectral density (PSD) of a pressure time series ( ) is defined by eq-

uation 2-1: 

  
2-1 

The cross power spectral density ( ) of two separate pressure time series meas-

ured at position  and  ( ) are represented by equation 2-2: 
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2-2 

The  will be high if the time series are coherent for a specific frequency.  Due 

to the dependence of the  on the actual power present in the , 

the  is normalized with .  The square of the normalization 

yields the coherence ( ) which ranges from 0 to 1: 

  
2-3 

The value of  indicates the correlation between the time series’ PSDs. A value of 

unity indicates that the PSDs are fully correlated (even if the power is not equal) 

while a value of zero means that they are not coupled (even if the power is equally 

high). The  between different time series in a FBR can be used to separate the 

components of the pressure fluctuations.   

2.4.2 Components of Pressure Fluctuations in a FBR 

The pressure fluctuations in a FBR consist of: 

1. Global pressure waves which are measured almost instantaneously through-

out the entire bed (including the plenum chamber) which are caused by bub-

ble coalescence, bubble eruptions, gas fluctuations and fluctuations in bed in-

ventory 

2. Localized pressure fluctuations which do not propagate axially through the 

bed, caused by local bubbles and turbulence 

The pressure time series measured at a height y above the distributor can therefore 

be described as a combination of the global pressure fluctuations and the localized 

pressure fluctuations (equation 2-4): 

  
2-4 
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The variable  quantifies the reduction of the coherent global pressure fluctua-

tions,  the time delay of the global pressure waves through the bed and  the 

bubble input to the pressure time series. 

The  between the plenum chamber and the position  in the bed indicates the 

dominance of the global pressure fluctuations on the pressure time series.  The 

power of the coherent or incoherent effect of the fast traveling pressure waves can 

be expressed by the coherent-output PSD ( ) and the incoherent-output 

PSD ( ), as shown in equations 2-5 and 2-6 respectively: 

  
2-5 

  
2-6 

  

The standard deviation of the coherent and incoherent pressure fluctuations can be 

calculated from the  and  respectively using equations 2-7 and 2-8 

respectively: 

  
2-7 

  
2-8 

The physical significance of the  and  can be expressed by substituting 2-4 

into equations 2-5 to 2-7, which yields equation 2-9: 

  and  
2-9 

From equation 2-9 it can be seen that  gives information on the average reduc-

tion of the fast pressure waves, but more significantly the  is directly proportional 

to the pressure fluctuation amplitude of the rising bubbles, which is in turn propor-

 
 
 



2-9 
CVD 800 

tional to the gas bubble diameter.  Therefore the pressure time series can be used 

for the non-intrusive measurement of the bubble diameter in the FBR.   

The  unfortunately does not measure the bubble diameter quantitatively and 

needs to be calibrated using a direct measurement technique before it can be used 

to predict the bubble sizes in the FBR. 

2.5 Modeling Catalytic Fluidized Bed Reactors 

Most bubbling fluidized bed reactor models consider at least two “phases”, i.e. a di-

lute phase which represents the bubbles in the bed and a continuous dense phase 

which represents the solids between the bubbles (Abba et al., 2003).  Two such 

models are 

1. The Kunii & Levenspiel three-phase model (K-L model) in which the three 

phases are defined as the emulsion phase, an intermediate cloud phase 

around the bubble and the bubble phase (Levenspiel, 1999: 455).   

2. The Grace two-phase model (G2PM) in which two phases is defined: the low-

density phase and the high-density phase (Grace, 1984). 

These two models are discussed in the subsequent sections as they have been im-

plemented successfully in simulating the bubbling bed behaviour with proper bubble 

size estimation (Abba et al., 2003).  In addition, a model (Thompson model) which 

accounts for turbulent bed behaviour in the FBR is discussed.  This model uses a 

probabilistic averaging method to predict the transition from the G2PM to an axially 

dispersed plug flow model (ADPFM) as the bed moves from the bubbling to the tur-

bulent regime (Thompson, Bi, HT, & Grace, 1999; Abba et al., 2003). 

2.5.1 Kunii and Levenspiel Three Phase Model (K-L model) 

(Levenspiel, 1999: 455) 

The model is shown in Figure 2-3.   
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Figure 2-3: The diagrammatic representation of the flow pattern in the BFB for the hydrody-
namic description of the K-L model (Fogler, 2006:853) 

The K-L model was formulated with the following assumptions: 

 The bubbles are all spherical, of same size , and are all surrounded by a 

thin cloud rising through the dense emulsion phase.  The upflow of gas 

though the cloud is ignored because the cloud is very small compared to the 

bubble.  In this regime  

 The emulsion stays at  

 The bubbles drag a wake of solids behind them which creates a circulation of 

solids in the bed.  

2.5.1.1 The Mathematic Representation of the K-L Model: 

2.5.1.1.1 Material Balances: 

  2-10 
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2-11 

  
2-12 

  
2-13 

2.5.1.1.2 Parameter Estimation 

  
2-14 

  2-15 

  
2-16 

  
2-17 

  
2-18 

If the values for  and  are known the K-L model predicts other bed 

properties such as the flows, region volumes, interchange rates and therefore reac-

tor behaviour. 

2.5.1.1.3 Catalytic Reactions: 

The development by of the K-L model for catalytic reactions is based in the following 

assumptions: 
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 The axial flow of the gas through the cloud phase is negligible when com-

pared to the flow through the column as the cloud volume is very small com-

pared to the bubble volume. 

 The flow of gas through the emulsion phase stays at minimum fluidization ve-

locity, which for larger overall flows is almost negligible. 

The model is shown diagrammatically in Figure 2-4, with the corresponding mathe-

matical model represented in equations 2-19, 2-20 and 2-21:  

  
2-19 

  
2-20 

  
2-21 

 

 

Figure 2-4: Diagrammatic representation of the K-L model with catalytic reaction  
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2.5.1.2 Model Analysis 

The analysis of the K-L model is shown in Table 2-2, which shows that the fitted pa-

rameters for the model are  and .  The first parameter  is a measure 

of the wake volume to the bubble volume ratio, defines the solid fraction in the 

bubble phase and the last two parameters  are a measure of the mass 

transfer in the bed. 

Table 2-2: K-L Model Analysis 

Description Variables Equations 

Differential species balance  2-19 to 2-21 

Material balances  2-10 to 2-13 

Empirical estimation  2-14 to 2-18 

Specified parameters   

Fitted Parameters   

2.5.2 Grace Two-Phase Bubbling Model (G2PM) (Grace, 

1984) 

The G2PM is diagrammatically shown in Figure 2-5.  The model consists of two-

phases present in the FBR (low-density and high-density phases), with axial disper-

sion present in both phases. 

The assumptions for the model are: 

 Steady operation. 

 Height independent properties. 

 Negligible radial variations 

 Open-inlet/closed-outlet boundary conditions  

2.5.2.1 Mathematical Representation of the G2PM 

2.5.2.1.1 Mole Balances 

The mole balances for a specific species  are represented by equations 2-22 to 

2-24: 
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2-22 

  
2-23 

  
2-24 

 

 

Figure 2-5: The two-phase bubbling model; the inflow (Q) enters from the bottom and sepa-
rates (QH and QL).  Solid particles and gas are present in both phases, therefore axial dis-

persion is present in both phases. Interphase mass takes place across interface AI (Thomp-
son et al., 1999). 
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The boundary conditions for : 

 

 

 

2-25 

The boundary conditions for : 

  
2-26 

The reaction rate of species  in which the stoichiometric coefficients  conform to: 

  

  

 

 

where:  

2-27 

2.5.2.1.2 Material Balances 

The material balances are represented by equations 2-28 to 2-37: 

 

 

 
2-28 

 

 

 
2-29 
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2-30 

 

 

 
2-31 

 

 

 
2-32 

 

 

 
2-33 

 

 

 
2-34 

  
2-35 

  
2-36 

  
2-37 

2.5.2.1.3 Parameter Estimation  

The parameters estimation equations for the G2PM are shown in equations 2-38 to 

2-45: 
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2-38 

  
2-39 

 
 

2-40 

  
2-41 

  
2-42 

  
2-43 

  
2-44 

  
2-45 

2.5.2.2 G2PM Analysis 

The analysis of the G2PM is shown in Table 2-3, which shows that the fitted parame-

ters for the model are  and .  The first parameter is a measure of the solid 

volume fraction in the lean phase, while the latter two parameters are a measure of 

the mass transfer in the bed and the turbulence or mixing in the bed, respectively. 

A higher value for  would indicate a higher interphase mass transfer in the bed. A 

higher  would indicate a smaller degree of mixing or turbulence in the bed and 

more PFR-like behaviour present in the bed.  
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Table 2-3: G2PM Analysis 

Description Variables Equations 

Differential species balance  2-22 to 2-27 

Material balances  2-28 to 2-34 

 dependent properties  2-35 to 2-37 

Empirical estimation  2-38 to 2-45 

Specified parameters   

Fitted Parameters   

2.5.3 Thompson Model (Thompson et al., 1999; Abba et al., 

2003) 

Normally turbulent fluidization can be grouped into two distinct categories (Bi, HT, 

Grace & Lim, 1995): 

 Type I: Geldart A type solids with a sharp transition between the bubbling and 

turbulent regime.  Small transient voids criss-cross the bed while the solids 

are moved at slanted angles upwards or fall back downwards 

 Type II: Geldart B/D particle beds in which the fluidizing behaviour alternates 

intermittently between periods of  flow and fast fluidizing behaviour 

Modelling FBRs operating in the turbulent regime, four different approaches have 

been adopted: 

1. Empirical relations 

2. Single phase plug flow model 

3. Axially dispersed single phase plug flow model (ADPFM) 

4. Two phase model (G2PM) with increased interphase mass transfer and de-

creased bubble sizes. 

The abovementioned approaches are not very satisfactory individually as the turbu-

lent bed still displays some two-phase behaviour, even though the contacting in the 

bed is significantly better than the purely bubbling bed.  For this reason the single 

phase plug flow as well as the ADPFM does not predict the fluidizing behaviour suffi-

ciently well.  
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The Thompson model is a hybrid between the two phase bubbling model and the 

ADPFM.  The model predictions are an interpolation using probabilistic averaging of 

model parameters between two limiting cases – the purely bubbling fluidized bed 

and the single phase bed with axial dispersion.  

The lower limit of the Thompson model is obtained from the Grace two-phase model 

with axial dispersion in both phases, which has already been discussed in section 

2.5.2.  The upper limit of the Thompson model is the ADPFM which is described in 

the subsequent section. 

2.5.3.1 Single Phase Axially Dispersed Plug Flow Model 

(ADPFM) 

In this model the mole balances are taken over a single phase and therefore no in-

terphase mass transfer terms are present.  This model is much less involved than 

the previous two and will only be discussed briefly. 

The mole balance for species : 

  
2-46 

The boundary conditions at : 

  
2-47 

The boundary conditions at : 

  
2-48 

It can be seen that the parameters used to solve this model are  and . 

Equations 2-49 to 2-52 give correlations for these parameters from literature: 

  
2-49 
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with: 

 

  
2-50 

  
2-51 

 
 

2-52 

From the ADPFM it can be seen that the model can be solved as long as the follow-

ing bed parameters are known:  and the value 

for  are fitted to the experimental results.  As in section 2.5.2.2 the variable is a 

measure of the mixing in the FBR and can therefore be used to qualitatively estimate 

the mixing of the bed. 

2.5.3.2 G2PM and ADPFM Convergence 

The Thompson model acts as a merging of the two limiting case models, which en-

tails the varying of the model parameters so that the G2PB model converges to an 

ADPFM as . Equations 2-53 to 2-55 show the mathematical manipulation to 

achieve this: 

Differentiating equation 2-22: 

  
2-53 

Therefore: 

  
2-54 

Where: 
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and 

 

2-55 

From the mathematical manipulation it can be seen that the G2PM converges to the 

ADPFM in the limit  if (equation 2-56): 

 

 

and 

 

2-56 

To satisfy the limits in equation 2-56 the concentration profiles, density and disper-

sion  must converge to identical values. To satisfy these prerequisites 

the following limiting equations (2-57 to 2-59) must be satisfied: 

  
2-57 

  
2-58 

  
2-59 

The quantities in equations 2-57 to 2-59 are extremely difficult to measure and there-

fore a probabilistic approach is taken to predict how these variables approach the 

limits.  Equations 2-60 to 2-62 show the transition equations to express 

 as functions of .  (Note: ) 
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2-60 

  
2-61 

  
2-62 

And finally a volume balance can be done by limiting the porosities of the bed to: 

 

 and  

the volume balance yields 

 

2-63 

2.5.3.3 Implementation of the Thompson Model 

According to Abba et al. (2003) the most applicable probability density function (pdf) 

for the calculation of  is the gamma function, represented by equation 2-64 fur-

thermore  can be calculated from equation 2-65. 

 

 

with 

 

2-64 

  
2-65 

  
2-66 
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From equations 2-64 and 2-65 it can be seen that the probability that the bed is in 

either the bubbling or turbulent regime, can be calculated from knowledge of the 

bubble turbulent transition boundary ( ) and the variance in the uncertainty of the 

transition boundary ( ).  

The implementation of the Thompson model requires the fitting of  and  (the 

same as for the G2PM).  The significance of the fitted parameters is: 

  is a measure of the interphase mass transfer  present in the bed.  This pa-

rameter plays the greatest role in the bubbling regime where phase separa-

tion has a dominant effect on the reactor performance 

  is a measure of the mixing or turbulence in the bed and is most significant 

in the turbulent regime where the mixing and consequently axial dispersion in 

the bed affects the reactor performance.  The higher the value for  the 

closer to plug flow behaviour of the bed. 
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3 Experimental setup 

3.1 Equipment 

3.1.1 Fluidized bed Reactor 

The reactor used for the experimental study was a Plexiglas two-dimensional (2-D) 

fluidized bed reactor with the following dimensions: 

 Thickness: 25 mm 

 Width : 400 mm 

 Height: 4.5 m 

The primary cyclone is a volute cyclone, required due to high solids loading at the 

upper gas velocities of the study, and the secondary cyclone a tangential cyclone.  

Excess fines that bypassed the secondary cyclone were captured in filter bags con-

nected after the secondary cyclone.  Saayman (2009) includes the complete engi-

neering drawings for the reactor.  Figure 3-1 shows the piping and instrumentation 

for the experimental setup.  The volumetric flow of reactor feed gas was controlled 

with a vortex flow meter with a linear velocity range of between 0.1 m/s and 0.6 m/s.   

The pressure across the distributor and the cyclones was measured using differential 

pressure meters from Rosemount Analytical.  Two pressure transmitters (Wika S-10, 

Range 0-1.6 barg, maximum measurement frequency of 1000Hz) were connected to 

the column; at the surface of the distributor and at a height of 0.3 m above the dis-

tributor. 

Air was used to fluidize the bed and was supplied by a compressor with a chiller 

which kept the temperature into the bed at a constant 15°C.  Prior to introduction into 

the bed, the air was dosed with ozone generated using the EcoTec MZV1000 cold 

corona ozone generator (maximum dosing 1g/l).  For the generation of the ozone, 

pure oxygen was used, instead of air, to reduce the possibility of NOx gasses forming 

in the ozone generator. 
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Figure 3-1: The piping and instrumentation for the experimental setup adapted from (Saay-
man, 2009). 

 The ozone inlet concentration was determined by sampling the air in the plenum 

chamber.  A UV-106 ozone analyser from 2B Technologies Inc. were used for the 

analysis.  The ozone concentration was measured by light absorption at a wave-

length of 254nm.  A sampling probe, inserted into the centre of the plenum chamber, 

was used to withdraw the sample.  Glass beads were placed in the plenum chamber 
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to ensure proper air-ozone mixing. The outlet ozone concentration was measured by 

drawing a sample from the centre of the reactor, at a height of 4.1m above the dis-

tributor.  The sample flow rates were negligible when compared to the total column 

flow rate.  The inlet and outlet ozone concentrations were individually measured; 

only one ozone analyser was available.  

3.1.1 Packed Bed Reactor (PBR) 

Connected in parallel to the reactor, was a small packed bed reactor:: 

 Height: 50 mm 

 Inner diameter: 16.4 mm 

 Catalyst loading: Approximately 10g 

and was used to: 

 check the deactivation of the catalyst, as operation could only commence af-

ter the stable period of operation was reached; 

  continuously monitor the catalyst activity  

The connection of the PBR to the column is shown in Figure 3-1.  

3.1.2 Distributors 

The distributors used in the experimental setup were: 

 A triangular pitch perforated plate distributor with 35 x 2 mm holes, with a po-

rous cloth between the plenum chamber and the distributor, to prevent weep-

age. The cloth also increased the pressure drop over the distributor and 

therefore the gas distribution over the distributor. 

 A multi-vortex (MV) distributor consisting of 38 x 1/16’’ OD tuyéres, with trian-

gular pitch, ejecting gas either horizontally or vertically in strategic directions.  

Figure 3-2 shows a photograph as well as an isometric representation of the MV dis-

tributor used in the experimental study.  The mechanical drawing and dimensions 

are shown in Appendix C. 
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Figure 3-2: Photograph and isometric representation of the MV distributor 

The MV distributor was designed to improve the horizontal mixing in the FBR by in-

ducing localized vortices around five distinct sets of nozzles.  Figure 3-3 shows the 

proposed gas flow pattern in each case.  As can be seen from Figure 3-3 the pro-

posed vortices at the distributor surface would increase the horizontal momentum at 

the surface of the distributor, thereby increasing the mixing on the surface of the dis-

tributor.  This would in turn increase the lateral dispersion in the FBR, increase the 

mass transfer in the bed and decrease the formation of dead zones on the surface of 

the distributor (Section 2.2.2 on page 2-4). 
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Figure 3-3: Isometric and front-view representation of the gas flow pattern of the MV distribu-
tor during operation 

The conduit sizing for the MV distributor was chosen to have an equal open area for 

gas injection for both the baseline and MV distributors.  The calculated open area 

and ratio of orifice velocities to superficial velocity are shown in Table 3-1: 

Table 3-1:  Comparative Distributor Characteristics for the Experimental Study 

 Baseline Distributor MV Distributor 

 1.9 1.755 

 2.84 2.42 

 35 38 

 99 92 

 
101 109 
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The pressure drop for both distributor designs was increased so as to be much 

greater than the pressure drop over the bed, ensuring thorough distribution.  This 

was done by inserting a porous cloth below the baseline distributor and by inserting 

glass wool into the nozzles of the MV distributor.  Additionally these measures pre-

vented weepage of solid from the bed into the plenum chamber. 

3.1.3 Visible Bubble Size Measurements 

For the visible bubble size measurements a 12.1 megapixel digital camera (Sony 

Cybershot DSCW230 12.1MP) was used, with a frame rate of 30 fps.  A standard 

300 mm ruler, marked at 10mm intervals was fixed to the column as a reference.  

Data analysis was done visually and logged in Microsoft® Excel 2007. 

3.1.4 Data Acquisition 

Data acquisition was done using National Instruments USB-6008 analogue signal 

data loggers connected to a PC.  All the instrumentation had a signal output of 4mA 

– 20mA over their range. The readings from the ozone analyser were measured at a 

rate of 5Hz, the velocity measurements were logged at a rate of 20Hz and the pres-

sure fluctuations at a rate of 200Hz. 

3.2 Catalyst Preparation 

The catalyst in this study was produced by adding the FCC catalyst (support particle) 

to a mixture of 10% (wt) Ferric Nitrate solution.  After stirring for one hour the mixture 

was calcinated at 450 °C for approximately 1.4 hours, during which the NO2 gasses 

were released from the mixture (Saayman, 2009). 

3.2.1 Catalyst Activity 

The PBR was used to measure the catalyst activity. Using the  correlation from 

(Fogler, 2006: 958) shown in equation 3-1: 

  
3-1 

 the Per number was calculated as 613 for the range of velocities studied (0.02m/s to 

0.15m/s) with the dispersion term  (Levenspiel, 
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1999:311).  This proves that the PBR acts as a plug flow reactor (PFR) for all veloci-

ties used.  

According to the literature (Sun & Grace, 1990; Ouyang, S, Lin, J & Potter, 1993; 

Zimmermann & Taghipour, 2005; Fan et al., 2008; Schoenfelder, Kruse & Werther, 

1996; Pagliolico et al., 1992), the ozone decomposition reaction follows first order 

power law kinetics towards the ozone concentration, therefore the generalized PFR 

equation (equation 3-2) for first order kinetics was used to determine the reaction 

rate constant ( ).     

 

 

with: 

 

3-2 

To measure the catalyst activity, a known mass of catalyst (approximately 10g) was 

taken from the bed at start up.  A typical  curve used to fit the reaction rate con-

stant in equation 3-2 is shown in Figure 3-4. 

The catalyst activity was measured periodically over time until the catalyst stabilized.  

This was done initially in the presence of ozone to determine the effect of ozone on 

the deactivation time and final activity of the catalyst.  The deactivation profile is 

shown in Figure 3-5.  From this curve it can be seen that the catalyst deactivates to a 

stable value in about two hours, in this case with a mean final . 

Due to the high usage of pure oxygen for this method of deactivation the deactivation 

was attempted using air in the absence of ozone.  Air was fed to the PBR for a pe-

riod of 2 hours, after which the activity and stability of the catalyst was tested in the 

PBR as well as the FBR.  The catalyst deactivation was found to be independent of 

ozone in the feed gas as the final activity of the catalyst stabilized at close to the 

same catalyst activities ( ).   
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Figure 3-4:  A typical fit (equation 3-2) for the reaction rate constant .  In this case 

the , which demonstrates the first order kinetics towards ozone concentration in 
the PBR. 

 

 

Figure 3-5: Typical curve for the deactivation of the catalyst over time. 
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Intermittent samples (about 10g of catalyst) were taken from the bed and the activity 

measured in the PBR to ensure that the activity of the catalyst in the bed remained 

constant and stable.  The catalyst activity was found to remain relatively constant 

throughout any specific experimental run (the runs lasted between 6h and 12h each, 

after deactivation); Figure 3-6 shows the  profiles for a single experimental run 

at different times during the experiment.  It can be seen that the measured catalyst 

activity fluctuates between  for the entire experiment.  The 

deviation can be explained by the fluctuation in catalyst activity as seen in Figure 3-5 

from time .  It was decided to use an average  for each experimental run, 

determined from the  profiles (e.g. Figure 3-6) 

The catalyst particle size distribution did not vary significantly for the experiments 

performed using both distributors.  The particle size distributions measured in a 

Melvern® Mastersizer particle size analyser are shown in Figure D-1 and Figure D-2 

in Appendix D. 

 

Figure 3-6:  A typical  curve over at different times during an experimental run. The time 
t = 0h represents the time after deactivation i.e. 2h after start-up. 
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3.3  Method 

Initially 3.75 kg of catalyst was loaded to the reactor.  It was estimated that 0.75 kg of 

catalyst remained in the return system and did not take part in the chemical reaction; 

no ozone was present in the fluidizing gas flow to the dipleg.  The bed height prior to 

fluidization was in the order of 400 mm. 

3.3.1 FBR Ozone Measurements   

For the FBR ozone measurements: 

1. The linear inlet velocity was adjusted to the desired velocity, between 0.1 

m/s-0.35 m/s.  

2. The ozone inlet concentration was adjusted to between 20 ppm-100 ppm. 

3. The inlet ozone concentration was logged for 10 min to account for variations 

in the ozone concentration.  The analyser feed was then changed to the out-

let ozone concentration which logged for 10 min in turn. 

The variation in measured ozone concentration was accounted for in the conversion 

calculation using equations 3-3 and 3-4: 

  
3-3 

  
3-4 

3.3.2 Visual Bubble Size Analysis 

The column was filmed for a period of 30s, with the camera mounted at the ruler 

height.  The linear velocities in both distributor configurations ranged from 0.1 m/s to 

0.35 m/s in intervals of 0.05 m/s. A typical range of frames taken at a velocity 0.20 

m/s, using the MV distributor is shown in Figure 3-7. 

 

 
 
 



3-11 
CVD 800 

T
im

e
 (s

) 

 T
im

e
 (s

) 

 T
im

e
 (s

) 

 

0
.0

3
 

 

0
.0

7
 

 

0
.1

 
 

0
.1

3
 

 

0
.1

7
 

 

0
.2

 
 

0
.2

3
 

 

0
.2

7
 

 

0
.3

 
 

Figure 3-7: Typical range of snapshots of the bubble sizes taken (Uo = 0.2 m/s, MV distribu-
tor). 

A total of 50 snapshots were taken for each velocity and the bubble sizes were aver-

aged to determine the mean bubble size of each.   
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4 Results and Discussions 

4.1 Ozone Measurements 

Due to the daily variation in the activity of the catalyst in the FBR, it was decided to 

report the conversion efficiency instead of the actual conversion.  This would cancel 

the effect of the activity of the catalyst and thereby normalize the results. The con-

version efficiency  is defined as the ratio of the measured or predicted con-

version to the conversion in an ideal PFR with the same activity and retention time 

as the FBR. 

The experimental results for the original perforated plate distributor (baseline) as well 

as the newly designed distributor are shown in Figure 4-1.  The experimental results 

exhibited some scatter due to experimental error as a result of non-ideal mixing of 

the gas in the FBR plenum chamber and the freeboard where the measurements 

were taken, the fluctuations in ozone generation, gas flow fluctuations from the com-

pressor as well as fluctuations in the ozone sensor.  The error bars show one stan-

dard deviation from the average measured conversion, taken over the experimentally 

determined ozone measurements.  

As can be seen in Figure 4-1, there seems to be quite extensive scatter in the meas-

ured conversion efficiency, yet a prominent trend is exhibited in both cases.  A very 

definite dip in the conversion efficiency takes place from 0.1 m/s to approximately 0.3 

m/s. This corresponds well to the measured results from Saayman (2009).  To refine 

the results, i.e. filter the scatter to a more manageable trend, a moving average over 

5 consecutive data points was applied to the data.  An average was taken over a set 

of five consecutive data points after which the set was moved forward repeating the 

process.  The result of the averaging of the data is shown in Figure 4-2. 

Figure 4-2 shows a definite increase in the conversion efficiency when using the MV 

distributor as compared to the baseline distributor.  Figure 4-3 shows the percentage 

increase of the conversion efficiency for the new distributor.  This increase varies be-

tween 0% and 20 %, with a mean improvement of 14.7%.  What is quite notable 

about the improvement is that above a linear velocity of 0.2 m/s the percentage im-
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provement remains relatively equally spread about the mean and doesn’t drop below 

a 10% improvement.  

 

Figure 4-1: The average conversion efficiency for the measured conversions.  Error bars 
show one standard deviation from the average. 

 

Figure 4-2: The  of the MV distributor and the baseline distributor after applying a 
moving average function over 5 consecutive data points. 
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Figure 4-3: The percentage increase in the  for the MV distributor.  The mean im-
provement is 14.8%. 

4.2 Determining the bubbling to turbulent regime 

transition boundary 

The bubbling to turbulent regime transition boundary is usually determined using the 

standard deviation of the absolute pressure fluctuations in the FBR (Bi, HT et al., 

2000).  From Figure 4-4 it can be seen that the maximum of the pressure fluctuations 

for the baseline case appears to be about 0.30 m/s .  

The MV distributor does not exhibit a turn within the experimental velocity range, 

however from visual observations (CD attached in Appendix E), using the criteria de-

scribed in section 2.3.1, it appears that the turbulent transition takes place between 

0.20 m/s and 0.30 m/s. From this an  was chosen as the  for the MV 

distributor. 

This shows that the MV distributor causes the FBR to exhibit turbulent behaviour 

faster than the baseline distributor.  This improves the fluidizing behaviour of the 

FBR, because the turbulent bed is seen to comprise a single phase which negates 

the existence of interphase mass transfer limitations. 
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Figure 4-4: The standard deviation of the pressure fluctuations of both the baseline and MV 
distributor experimental runs. 

4.3 Bubbles Sizes 

4.3.1 Visual Bubble Size Measurements 

The bubble sizes were correlated to the superficial velocity though the column by us-

ing a frame by frame analysis of videos taken (Figure 3-7) of the bubbles passing 

through the bed.  This was compared to the incoherent standard deviation ( ) of 

the absolute pressure fluctuations at a height of 0.3 m above the distributor as com-

pared to the pressure fluctuations at the distributor surface.  The bubble size meas-

urements are shown in Figure 4-5.   

From Figure 4-5 it can be seen that the bubble growth (the slope of each curve) from 

visual observation is approximately 1.4 times greater when using the MV distributor 

than in the baseline case. 
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Figure 4-5: The visually measured bubble diameters with the linear correlation of the bubble 
diameters, shown together in the bottom graph. 

4.3.2 Bubble Size Analysis Using Pressure Fluctuations  

The standard deviation of the incoherent pressure fluctuations σxy,i  in the bed and at 

the distributor surface are shown in Figure 4-6.  This figure shows that the σxy,i in the 

bed using the MV distributor is roughly 1.4 times the σxy,i  in the bed using the base-

line distributor.  The corresponding correlations are shown in the graphs.  

The findings from Figure 4-5 and Figure 4-6 are in agreement and therefore the bub-

ble growth functions shown in Figure 4-5 are used in the modelling of the FBR in the 

subsequent sections. 

Figure 4-6 shows a significant drop in the  after  was crossed in the 

baseline case.  This is significant as it indicates that as the bubbling to turbulent 

transition boundary was crossed, the gas phase in the FBR has a less pronounced 

effect on . 
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Figure 4-6: The σxy,i of the baseline and the MV distributor used for the analysis of the bubble 
sizes in the separate experimental studies. 

4.4  Model Predictions  

4.4.1 Kunii-Levenspiel Model (K-L Model) 

The smoothed conversion efficiencies for the experimental studies, the K-L Model 

and the CSTR conversion efficiencies are shown in Figure 4-7 (top).  The corre-

sponding % error plots between the baseline/MV distributor prediction and measured 

conversion efficiencies are shown in Figure 4-7 (middle and bottom). 

From Figure 4-7 it can be seen that the K-L model predicts the measured baseline 

conversion efficiencies to within ±10% error for  between 0.1 m/s to 0.25 m/s.  The 

K-L model predicts the MV distributor conversion efficiencies to within ±10% error for 

the velocities between 0.1 m/s and 0.30 m/s. For both these experimental cases the 

% error increases significantly above the respective velocities which are also the re-

spective distributor  values.  This is expected as the K-L model does not take into 

consideration the transition of the FBR from the bubble to turbulent regimes. 
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Table 4-1 show the model parameters used to fit the experimental conversion effi-

ciencies, the fitted parameters are shown in grey. 

Table 4-1: The Variables used for the simulation of the Kunii-Levenspiel model; the fitted pa-
rameters are shown in grey 

Variable  

Distributor Perforated Plate MV Distributor 

Column Type 2-D 2-D 

 1.6 s-1 1.33 s-1 

  3 3 

Catalyst FCC FCC 

 87μm 84μm  

Bubble size 2.3 cm – 5.1 cm 2.2 cm – 7.7 cm 

 0.3 1 

   

 0.67 0.75 

 0.67 0.75 

 1580 kg/m3 1580 kg/m3 

 1.20 kg/m3 1.20 kg/m3 

The significance of the fitted parameters  is discussed in more detail in 

section 2.5.1.2 (p. 2-13).   The fitted values of  indicate that the wake volume seen 

in the MV distributor is more than three times that of the baseline distributor and is 

supported by visual observation (Appendix E). The value for  is defined as a fitted 

parameter but a fixed function was derived from the corresponding variable  in 

the Thompson model: 

  
4-1 

The literature value for  (Thompson et al., 1999) which therefore fixed 

the value for . 

The final two parameters  are an indication of the mass transfer in the 

FBR for the respective distributors.  The improvement in mass transfer seems to be 

in the order of 12% which compares well with the improvement seen in Figure 4-3.
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Figure 4-7: Top: The K-L model predictions for the measured conversion efficiencies for both the baseline and the MV distributor.  Middle and 
Bottom:  The % Error plots for the baseline and MV distributor

0 0.05 0.1 0.15 0.2 0.25 0.3 0.35 0.4

-20

0

20

U
0
 (m/s)

%
 x

B
a

s
e
/x

P
F

R
 E

rr
o
r

0 0.05 0.1 0.15 0.2 0.25 0.3 0.35 0.4

-20

0

20

U
0
 (m/s)

%
 x

M
V
/x

P
F

R
 E

rr
o
r

0 0.05 0.1 0.15 0.2 0.25 0.3 0.35 0.4
0.5

0.6

0.7

0.8

0.9

1

U
0
 (m/s)

x
/x

P
F

R

 

 

K-L MV Distributor

K-L Baseline

x
MV Distributor

/x
PFR

x
Baseline

/x
PFR

+10%

-10%

+10%

-10%

CSTR

U
c MV

U
c Baseline

U
c Baseline

U
c MV

U
c MV

U
c Baseline

 
 
 



4-9 
CVD 800 

4.4.2 Thompson Model 

Figure 4-8 shows the smoothed conversion efficiencies of the baseline and the MV 

distributor, together with the respective % error plots of each.  From the results it can 

be seen that the model predicts the measured conversion efficiencies to within 10% 

error.  Table 4-2 shows the comparative variables fitted for the different studies, with 

the fitted parameters shown in bold. The column on the far right (light grey) show 

values fitted for experimental results measured in a 3-D bed (Thompson et al., 

1999). 

Table 4-2: The Variables used for the simulation of the Thompson model; the fitted parame-
ters are shown in dark grey 

Variable Current Study Thompson et al. (1999) 

Distributor Perforated Plate MV Distributor Perforated Plate 

Column Type 2-D 2-D 3-D 

 1.6 s-1 1.33 s-1 2.41 s-1 

  3.6 3.6 5 

Catalyst FCC FCC FCC 

 87μm 84μm  60 μm 

Bubble size 2.3 cm – 5.1 cm 2.2 cm – 7.7 cm 8 cm 

 0.2 0.2 0.2 

 0.47 0.75 2.023 

 0.45 13 0.247 

 3.55% 3.55% 3.55% 

 2.0 x 10-5 Pa.s 2.0 x 10-5 Pa.s 2.0 x 10-5 Pa.s 

 1580 kg/m3 1580 kg/m3 1580 kg/m3 

 1.20 kg/m3 1.20 kg/m3 1.20 kg/m3 

 

The significance of the fitted variables is discussed in section 2.5.3.3 (p. 2-22).  The 

fitted values for  show that an increase in mass transfer is apparent, the  for the 

MV distributor is approximately 60% higher than the baseline distributor. 

In addition Table 4-2 show that the  for the MV distributor is significantly larger (53 

times larger) than the fitted value in the 3-D bed.  Comparatively the fitted value in 

the bed with the baseline distributor the  only differs by a factor of two. This shows 
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that the FBR with the MV distributor acts significantly more like a PFR in the turbu-

lent regime than either the bed with the baseline distributor or the 3-D bed; the axial 

dispersion in the bed is much lower than expected from the  correlation (equation 

2-44).  This observation is supported by the nearly perfect  measured in with 

the MV distributor as  (Figure 4-8).  
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Figure 4-8:  Top: The Thompson model predictions for the measured conversion efficiencies for both the baseline and the MV distributor.  Also 
shown is the CSTR model for the respective distributor cases. Middle and Bottom:  The % Error plots for the baseline and MV distributor. 
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5 Conclusions 

From the comparative study of the influence of a MV distributor and a perforated 

plate distributor on the performance of a 2-D FBR the following conclusions were 

drawn: 

 The MV distributor caused a significant improvement in the conversion effi-

ciencies at all velocities tested, the improvement ranged between 0% and 

20% improvement, with an average improvement of 14.7%.  %).  At 

 the improvement distributed evenly about the mean improvement, 

with a minimum improvement of 10%. 

 The bubble size growth for the MV distributor was estimated to be 1.4 times 

greater than that of the baseline.   

 The fitted parameter for the two models showed that 

o  the mass transfer for the MV distributor is significantly larger than that 

of the baseline.   

o The MV distributor decreased the axial dispersion in the FBR at high 

velocities which improved the reactor performance to close to that of an 

ideal PFR. 

 The  for the MV distributor was less than that for the baseline distributor, 

which showed that the onset of turbulent behaviour in the FBR was faster for 

the MV distributor than for the baseline distributor: 

o  

o  

From these conclusions it can be seen that the MV distributor improves the reactor 

performance for the bubbling and turbulent regime by increasing the interphase 

mass transfer in the bubbling bed, decreasing the axial dispersion in the turbulent 

bed and inducing a faster transition from bubbling to turbulent behaviour in the FBR. 
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Appendix A List of Investigations on the Bubble-Emulsion 

Separation in FBRs  

Table A-1: Investigations into the bubble-emulsion separation limitations in FBRs 

Author Investigated method to improve interphase limitations in 

a FBR 

Leung (1972) Reducing bubble size by designing distributor with correct 

pitch and hole sizes 

Rowe et al. (1978) Increasing interstitial flow in emulsion by decreasing the parti-

cle size distribution; addition of fines 

Werther, (1978) Distribution of  bubbles using different types of distributors 

Sathiyamoorthy & Rao 

(1978) 

Effect of bed height and bed materials on orifice operation and 

therefore FBR operation 

Upadhyay et al. (1981) Performance of multijet tuyére type distributor on FBR per-

formance 

Ouyang, F & Levenspiel, 

(1986); Sreenivasan & 

Raghavan (2002) 

Spiral distributor performance and hydrodynamic characteris-

tic 

Garncarek et al. (1997) Comparison of hydrodynamic mixing of a porous and perfo-

rated plate distributor 

Lombardi et al. (1997) Flow pattern and discharge coefficient of a tuyére distributor  

Chyang & Lin, YC (2002) Comparison of hydrodynamics of a swirling distributor (radial 

and axial momentum) and a perforated plate distributor (axial 

momentum) 

Depypere et al. (2004) Simulation of the performance of different distributor types us-

ing CFD analysis 

Kleijn van Willigen et al. 

(2005) 

Electric field enhanced fluidisation and distributed secondary 

gas injection by a fractal injector 

Wormsbecker et al. (2007) Perforated plate, punched plate and Dutch weave distributor 

effect on FBR performance 

Yan et al. (2008) Comparison of solid distribution in a FBR with a multi orifice 

distributor and a multi-tube distributor 

Christensen et al. (2008) Effect of secondary injection of fluidizing gas on FBR perform-

ance 

Chyang et al. (2008) Tuyére and horizontal nozzle distributor performance in a FBR 

Van Ommen et al. (2009) Decoupling of mass transfer limitations using diverse methods 
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Appendix B Distributor Types and Respective Advantages 

and Disadvantages (Kunii & Levenspiel, 1991:95) 

Table B-1: Commonly Used Distributors with Advantages/ Disadvantages 

Distributor Types Advantages Disadvantages 

Perforated Plates  Simple fabrication 

 Most common 

 Inexpensive 

 Easy to modify 

 Easy up- or downscaling 

 Easy cleaning 

 Concave/convex/double 

dished 

 Ports easily shrouded 

 Weepage 

 Buckling/thermal dis-

tortion 

 Peripheral seal 

 Requires support if 

long span 

 High pressure drop 

 

Bubble Caps and 

Nozzles 

 Weepage reduced/avoided 

 Good turndown  

 Caps introduced to stiffen 

design 

 Support internals 

 

 Expensive 

 Stagnant regions 

 Subject to immediate 

bubble merger 

 Difficult to clean 

 Difficult to modify 

 Not for sticky solids 

 Peripheral seal 

 Ports not easily 

shrouded 

Spargers  Minimize weeping 

 Good turndown 

 Low pressure drop 

 Support internals 

 Thermal expansion without 

damage 

 Easily shrouded ports 

 Suited to multi level injec-

tion 

 Solids above and below the 

grid 

 Defluidized solids be-

low the grid 

 Less forgiving me-

chanical design 
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Conical Grids  Promotes solid mixing 

 Prevents stagnant solids 

buildup 

 Minimizes solids segrega-

tion 

 Easy discharge of solids 

 

 Difficult to construct 

 Careful design for 

good gas distribution 

High pressure drop for good 

distribution 

Pierced Sheet Grids  Good solids mix 

 Prevents stagnant solids 

buildup.  

 Facilitates discharge of 

most of the solids 

 Holes angled to prevent 

weeping 

 Difficult to construct 

 Small hole sizes 

 Requires reinforcing 

to support the bed 
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Appendix C Mechanical Drawing of MV Distributor Design 
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Appendix D Particle Size Distributions for Respective Dis-

tributor Experiments  

 

Figure D-1: The particle size distributions for the baseline distributor experiments. The leg-
end is shown chronologically.  The average . 

 

Figure D-2: The particle size distributions for the MV distributor experiments.  The legend is 
shown chronologically. The average .
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Appendix E Video of Comparative Behaviour seen in Re-

spective Distributor Experiments 

 

The video is available for viewing at the following URL as an upload from the author 

(Brink, 2011): 

http://www.youtube.com/watch?v=qWH4MHR4lQo 

 

 

 

 

 
 
 

http://www.youtube.com/watch?v=qWH4MHR4lQo
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