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Condensation has been extensively investigated from as early as 1914. However, there are several
gaps in the literature, especially for in tube condensation at low mass fluxes and inclined tubes.
Until now, no study has systematically investigated the influence of temperature difference, vapour
quality, and inclination on the heat transfer coefficients and pressure drops during condensation
inside horizontal and inclined smooth tubes at low mass fluxes. Thus, the purpose of this study was
to increase the fundamental understanding of two — phase flow behaviour at low mass fluxes by
experimentally investigating the heat transfer, flow pattern, and pressure drop characteristics during

condensation inside horizontal and inclined smooth tubes at low mass fluxes.

An existing experimental set-up was modified to accommodate the “low mass flux” needs of this
study and the initial results were successfully validated against literature. A smooth circular copper
tube in tube test condenser with an inner tube 1.49 m long, an inner diameter of 8.38 mm and an
outer diameter of 9.54 mm was designed and built. The annulus had an inner diameter of 14.5 mm
and an outer diameter of 15.88 mm. Heat transfer and pressure drop experiments were conducted
for mass fluxes of 50, 75, 100, 150, and 200 kg/m?s, at 15 different inclination angles from —90°
(vertically downwards) to +90° (vertically upwards). The temperature differences (differences
between the average refrigerant saturation temperature and tube wall temperature) were varied from
1 °C to 10 °C, while the average saturation (condensation) temperature was maintained at 40 °C.
The mean vapour qualities were varied between 0.1 to 0.9. R134a was used as the test fluid while
water was used in the annulus to cool the test section. A total of 2 178 videos, 2 920 mass flow rate
measurements, 56 301 temperature measurements and 1 536 pressure drop measurements were
taken. The flow patterns were recorded in grey levels with two high-speed video cameras installed
at the inlet and outlet of the test section through sight glasses made from borosilicate. To improve
the image quality and ensure uniformity in the distribution of the light, a uniform (LED) backlight
was used. This LED backlight was a 99% uniform, 50 by 50 mm red light. An uncertainty analysis



showed that the maximum uncertainties of the pressure drops, heat transfer coefficients and vapour

qualities presented in this study were 9%, 12%, and 5% respectively.

For horizontal flow, it was found that the flow patterns were predominantly stratified and stratified
wavy. It was also found that the heat transfer coefficients were dependent on the temperature
difference between the temperature of the wall on which condensation occurs and the temperature
of the condensing refrigerant. Furthermore, it was found that the heat transfer coefficient decreased
with an increase in the temperature difference. When comparing the heat transfer results at low
mass fluxes to the literature, it was found that the absolute mean deviation varied by up to 42%.
An amendment was suggested in a stratified heat transfer coefficient term from literature. It was
found that with this amendment, the heat transfer coefficients of low mass fluxes could be estimated

with errors of an average of + 5%.

For inclined flow, six flow patterns namely — stratified, stratified wavy, annular, annular wavy,
intermittent, and churns flows were observed. Bubbly flow was not observed on its own but was
observed during intermittent flows. These flow patterns were adopted using the descriptions of
flow regimes as prescribed by Thome. It was found that the inclination angles significantly
influenced the flow patterns and the heat transfer coefficients. Downwards flows accounted for an
increase in heat transfer coefficient with the maximum heat transfer coefficient found at
inclinations of —15° and —30° at the corresponding minimum temperature difference tested for in
each case. The maximum inclination effect was approximately 60% and was obtained at the lowest
mass flux of 50 kg/m?s. In general, it was concluded that the heat transfer coefficients were more
sensitive to the temperature difference for downwards flows than for upwards flows. Furthermore,
there was no significant effect of the temperature difference on the heat transfer coefficients for
upwards flows. It was also found that the vertical downwards (-90°) and upwards (+90°)
orientations were almost independent of the temperature difference. With respect to the inclination
effect, it was found that in general, they decreased with increase in temperature difference, but

increased with a decrease in mass flux and vapour quality.

With respect to pressure drops in smooth and inclined tubes, it was found that they increased with
an increase in mass flux, temperature difference and vapour quality. Furthermore, the lowest and
highest measured pressure drops were obtained during the downward and upward flows

respectively. On the other hand, the opposite was found for the frictional pressure drops.
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Chapter 1: Introduction

1.1. Background to the study

With soaring energy costs and the grave concerns about the environmental impact of some working
fluids, efforts are now being stepped up more than ever before to ensure the proper design and
optimisation of condensers used in refrigeration and air-conditioning systems, desalination plants,

solar systems and power generation plants [1-57].

Heat transfer and pressure drops are perhaps the two most important parameters needed to design and
characterise condensers correctly. In general, the aim is to maximize the heat transfer coefficients and
minimize the pressure drops through the use of accurate and unified predictive methods. The goal to
maximize heat transfer coefficients and minimize pressure drop has led to numerous studies (but not
at low mass fluxes below 200 kg/m?s in smooth horizontal and inclined tubes). Reviews of these works
in both macro- and micro-channels are available in [2, 4, 6, 7, 12, 18, 28, 33, 58-93]. The state of the
art is that some correlations [76, 90, 94-96] were developed based on flow regimes, and for that reason,
new flow regime maps [81, 97] were developed. This is possibly occasioned by the general agreement
in the open technical literature that the mechanisms of pressure drop and heat transfer are closely linked
to the prevailing flow regime. However, in general, most of the works referred to above were

conducted at mass fluxes varying from approximately 200 — 1 000 kg/m?s.

Some of these and other studies [7, 11, 33, 72, 77, 79, 83] found that the temperature difference
between the wall on which condensation occurs and the saturation temperature (hereafter referred to
in this thesis as the “temperature difference”) had a negligible influence on the heat transfer
coefficients. The results were, in general, dependent on mass flux and vapour quality. The results
generated at low mass fluxes were generally secondary data and were not the foci of previous works.
Furthermore, Thome [62] pointed out that, as opposed to external condensation, the heat transfer
coefficients during in-tube condensation were independent on the temperature difference, except at
low mass fluxes. However, there are very limited extensive studies during condensation at low mass

fluxes.

Another subject of limited studies is inclination. It is an option when designing condenser tubes that
cannot be oriented horizontally or vertically owing to space constraints, operating conditions,
performance optimization, or environmental conditions [4, 7, 8, 18, 32, 33, 71, 72, 91, 92, 98-103].
Examples where condensation occurs in inclined tubes, include steam condensers used for air-cooling,

specific rooftop industrial air-cooled refrigeration systems, and in the condensers of motor vehicles
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and trucks driving up and down hills. However, little work [4, 32] has been published in the open
literature which justifies the angles being used or which gives performance data at different inclination

angles. This implies that design and engineering know-how on inclination is rather limited.

An example in which the environmental and space conditions are important factors is in dry regions
of the world that lack large water resources for power-plant cooling. In such cases, large forced-
convection, air-cooled power plant condensers are used. The condensers are normally constructed in
an ‘A’ or ‘V’ frame configuration with the condensing steam in a downwards flow direction of
approximately —60°. At least three countries (South Africa, Australia, and the U.S.) are currently using
this technology increasingly. Some of the largest dry-cooling plants at present are found in South
Africa, with an installed capacity of more than 10 GW. The typical water consumption of a dry-cooling
plant is approximately 0.1 | of water per kilowatt-hour of electricity produced. In comparison, a
traditional wet-cooled plant requires nearly 2 | per kWh. The cross-sectional geometry of the
condensing channels of a dry-cooled power plant is finned on the outside. The channels are in many
cases flat and rectangular and relatively large with dimensions of approximately 214 mm by 13 mm.
The tubes are about 10 m long with steam mass fluxes lower than 10 kg/m?s [31, 104, 105]. The
reasons for these choices of inclination angle and low mass fluxes have not been addressed in the

literature.

Previous studies [4, 8, 9, 18, 32, 33, 46, 71, 72, 91, 92, 98-103, 106-123] on inclined tubes were at
moderate to high mass fluxes. In those studies, it was found that varying the inclination angles altered
the flow patterns with consequent effects on the heat transfer coefficients, pressure drops, and void
fractions. It was also found that the effects of inclination became more pronounced as the mass flux
decreased. For downwards inclinations, it was found that the effect of the gravity was dominant and
caused a thinning of the liquid layer which led to a reduction in the thermal resistance within the tube
surface, leading to higher heat transfer coefficients [7, 18, 32, 33, 71, 72, 124]. For upwards
inclinations, no concrete trend was established. However, there are two main challenges. The first is
that there is no study that has systematically coupled the effect of inclination and temperature
difference on the heat transfer coefficients and flow patterns at low mass fluxes (<100 kg/m?s). The
other challenge is that there are contradictory reports [32, 72, 99, 100, 102] on the recommended
inclination angle for optimum heat transfer performance. This is further evidenced by the fact that
there is no unifying correlation that can properly predict the heat transfer coefficients in inclined
smooth tubes. This may be attributed to the fact that the available models are either limited by tube
size, working fluid, saturation temperature, mass flux, or tube orientation. There is thus a gap in the
literature that addresses condensation at different inclination angles as well as condensation at low

mass fluxes. A review of the most relevant works on inclination will be presented in the next chapter.
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The last subject of limited studies is pressure drops. Pressure drop is particularly crucial in forced
convective systems because it is synonymous with pumping or compressor power consumption. In
natural (free) convective systems, pressure drop determines the circulation rate; in nuclear power
plants, high-pressure steam and water flow as a two-phase mixture within the piping networks and
pressure vessels of different sizes and orientations. It is therefore imperative in this case, to predict the
pressure drop and void fraction in the heat transport loop of nuclear reactors for safety and design
analyses [10, 13, 24, 125]. In general, the pressure drop is intimately linked to the quantity of energy
needed to move flow through a two-phase system and is a fundamental parameter in two-phase flow
design and modelling.

There have been various experimental studies on pressure drops during condensation inside smooth
horizontal tubes [5-7, 10, 12, 13, 17, 18, 20, 24, 27, 28, 35, 37, 40, 46, 126-139]. Most of these studies
were conducted at mass fluxes greater than 200 kg/m?s and typically reaching up to 1 000 kg/m?s. It
was found that an increase in vapour quality and mass flux led to an increase in the pressure drop. It
was also found that higher pressure drops were recorded at lower saturation temperatures and that low-
pressure fluids gave higher pressure drop. However, the effect of temperature difference was never
studied. There have also been quantitative studies [3, 19, 26, 134, 140-144] aimed at comparing
pressure drop models with the results of empirical studies. Furthermore, various two-phase pressure
drop predictive models [14, 16, 21, 22, 25, 41, 57, 141, 145-164] have been developed. The challenge
is that these models are at variance with one another. Also, of all the models developed, those of
Moreno et al. [21] (developed for evaporation), Chen et al. [165], Garimella [41], Cavallini et al. [154],
Quiben et al. [21] and Xiao and Hrnjak [166] were the most prominent derived as a function of the
prevailing flow pattern. Other models have either been empirical or analytical and are limited to
particular working fluids, tube size, heat fluxes, and mass flow rates. This implies that they are not
expected to be very accurate. On the other hand, general frictional pressure drop correlations have been
formulated based on either separated or homogeneous flow. However, the separated models are mostly
used for two-phase flows. A comprehensive review of the general literature on pressure drop inside

smooth tubes is presented in the next chapter.
1.2.  Problem statement

It can therefore be concluded from previous studies that insufficient work has been conducted during
in tube condensation in horizontal and inclined smooth tubes at low mass fluxes, specifically to
determine the heat transfer coefficients, pressure drops and capture the flow regimes as functions of

inclination angles, temperature differences and vapour quality.



With respect to horizontal flow, there has been no study that captured the flow patterns and
systematically quantified the effect of temperature difference on the heat transfer coefficients during
in tube condensation at low mass fluxes. With respect to inclination, there are two primary challenges.
The first is that there is no study that has systematically coupled the effect of inclination and
temperature difference on the heat transfer coefficients and flow patterns at low mass fluxes (< 200
kg/m?s). The other challenge is that there are contradictory reports [32, 72, 99, 100, 102] on the
recommended inclination angle for optimum heat transfer performance. This is further evidenced by
the fact that there is no unifying correlation that can adequately predict the heat transfer coefficients
in inclined smooth tubes. This may be attributed to the fact that the available models are either limited
by tube size, working fluid, saturation temperature, mass flux, or tube orientation. With respect to
pressure drops, it can be concluded from the literature that there is a gap in the open literature during
condensation in smooth and inclined tubes at specifically low mass fluxes where the pressure drops
may be temperature difference dependent. To the best of our knowledge, there has been no study on
the effect of temperature differences (defined in this study as the temperature difference between the
saturation temperature and the wall temperature) on pressure drop at low mass fluxes. In fact, there is
no single published work on pressure drops in the low mass flux region in smooth and tubes covering
the whole range of inclination angles and temperature differences. When evaluating various
correlations, it was found they did not agree with another. While the Friedel [16] correlation seems to
be the most cited, it was developed for high reduced pressures and high mass fluxes. On the other
hand, the correlations of Muller-Steinhagen and Heck [22], Sun and Mishima [147], Chen et al. [13],
and Gronnerud [146] usually gave the best predictions when compared with various experimental
results (at high mass fluxes). It implies that further research needs to be carried out to develop more

pressure drop correlations.

To summarise, insufficient comprehensive work has been conducted at mass fluxes lower than
200 kg/m?s in horizontal and inclined smooth tubes to specifically characterise low mass fluxes by
determining the heat transfer coefficients, pressure drops and capture the flow regimes as a function
of inclination angle, vapour quality and temperature difference between the tube wall temperature and

condensing temperature.
1.3.  Aim

The purpose of this study was to experimentally investigate the heat transfer coefficients and pressure
drops and the flow pattern characteristics during the condensation of R134a in horizontal and inclined
smooth tubes at low mass fluxes (50 < G < 200 kg/m?s).



1.4.

Objectives

The main objectives of the study were:

1.5.

To modify an experimental set-up that can be used to investigate heat transfer, flow patterns
and pressure drops during condensation at low mass fluxes.

To develop a fundamental understanding of condensation in inclined smooth tubes at low mass
fluxes.

To experimentally determine the heat transfer coefficients in a smooth horizontal tube at low
mass fluxes and different vapour qualities

To investigate the effect of the temperature difference on heat transfer coefficients in smooth
and inclined tubes.

To identify the flow patterns at different mass fluxes, inclination angles, and temperature
differences.

To investigate the effect of the temperature difference on the inclination effect.

To investigate the effect of flow pattern on the heat transfer and pressure drops at low mass
fluxes.

To examine the effect of the temperature difference on pressure drops in smooth and inclined
tubes.

To investigate the effect of inclination on heat transfer coefficients at low mass fluxes.

To investigate the effect of inclination on pressure drops at low mass fluxes.

To investigate the effect of mass flux and mean vapour quality on the pressure drops at different
inclination angles.

To investigate the optimum angle(s) for maximum heat transfer coefficients.

To compare the experimental data to literature.

To develop new heat transfer correlations for low mass fluxes.

Original outcomes

The work in this study was published as part of this thesis mainly in three articles. The original

contributions of the three articles, with relevant chapters, are as follows:

Chapter 5, Meyer and Ewim [52, 167]
Heat transfer coefficients during the condensation of low mass fluxes in smooth horizontal tubes;
Highlights



Measured condensing heat transfer coefficients at low mass fluxes in a smooth horizontal tube
at different temperature differences.

The experiments were also conducted at different wall and saturation temperature differences
are varying between 1—10 °C.

The flow patterns were recorded with a high-speed video camera at the inlet and outlet of the
test section through sight glasses.

Results showed that the flow patterns during condensation were predominantly stratified and
stratified wavy.

It was also found that the heat transfer coefficients were dependent on the temperature
difference between the temperature of the wall on which condensation occurs and the
temperature of the condensing refrigerant.

Furthermore, it was found that the heat transfer coefficient decreased with an increase in this
temperature difference.

When comparing the results of this study at low mass fluxes to the literature, it was found that
the absolute mean deviation varied up to 38%.

An amendment was suggested in a stratified heat transfer coefficient term from literature. It
has been found that, with this amendment, the heat transfer coefficients of low mass fluxes
could be estimated with errors of £+ 5%.

Chapter 6, Ewim, Meyer and Noori Rahim Abadi [54]
Condensation heat transfer coefficients in an inclined smooth tube at low mass fluxes
Highlights

Measured heat transfer coefficients during condensation at low mass fluxes.
Inclination angle effects on heat transfer coefficients.

Temperature difference effects on heat transfer coefficients in inclined tubes.
Optimum angle and temperature difference effects at low mass fluxes.

Heat transfer coefficients were more sensitive to temperature difference for downward flow.

Chapter 7, Ewim and Meyer [168]
Pressure drop during the condensation at low mass fluxes in smooth horizontal and inclined tubes.
Highlights

Experimental pressure drops at low mass fluxes during condensation.

Pressure drops at different inclination angles and temperature differences.
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e Pressure drops increased as temperature and inclination angles increased.
e Frictional pressure drops are maximum during downward flows.

e Frictional pressure drops increased with mass flux and vapour quality.
1.6.  The scope of the study

As the aim of this study was to investigate flow patterns, heat transfer and pressure drop during in tube
condensation at low mass fluxes (50 kg/m?s — 200 kg/m?s), a test section with an inner diameter of
8.38 mm and a length of 1.49 m was used. The fluid used to conduct the experiments in this study was
limited to R134a. The test sections were designed and built while the set-up was modified to cater for
the low mass flux requirements. Local experiments were conducted with R134a at an average
condensation temperature of 40 °C, various mean vapour qualities (0.1 < Xm < 0.9), inclination angles
(-90° < £ <+90°) and mass fluxes with a particular focus on low mass flux range (below 200 kg/m?s).

The flow regime at the inlet and outlet of the test condenser was visualised by two high-speed cameras.
1.7.  Overview of the thesis

In the next chapter, a state of the art review is presented with emphasis on work done at low mass
fluxes. In Chapter 3, the experimental layout used is described and discussed. In the same chapter, an
exhaustive discussion on the instrumentation, data acquisition and data reduction (deduction) is
presented. Chapter 4 is dedicated to the validation of the experimental set-up. Chapter 5 [52, 167]
covers the experimental heat transfer results and discussion as well as results of the flow visualization
results in smooth tubes. A revised heat transfer model is also suggested in this chapter. Chapter 6 [54]
covers the experimental heat transfer results and discussion as well as results of the flow visualization
results in inclined tubes. Chapter 7 [168] includes the pressure drop results and analysis. The final
chapter will focus on the summary, conclusion and recommendations for further studies. There will

also be Appendix A which will cover the full details of the experimental uncertainties.



Chapter 2: Literature Review

2.1. Introduction

The objective of this chapter is to give a state of the art review on condensation in smooth and inclined
tubes with particular emphasis on low mass fluxes. The fundamentals of condensation will be briefly
discussed. A quick overview of basic two-phase flow dimensionless parameters will be presented. This
will be followed by a review of heat transfer correlations. Next up will be a description of flow regimes
and flow regime maps. This chapter will finally be capped up by the most relevant experimental
investigations during condensation inside horizontal and inclined smooth tubes with a view to

identifying the gaps in the literature.
2.2. Fundamentals of condensation

Condensation is the change of the physical state of matter from the vapour phase into the liquid phase
and is the reverse of evaporation. Heat transfer to a surface occurs by condensation when the surface
temperature is less than the saturation temperature of an adjoining vapour. It normally occurs when a

vapour is in contact with a subcooled liquid [90, 164, 165].
2.3.  Modes of condensation

The two distinct forms of condensation are film condensation and dropwise condensation. In the
former, the condensate wets the surface, forming a liquid film which falls under the effect of gravity.
The thickness of this film increases in the direction of flow as more vapour condenses on the film
while in the latter, the condensed vapour forms droplets on the surface instead of continuous films and
the surface are covered with a countless number of droplets of varying diameter. In the industry,
dropwise condensation is preferred to film condensation because most of the tube surface remains
uncovered by liquid, so there is little heat transfer resistance and very high heat transfer rates whereas
in film condensation, the liquid film serves as a resistance to heat transfer. In both cases, nucleation is
typically the rate-limiting step, rather than heat transfer. Most industrial applications are based on film

mechanisms because it is tricky and expensive to build non-wetting surfaces.
2.4. Two-phase flow terminology

It is important to discuss the most basic terminologies that appear in a majority of the heat transfer and

pressure drop correlations.



2.4.1. Vapour quality
Vapour quality (x) is the mass fraction in a saturated mixture that contains vapour. It is an intensive
property of a two-phase flow system. It is particularly crucial because flow patterns are vapour quality
and mass flux dependent.

Mathematically, it can be written as
M (2.1)
m; +m,
2.4.2. Void fraction
Void fraction (¢) is a critical parameter in the design of condensers and heat exchangers in general. It
IS an important factor in determining pressure drop, flow patterns, two-phase specific volume and

viscosity. It helps in the determination of the refrigerant charge. It can be defined as the ratio of the

geometric area occupied by the vapour to the total area of flow.
Mathematically,

A, (2.2)
A+ A,

Many void fraction models have been developed for condensation in smooth and inclined tubes and to

&

summarize, the void fraction correlations available can be grouped into four categories namely:
homogeneous, slip-ratio, drift-flux and empirical correlations wherein the drift-flux models have been
found to give the best predictions relative to experimental data. Of particular importance is the Rouhani
and Axelsson [169, 170] drift flux model which was used for friction pressure drop prediction in this
study.
2.4.3. Mass flux

The mass flux or velocity (G) is defined as the ratio of the mass flow rate and the cross-sectional area
of the flow channel expressed as:

c="T" (2.3)
ACS

Considering the continuity equation, the mass flux (velocity) is the expression of the mean flow

velocity multiplied by the mean density of the fluid.
2.5. Dimensionless parameters

It is important to discuss the dimensionless parameters as they relate to flow regime maps and flow
regime transitions. Some correlations [94, 95] use these dimensionless parameters because they are
useful in determining flow regime transitions. Furthermore, several researchers [171-177] have studied
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condensation in macro-sized tubes and have attempted to give the transition criteria from one flow
regime to another using dimensionless parameters. The section below discusses the most important

dimensionless parameters relevant to this study.

2.5.1. Dimensionless vapour velocity

It is defined as:

xG (2.4)
[gdipv(pl - pv)]o's
Transition criteria in condensation flows are often determined by the dimensionless vapour velocity

Iy =

and the Lockhart Martinelli parameter for the turbulent- turbulent flow (X). In 1980, Breber et al.
[172] used the dimensionless vapour mass flux (Jv) in the prediction of horizontal tube-side
condensation of pure components using flow regime criteria. It has often been used by other
researchers in determining flow regimes during the condensation of vapour inside a smooth horizontal

tube or in the prediction of flow pattern and flow patterns transitions [174, 175, 178].

2.5.2. Reynolds number
Named after Osborne Reynold, it is arguably the most critical dimensionless number in fluid
mechanics and the thermal sciences. It is defined as the ratio of inertia to viscous forces. It is mostly
used to determine whether the flow is laminar or turbulent. Mathematically, it is written as:

_pvd (2.5)
u
2.5.3. Prandtl number

Re

The Prandtl number (Pr) represents a measure of the rate of momentum diffusion against the rate of

thermal diffusion. The Prandtl number contains no such length scale in its definition and is dependent

only on the fluid and the state of the fluid. As a result, the Prandtl number is often found in property

tables alongside other properties like viscosity and thermal conductivity. It is used to characterize heat

transfer in fluids and is independent of the behaviour of flow. Mathematically, it is written as:

_H (26)
k

2.5.4. Lockhart- Martinelli parameter

Pr

Developed by Lockhart-Martinelli [179], it is defined as the ratio between the theoretical pressure
gradients which would occur if either fluid were flowing alone in the pipe with the original flow rate
of each phase. In other words, it is the ratio of the two-phase flow frictional pressure gradient to some
reference single-phase flow frictional pressure gradient, usually based on one of the components

10



flowing by itself. The two most common mathematical relationships of this parameter are given in
Egs. 2.7 and 2.8.

= (5 () ()"
* x P Hy

o Tl 9
“ mv P

2.5.5. Jakob number
Named after Max Jacob in recognition of his early work on phase change. It is the ratio of sensible

heat to latent heat released during a phase change process and given as:

o CpTae = Ty) (2.9)
hfg
2.5.6. Nusselt number
When a fluid is in motion, heat transfer through the fluid layer is by convection. On the other hand,
heat transfer is transferred by conduction when the fluid layer is stationary. The Nusselt number defines
the ratio of the convection heat transfer to conduction heat transfer, and therefore represents the
enhancement of heat transfer through a fluid due to the fluid motion. Hence for 100% conduction heat
transfer, the Nusselt number is unity. The Nusselt number is named after the great German Physicist
cum Engineer Wilhelm Nusselt, who made significant contributions to study of convective heat
transfer [180, 181]. The Nusselt number for a circular cross-section is defined as follows:
Ny = C:Iconv _hd (2.10)
Qcond k

2.5.7. Liquid Froude number

The Froude number represents the ratio of the inertial force to the gravitational force. The general

expression is:

V2 (2.11)

Fr=—
T gd

2.6.  Flow regimes

A particular type of geometric distribution of the components of flow is referred to as a flow pattern
or flow regime. For this study, five different flow regimes namely annular, intermittent, stratified,
stratified wavy, bubbly, and churn flow regimes will be discussed. Fig 2.1 depicts the flow regimes
for high mass flow rates while Fig 2.2 depicts the flow regimes for low mass flow rates. The detection

method for flow regimes are well described by Rouhani and Sohal [177] and can be either by
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visualization, X-ray and statistical analysis of fluctuations in measured pressures or void fraction

which yield probability density and power spectral density functions.

2.6.1. Annular flow regimes
In annular flow, the dominant force is the vapour shear force and this flow regime typically occurs at
high mass fluxes and high qualities. Here, the core (centre) of the tube is filled with vapour and the
perimeter with the thin liquid film due to the great difference between shear and gravity forces wherein
the shear force is much greater than the gravity force causing the expulsion of the liquid to the

perimeter of the tube. This flow regime is stable and is the predominant flow regime for most practical

applications.
x=1 O G G 6 x=0
Flow — . .. .- e |
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. < < > < P —p—
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vapor flow Bubbly liquid flow
flow 1

Fig. 2.1: Flow regimes for high-velocity flow (adapted from Palen et al. [182]).

2.6.2. Intermittent flow regimes
In this regime, both liquid plugs and vapour slugs can be noticed. This can also be referred to as the
probabilistic flow regime. For slug flows, it occurs at high flow rates and low qualities and the
diameters of elongated bubbles become similar in size to the channel height. The liquid slugs
separating such elongated bubbles can also be described as large amplitude waves. Slug flow consists
of a long bubble that moves between the liquid slugs and some dispersed bubbles following behind
this bubble. They are formed as a result of the growth in the amplitude of the interfacial waves that
blocks the cross-section of the tube at certain sections along the tube. The slugs are typically formed
by the liquid condensate flowing down the tube. Plug flow regime has liquid plugs that are separated
by elongated gas bubbles. The diameters of the elongated bubbles are smaller than the tube such that
the liquid phase is continuous along the bottom of the tube below the elongated bubbles. Plug flow is

also sometimes referred to as elongated bubble flow.

2.6.3. Stratified flow regimes
Also known as gravity controlled flow regime, stratified flows typically occur at low mass fluxes and

quality. Here, top of the tube is wetted by the condensate film and the bottom of the tube is wetted by
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thick liquid condensate, the distribution and separation of the two phases by an undisturbed horizontal
interface are due to density difference and gravity. This flow regime can either by stratified smooth or

stratified wavy flow.
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Fig. 2.2: Flow regimes for low-velocity flow (adapted from Palen et al. [182]).

2.6.4. Stratified wavy flow
Increasing gas velocity in stratified flow results in the formation of surface waves on the gas-liquid
interface giving the stratified wavy flow regime. The amplitude of the waves is notable and depends
on the relative velocity of the two phases; however, their crests do not reach the top of the tube. The
waves climb up the sides of the tube, leaving thin films of liquid on the wall after the passage of the

wave.

2.6.5. Bubbly flow
This flow regime is dominated by buoyancy forces which makes bubbles flow at the top of the tube.
The gas bubbles are dispersed in the liquid with a high concentration of bubbles in the upper half of
the tube due to their buoyancy. When shear forces are dominant, the bubbles tend to disperse uniformly

in the tube. In horizontal flows, the regime typically only occurs at high mass flow rates.

2.6.6. Churn flow regimes
Increasing the velocity of the flow, the structure of the flow becomes unstable with the fluid travelling
up and down in an oscillatory fashion but with the net upward flow. The instability is the result of the
relative parity of the gravity and shear forces acting in opposing direction on the thin liquid film
surrounding Taylor bubbles. This flow pattern is in fact an intermediate regime between the slug flow

and annular flow regimes.
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2.7.  Flow regime maps

Most studies in the open literature show a nexus between the prevailing flow pattern which is a result
of shear, capillary and gravitational force balancing and the distribution of the phases of the working
fluid which consequently affects heat transfer coefficients and pressure drops. There have been some
reviews [183, 184] in the past. However, the last most comprehensive review of flow pattern was by
Doretti et al. [59]. Accurate predictions of these factors are strongly dependent on suitable predictions
of the various flow regimes experienced during two flow processes [4, 6, 17, 21, 59, 72, 76, 81, 94,
97, 99, 100, 108, 177, 184-193].

Flow patterns are also dependent on the properties of the working fluids, mass flux, and vapour quality

and inclination effects. Many flow pattern maps are available in the literature. It is important to note
that the transition from one flow regime to another is analogous to the progression of flow from laminar
to turbulent in a single phase flow process. This implies that accurate prediction of flow regime and
flow pattern maps will be invaluable to the designer of the heat exchange equipment in building
effective ones. The transition from one flow regime to another are usually characterised by some
dimensionless numbers which were discussed briefly in Section 2.5. Hence it follows that a thorough
understanding of the prevailing flow regime ultimately helps in the characterisation of the
condensation two-phase flow problems and the formulation of various models and correlations [62,
76, 81, 85, 99-101, 184, 194].

Flow regimes can be designated in flow pattern maps. Most of these maps were developed for
horizontal flow in adiabatic conditions and a limited number of fluids, covering a limited experimental
range, based on subjective flow pattern identification criteria. Although there is a nexus between
condensation flow regimes and those for adiabatic two-phase flows, the condensate forms all around
the perimeter (even for stratified flows) with diabatic cases but this is not applicable with adiabatic
flows. However, many researchers working on diabatic flow have used them as a guide. The first map
used for condensation was the Baker [195] map which was developed for the petroleum industry.
However, the most widely used flow pattern map for horizontal flows is that of Taitel and Dukler
[196]. Their map was based on a semi-theoretical method and is computationally challenging to use.
Their map also assumes that the liquid-vapour interface during stratified flow is flat. However,
Grolman and Fortuin [107] revealed that the model of Taitel and Dukler [196] which assumed a flat

liquid-vapour interface was not applicable for upward flows as it led to errors.

Barnea [115] developed a unified model for predicting flow pattern transitions in pipes covering the
whole inclination angles. However, the Mandhane et al. [197] map seems to be the most accepted map

from the first generation of maps. For vertical tubes with upward flow, the flow pattern maps of Hewitt
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and Roberts [198] and Fair [199] are the most widely used. However, they were mainly developed for

air-water flows.

The premier map for condensation was introduced by Breber et al. [172] and later Tandon et al. [174]
proposed their flow pattern map. The Breber et al. map when plotted on the Taitel and Dukler map
[196], shows that the transition between annular and wavy regime is not abrupt and that a transition
region rather than a single line was necessary to separate the flow patterns. However, the
‘breakthrough’ came when Kattan et al. [200] proposed the first comprehensive flow boiling model
for evaporation in horizontal tubes wherein they relied on the local flow pattern and a novel diabatic
flow pattern map. El-Hajal et al. [97] and Thome and El-Hajal [201] adapted the Kattan et al. [200,
202] map and simplified the two-phase flow structure perspective from flow boiling to condensation
simplified the implementation of the map by using the Rouhani and Axelsson [169] cross-sectional
void fraction equation into the method to eliminate its iterative solution scheme. This can be said to be
a modification of the Steiner map [203]. Also, the changes proposed by Zircher et al. [204] were
implemented to ensure better prediction of the transition curves from annular to stratified/wavy flow,
and from stratified/wavy to wavy flow. Spurred by these advances, Cavallini et al. [205], Shao and
Granryd [192, 193] and EI-Hajal et al. [97] have proposed some condensation models based on flow
pattern and flow pattern transitions. They assumed a flow structure that uses a truncated liquid film
and a liquid film of constant thickness, necessitated by the complexity of predicting film distribution.
Of essence here are the complexities of the interactions between a turbulent liquid film and a turbulent
vapour core, the added effect of gravity on flows in horizontal or angled tubes, the effects of heat and
mass transfer occurring continually, and the behaviour of different wave structures at the vapour-liquid
interface. Most recently, Suliman et al. [81] improved on the El-Hajal et al. [97] map by using
experimental data during the condensation of R134a in smooth horizontal tubes at low mass fluxes.
They used an iterative method to get a new transition line for annular to stratified wavy flow as
described in Fig 2.3.

Despite the progress made in the development of new flow pattern maps, more work is needed in the
prediction of correct flow pattern transition boundaries for condensation inside inclined smooth tubes

and for low mass fluxes.
2.8.  First generation correlations of heat transfer during in tube condensation

There have been many studies in the technical literature aimed at modelling the condensation physics
of heat transfer and pressure drop behaviour of refrigerants and other working fluids. These efforts

have either been experimental, analytical or an integration of both experimental and analytical. Each
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of these approaches has its advantages and disadvantage and are classified as either shear based,

boundary layer based, two-phase flow multiplier based or flow pattern based.
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Fig. 2.3: Improved flow pattern map (adapted from Suliman et al. [81]).

For instance, empirical correlations are limited in terms of sufficient variables to describe condensate
flow correctly. On the other hand, analytical and semi-analytical approaches usually give less accurate
results than purely empirical correlations. In general, the first generation correlations like that of [88,
171, 173, 176, 179, 206-212] have been shown not to agree with each other and some cases, differed
by up to a factor of two. This discrepancy posed a serious challenge to the design engineer. This
challenge is still with us until this present day. On the other hand, since there is a general agreement
that the mechanisms of heat transfer, momentum and pressure drop are connected to the predominant
local two-phase flow regime, most modern correlations [90, 94, 95, 165, 176, 200, 202, 212] dwelled
on this. The relatively new flow pattern approach has led to the development of dimensionless
parameters to predict and/or determine flow regime transitions. This has led to some level of accuracy
in predicting heat transfer [4, 72, 76, 81, 84, 94, 97, 165, 176, 183, 185-187, 191-194, 200, 202]. The
succeeding section below describes some of the correlation while Table 2.1 briefly lists and briefly

explains selected first generation heat transfer correlations for smooth tubes.
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2.8.1. Correlation of Chato

Chato [213] developed analytical solutions for stratified laminar condensation in horizontal and
inclined tubes. In his study, he assumed that the condensate depth decreased along the tube length
hence he neglected the heat transfer in the liquid pool at the bottom of the tube. Furthermore, he
assumed that the void fraction did not change significantly with respect to quality which led to large
errors at high mass flux and low vapour quality because convective heat transfer prevails at those
conditions. He also developed a Nusselt-type equation for condensation of refrigerants at low vapour
velocities inside horizontal tubes based on the Chen [214] analysis of falling film condensation outside
a horizontal cylinder.

2.8.2. Correlation of Jaster and Kosky
Jaster and Kosky [215] also proposed a gravity-driven condensation correlation similar to that of Chato
[213]. Before Jasper and Kosky were Rosson and Meyers [216]. They developed a correlation which
was a remarkable improvement from the Chato correlation and which they recommended for use in
the intermittent flow regime. They opined that Nusselt type film condensation occurred at the top of
the tube with superimposed effects of vapour shear forces and for the bottom of the tube, they derived
a forced convective heat transfer equation by applying the heat and momentum analogy. To conclude,
they defined a parameter which represented a portion of the tube perimeter over which the film

condensation was dominant.

2.8.3. Correlation of Shah
Shah [88] was one of the pioneers of the two-phase multiplier method for determining condensation
heat transfer coefficients. In his classic paper, he presented what he termed a general correlation for
heat transfer during film condensation inside tubes. He verified his correlation by comparing it with
experimental data from water, R11, R22, R12, R113, methanol, benzene, toluene and trichloroethylene
condensing in horizontal, vertical and inclined pipes of diameters 7 mm to 40 mm and found the mean
deviation for the data points analysed to be 15%. To achieve his correlation, he made use of the Dittus-
Boelter model [217] for single-phase heat transfer and he also noted that there was a similarity between
the mechanism of heat transfer during film condensation and that of boiling without bubble nucleation
(evaporation). This correlation is one of the most cited in the literature and the simplicity of its
formulation is heart-warming. However, Dobson and Chato [176] proved that Shah’s correlation was

only valid in the annular regime during the condensation process.
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2.8.4. Correlation of Akers et al.
Akers et al. [208] developed a two-phase multiplier-based correlation that became known as the
“equivalent Reynolds number” model. This model defines the all-liquid mass flow rate that provides

the same heat transfer coefficient as an annular flow during condensation.

2.8.5. Correlation of Moser et al.
Moser et al. [212] applied the heat-momentum analogy to derive a shear based heat transfer correlation
for in tube condensation in smooth tubes. Their aim was to rectify the problems associated with the
Akers et al. [208] correlation which was based on the equivalent Reynolds number. They asserted that
the assumptions for the derivation of Akers correlation was faulty and led to the underprediction of
other experimental data of other researchers. In deriving their correlation, they made three
assumptions: The static pressure drop of the liquid was the same as that of the vapour, the volume
occupied by the liquid phase plus the vapour phase volume at any instant was equal to the total volume

of the tube, there was no liquid entrainment in the vapour core.
2.9. Review of state of the art of condensation heat transfer coefficient correlations

This section presents a brief review of the most essential correlations relevant to this study. There have
been various reviews on correlations by authors [38, 69, 100, 101]. These previous reviews have
pointed out the strengths and shortcomings of the correlations. For the same conditions, these
correlations give different varying values for heat transfer coefficients. In general, heat transfer
correlations during in tube condensation can be classified as either shear based, boundary layer based
(analytical), two-phase multiplier based and flow pattern based. For this study, the most relevant ones
will be briefly discussed in chronological order. A compendium of selected correlations mentioned in
Sec 2.7 and 2.8 are given in Table 2.1.

2.9.1. Correlation of Dobson and Chato

Dobson and Chato [47] carried out an empirical study of heat transfer and flow regimes during the
condensation of R11, R12, R134a and near-azeotropic blends. They observed the flow regimes at the
inlet and outlet of the test condenser and listed the flow regimes observed as stratified, wavy, wavy
annular, annular mist and slug flows. They posited that heat transfer behaviours were controlled by the
prevailing flow regime and on that basis grouped the flow regimes into gravity dominated and shear
dominated flows and concluded that the gravity dominated regime was dependent on refrigerant
temperature difference but independent of mass flux. Finally, they applied the two-phase multiplier
approach in analysing annular flow which is dominated by vapour shear force.
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2.9.2. Correlation of Thome et al.
Thome et al. [94] developed a flow pattern based heat transfer model by distinguishing between
stratified and non-stratified flow regimes. They applied convection condensation to the perimeter
wetted by the axial flow of liquid film which refers to the entire tube perimeter for annular, intermittent
and mist flows but only the lower part of the tube perimeter for stratified wavy and smooth stratified
flows. They assumed turbulent flow for non-stratified regimes and applied the Nusselt falling film type

equation for the stratified flows thus ignoring the effect of vapour shear forces.

Table 2.1: Pure vapour condensation inside smooth tubes: First generation heat transfer models
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2.9.3. Correlation of Cavallini et al.
Cavallini et al. [95] developed new heat transfer coefficient and pressure drop models for predicting
the condensation of halogenated refrigerants. Their motivation stemmed from the fact that other
available models at that time failed to correctly predict to within acceptable limits the experimental
results obtained from their earlier studies and the results from other independent laboratories. This
problem was more noticeable for high-pressure refrigerants like R410A, R125 and R32. Their model
was developed to cover the most relevant flow regime like annular, stratified, wavy and slug. To

conclude, they tested their model with the experimental data of almost all the available refrigerants.

The starting point of their model comparing their earlier data with the Kosky and Staub [206] equation
and used the Friedel [16] to compute interfacial shear stress. Their model was flow pattern based and
divided into annular-stratified flow transition and stratified flow, stratified-slug transition and slug
flow and bubbly-intermittent flow. For the first, they gave the limits and noted that if the dimensionless
gas velocity Jy > 2.5 and Lockhart Martinelli parameter X« < 1.6, then the flow could be considered to
be fully annular, in that case they proposed a suitable correlation. For the stratified flow they noted
that Jy was typically low and always less than 2.5 and the Xi < 1.6. Their thinking was that since in
stratified flows we have a thin liquid film which is gravity driven at the top of the tube and a thick
liquid film at the bottom of the tube, it will be wise to represent the heat transfer as the sum of what
happens during both phenomena. For the thin film at the top of the tube, they derived a Nusselt type
temperature dependent equation which was a correction of the Jaster and Kosky [74] equation and for
the bottom of the tube dominated by liquid, they derived another equation which is a correction of the

Dittus-Boelter equation.

2.9.4. Correlation of Shah

Shah [90, 96] presented a new flow pattern based general correlation for heat transfer during in-tube
condensation in horizontal tubes. He divided the flow regimes into three. Regime 1 was for
intermittent, annular and mist flows; regime Il was for stratified — wavy flows and regime 111 was for
stratified flows. These divisions were based on the values of the dimensionless vapour velocity Jv. This
new correlation was a modification of his previous correlations [52, 100] and covered mass fluxes as
low as 13 kg/m?s. The new correlation was able to predict 1568 data points with an average absolute
deviation of 17%.

2.10. Condensation in smooth horizontal tubes

2.10.1. Initial works
Pioneering research work on condensation heat transfer was carried out by Nusselt [219]. For a vertical

plate, he reduced the complexity of the real condensation phenomenon to an elementary model by
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assuming that the only resistance for heat removal during condensation occurred in the condensate
film. He assumed that the viscous shear of the vapour on the film was insignificant and solved the
continuity, momentum and energy equations using some assumptions to simplify the complex process.
The assumptions were that there was a uniform vapour temperature and vapour is saturated. He also
assumed constant fluid properties; gravity is the only external force acting on the film (static force
balance because momentum is ignored); the adjoining vapour is static and exerts zero drag on the film,
and the latent heat is much greater than the sensible cooling of the film. The curvature of the interface
is negligible hence the saturation temperature of the interface is that of a planar interface determinable
from the vapour pressure curve of the fluid. For a horizontal tube, he used a numerical integration
approach to derive the laminar film condensation on the outside of horizontal tubes obtaining the
relation: In arriving at this, he assumed a laminar condensate flow round the tube and that the
coefficient of heat transfer was highest at the centre of the tube decreasing around the surface as the
intrinsic thermal resistance in the film grew with its thickness and finally resulting to nil at the bottom
of the tube. A major shortcoming of Nusselt was that he neglected the surface tension forces that help
up the condensate at the bottom of the tube until been overcome by the force of gravity resulting in the
formation of condensate droplets instead of a continuous sheet. The Nusselt [219] equation can be
applied to condensation inside horizontal tubes to calculate the falling film heat transfer coefficient

when considering stratified flows.

In his PhD thesis, Crosser [208] examined the effect of vapour velocity, temperature difference and
fluid properties on the condensation of propane. He concluded that there was no effect of liquid loading
and temperature difference on the heat transfer coefficient over the range of his investigation then
came up with a correlation for his heat transfer coefficients. Carpenter and Colburn [220], Soliman et
al. [173] and Chen et al. [93] also developed shear based correlations for heat transfer coefficients
while Kosky and Staub [206] and Traviss et al. [171, 221] developed boundary layer based correlations
for heat transfer coefficients applying the momentum and heat transfer analogy to an annular flow
model using the Von Karman [222] universal velocity in describing the liquid film wherein the total
thermal resistance of the liquid film thickness was considered different from that of Carpenter and
Colburn [220], Soliman et al. [173] and Chen et al. [93] who only considered theirs in the laminar sub-

layer.

2.10.2. Low mass fluxes (horizontal tubes)
A review of studies during in tube condensation at low mass fluxes in horizontal tubes is presented in

this section.
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2.10.2.1. Work of Aprea et al.
Aprea et al. [86] measured the local heat transfer coefficients during the condensation of R22 and

R407C in a 20 mm diameter, smooth horizontal tube at saturation temperatures varying between 37°C
and 40°C. They conducted experiments at mass fluxes of 45 — 120 kg/m?s. They found that their
experimental points at low mass fluxes fell into the stratified wavy flow regime. They compared the
results of their experiments with some correlations [109, 215, 216, 223] and found that the correlation
of Dobson and Chato [176] predicted their results to within an accuracy of 13%. However, they did

not study the effect of temperature difference on the heat transfer coefficients.

2.10.2.2. Work of Suliman et al.
Suliman et al. [81] performed heat transfer experiments at mass fluxes ranging between 75 — 300

kg/m?s during the in-tube condensation of R134a in a smooth horizontal tube with an inner diameter
of 8.38 mm at a nominal saturation temperature of 40 °C. They found that at low mass fluxes, the heat
transfer coefficients were dependent on temperature differences. They also presented an improved flow
pattern map, which was a slight modification of the map proposed by El-Hajal et al. [97]. However,

they only acquired two data points for the lowest mass flux of 75 kg/m?s.

2.10.2.3. Work of Lee and Son
Lee and Son [28] presented the results of their experiments during the condensation of R134a, R290a,

R600a, and R22 in different smooth horizontal tubes at a saturation temperature of 40 °C. Their lowest
mass flux was 35.5 kg/m?s, while their maximum was 210.4 kg/m?s. Their work was more of a
comparative study between the heat transfer characteristics of the different refrigerants in the search
for replacement refrigerants. They did not study the effect of the temperature difference on the heat
transfer coefficients. However, just as other researchers, they found that the heat transfer coefficients
increased with increasing quality and mass flux. Comparing the results of their experiments with
correlations, they found that the Haraguchi et al. [210] correlation was the most reliable for predicting
the range of their experimental data.

2.10.2.4. Work of Azzolin et al.
Azzolin et al. [224] investigated the effect of gravity during the convective condensation occurs inside

a circular channel with a diameter of 3.4 mm. An experimental apparatus was designed to perform
microgravity experiments at mass fluxes between 70 kg/ m?s and 170 kg/m?s with Hydrofluoroether
(HFE-7000) as the working fluid. The results of the heat transfer coefficient and the flow pattern
visualizations showed that, when gravity acted perpendicular to the channel flow, it had a beneficial
effect on the heat transfer coefficient by acting on the liquid distribution along the tube perimeter. In
microgravity conditions, this mechanism led to a penalization factor which increased as the mass flux

increased.
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2.11. Condensation in smooth inclined tubes

Previous studies [4, 8, 9, 18, 32, 33, 46, 71, 72, 91, 92, 98-103, 106-117, 119-123, 225] on inclined
tubes were at moderate to high mass fluxes. In those studies, it was found that varying the inclination
angles altered the flow patterns with consequent effects on the heat transfer coefficients, pressure
drops, and void fractions. It was also found that the effects of inclination became more pronounced as
the mass flux decreased. For downwards inclinations, it was found that the effect of the gravity was
dominant and caused a thinning of the liquid layer which led to a reduction in the thermal resistance
within the tube surface, leading to higher heat transfer coefficients [7, 18, 32, 33, 71, 72, 124]. For
upwards inclinations, no concrete trend was established. However, there are two main challenges. The
first is that there is no study that has systematically coupled the effect of inclination and temperature
difference on the heat transfer coefficients and flow patterns at low mass fluxes (<100 kg/m?s). The
other challenge is that there are contradictory reports [32, 72, 99, 100, 102] on the recommended
inclination angle for optimum heat transfer performance. This is further evidenced by the fact that
there is no unifying correlation that can properly predict the heat transfer coefficients in inclined
smooth tubes. This may be attributed to the fact that the available models are either limited by tube
size, working fluid, saturation temperature, mass flux, or tube orientation. A review of the most

relevant works on inclination is presented below.

2.11.1. Work of Tepe and Muller
Tepe and Mueller [29] were arguably the first to publish their findings on the effect of inclination
during condensation inside smooth tubes. They performed experiments during the condensation of
benzene inside a smooth tube 18 mm in diameter at a single inclination angle of 15°. They observed
that there existed an effect of inclination on their measured heat transfer coefficients. They also found
that their measured heat transfer coefficients were approximately 50% higher than the predicted values
when compared to the Nusselt [219] classical theory. Following closely were Hassan and Jakob [117],
who performed numerical and empirical studies on the effect of inclination on the heat transfer
coefficients during condensation outside horizontal tubes. They noticed an effect of inclination on the
measured heat transfer coefficients. Furthermore, they applied the Nusselt [219] classical theory and
compared the results of their experiments to that of their numerical analysis. They found that the heat
transfer coefficients of their numerical study were between 28% and 100% lower than the results of
their experiments. They attributed this to the rippling effect of the condensate film, which was not
accounted for in their theoretical model. Later, Chato [116] also observed an inclination effect during
condensation of R113, wherein he observed that slightly downwards inclinations led to an increase in

heat transfer rates.
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2.11.2. Work of Chato
Chato [109] studied and developed analytical solutions for stratified laminar condensation in
horizontal and inclined tubes. It was assumed that the condensate depth decreased along the tube
length. Hence, he neglected the heat transfer in the liquid pool at the bottom of the tube and assumed
that the void fraction did not change significantly with respect to vapour quality. These assumptions
led to large errors at high mass fluxes and low vapour qualities because convective heat transfer
prevailed in those conditions. He further developed a Nusselt-type equation for the condensation of
refrigerants at low vapour velocities inside horizontal and inclined tubes based on Chen’s [36] analysis

of falling film condensation outside a horizontal cylinder.

2.11.3. Work of Nitheanandan and Soliman
Nitheanandan and Soliman [113, 226] obtained flow regime data during the condensation of steam
inside a 13.4 mm diameter tube at upwards and downwards inclinations within + 10°. In all their
experiments, they achieved complete condensation inside the condenser. They found that the zones
occupied by the wavy and slug regimes experienced significant shifts, whereas the effect on the annular
flow boundary appeared to be insignificant at the present small inclination angles. They also compared
their data with adiabatic gas-liquid flow regime maps developed analytically and experimentally for

horizontal and inclined tubes.

2.11.4. Work of Meyer and co-workers
Lips and Meyer [7, 18, 71, 72] studied the heat transfer and pressure drops during the condensation of
R134a inside a smooth inclined tube. They carried out experiments at different inclination angles for
upwards and downwards flows. With the aid of a high-speed camera installed at the exit of their test
section, they captured and studied the flow patterns by varying the mass fluxes, vapour qualities, and
inclination angles. They found that at high mass fluxes and vapour qualities; the flow was independent
of the angle of inclination and always remained annular. However, at high mass fluxes and low vapour
qualities, the flow regime was mostly intermittent and dependent on the inclination angle. They defined
the impact of gravity on the heat transfer coefficients as the ‘Inclination effect’ (l) and presented an
expression for it. They also found that the highest heat transfer coefficients were achieved at an
inclination angle of between —15° and —30° (downwards flow). The gap in their work was that they
did not investigate the combined effect of the temperature difference and inclination on the heat

transfer coefficients.

Meyer et al. [33] conducted condensation heat transfer experiments in an 8.38 mm diameter inclined
smooth tube at saturation temperatures in the range 30 — 50 °C. Their study was an extension of the
work of Lips and Meyer [7, 71, 72], who carried out similar experiments but at a single saturation
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temperature of 40 °C. They found out that in general, an increase in saturation temperature led to a
decrease in the heat transfer coefficients. They also found out that the inclination effect on the heat
transfer coefficients became more prominent as mass fluxes decreased. Similar to the result of Lips
and Meyer [72] they found that the angle which gave the maximum heat transfer coefficients was
between —15° and —30° (downwards flow). However, they did not investigate the influence of

temperature difference on the heat transfer coefficients as they kept their heat transfer rate constant.

Recently, Olivier et al. [32] investigated the effect of inclination on void fraction and heat transfer
coefficient during the condensation of R134a inside a smooth inclined tube at mass fluxes between
100 and 400 kg/m?s. They captured flow regimes and measured void fractions with a capacitive void
fraction sensor mounted at both the inlet and outlet of their test section. They kept the heat transfer
rate of their experiments at 200 W. They found that the inclination effect on heat transfer coefficients
and measured void fractions became insignificant with increasing mass flux and vapour quality. The
greatest effect of inclination on heat transfer coefficients was observed for combinations of low mass
flux and low vapour quality. Their results at downwards inclinations were more sensitive to changes
than for upwards inclinations. They also found that the void fraction and flow pattern map predictions
were inadequate for inclined flow conditions. However, they did not investigate the influence of

temperature difference on the heat transfer performance, keeping their heat transfer rate constant.

2.11.5. Work of Mohseni and co-workers

Mohseni and Akhavan-Behabadi, Mohseni et al. [99, 101] conducted experiments for seven different
tube inclinations between —90° and +90° and six refrigerant mass fluxes between 53 and 212 kg/m?s
to measure the heat transfer coefficients and observe the flow patterns of R134a condensing inside a
smooth inclined tube. They found that the tube inclination noticeably influenced the heat transfer
coefficients. In terms of the flow regimes, they found an effect of inclination on the vapour and
condensed liquid flow distribution leading to eight distinct flow regimes with respect to the different
tube inclinations. They also found that the best heat transfer performance was achieved at an inclination
angle of +30° (for all refrigerant mass fluxes). Their findings were in sharp contrast with the findings
of Lips and Meyer [7, 18, 71, 72].

A holistic look at both studies showed that the difference between the experimental conditions was the
length of the test sections, average saturation temperature, and the mass flux range, but would those
variables be significant enough to sharply alter the inclination effect? They also found the effect of
inclination angle on the heat transfer coefficient to be more prominent at low vapour qualities and mass

fluxes. Furthermore, they developed an empirical correlation that predicted the results of the heat
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transfer coefficient of their experiments. However, they did not investigate the combined effect of the

temperature difference and inclination on the heat transfer coefficients.

2.11.6. Work of Xing et al.
Xing et al. [102] performed experiments during the condensation of R245fa inside an inclined tube
14.81 mm in diameter and 1.2 m in length at an average saturation temperature of 55 °C. The mass
fluxes considered to be in the range 191-705 kg/m?s with the vapour quality ranging between 0.19 and
0.95. Furthermore, they carried out a non — dimensional study wherein they found influences of inertia
and gravity on the condensation heat transfer coefficients. Their analysis showed that surface tension
forces were insignificant during the two-phase process. With respect to the heat transfer coefficients,
they found an influence of inclination angle on the heat transfer coefficients and proposed that optimal
inclination angles of 15° and 30° existed, at which the heat transfer coefficients reached a maximum.
With respect to the flow patterns, they observed stratified-smooth flow, stratified-wavy flow,
intermittent flow, churn flow, falling film, and annular flow. They developed a correlation which was
also able to explain the influence of mass flux, vapour quality, and inclination angle on the
condensation heat transfer coefficient. This correlation also predicts that the measured heat transfer

coefficient.

2.11.7. Low mass fluxes (inclined tubes)
Despite its wide range of utilization and huge potential for future applications, little information is
available on the thermal performance of inclined condensers at low mass fluxes. A review of the open
literature [2, 4, 6-9, 11, 17, 18, 20, 32, 33, 46, 55, 58, 59, 71, 72, 74-76, 86, 91-94, 96-98, 101-103,
106, 107, 110, 111, 113, 114, 126-129, 171, 184, 214, 227-240] revealed that most studies on
condensation inside smooth tubes focused on horizontal and vertical configurations at mass fluxes
typically greater than 200 kg/m?s and normally reaching up to 1 000 kg/m?s. Other studies [11, 52, 75,
81, 104, 105, 119] showed that at low mass fluxes, the heat transfer coefficient was dependent on the
temperature difference. Of these studies, none has quantitatively and systematically investigated the
effects of both tube inclination and temperature difference on the heat transfer coefficients and flow
patterns in smooth tubes at low mass fluxes. This underscores the need for more data collection by
employing empirical studies to help in this regard. A review of the most relevant literature on low mass

fluxes is presented below.

2.11.8. Work of Davies et al.
Davies et al. [31, 104, 105] conducted experimental and flow visualization studies during the
condensation of steam in noncircular inclined steel tubes brazed with aluminium fins at steam mass

fluxes lower than 10 kg/m?s and a uniform air fin-face velocity of 2.2 m/s. Their test condenser was
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approximately 11 m long and made of steel with brazed aluminium fins with a rectangular cross-
section of dimensions 214 mm x 18 mm. Their test condenser was also cut in half lengthwise and
covered with a polycarbonate viewing window to allow for simultaneous visualization and the heat
transfer measurements. Their maximum inlet air temperature range was from was 35 °C and the
average condensing temperature of the steam were maintained at 100 °C. With respect to inclination
angle, they varied it from horizontal (0°) to downwards (—75°) flow. Furthermore, they found that the
depth of the condensate river at the bottom of the tube decreased with an increase in inclination angle.
The average steam-side heat transfer coefficient was shown to increase with an increase in inclination
angle. Overall, their results suggested that an improvement in steam-side heat transfer performance
was achieved by varying the tube inclination angle. With respect to flow visualization, they found only
the stratified flow regime for all test conditions at all locations along the condenser. They also observed
both film-wise and drop-wise condensation on the tube wall. The steam-side heat transfer coefficient
was found to be dependent on the wall-steam temperature difference, and not vapour quality or
Reynolds number. As a result, the condensation heat transfer coefficient did not decrease along the
condenser length, as is common for smaller condenser tubes with higher mass fluxes. Finally, they
stated that the overall heat transfer coefficient of the condenser was found to increase linearly with
increasing downwards inclination angle of the test condenser, at an approximate rate of 0.08% per
degree of inclination beneath the horizontal reference. They attributed this increase to improved

drainage and increased void fraction near the condenser outlet.

2.11.9. Work of Lyulin et al.
Lyulin et al. [103] studied the laminar convective condensation of pure ethanol vapour inside an
inclined smooth circular tube with an inner diameter 4.8 mm and a length of 200 mm. The experiments
were conducted at an average saturation temperature of 58 °C. The vapour mass flux was varied from
0.24 to 2.04 kg/m?s. They investigated the dependence of the heat transfer coefficient on both the
temperature difference between the saturated vapour and the wall and the condenser inclination. They
found that the heat transfer coefficient reduced with an increase in the temperature difference. They
also found that the heat transfer coefficient was a maximum at an inclination angle of 15°-35°. They
attributed this to the complex gravity drainage mechanism of the condensate. They also proposed that
their results would be valuable in the development of compact cooling systems for ground and space

applications.

2.11.10. Work of Arslan and Eskin
Arslan and Eskin [75] measured the heat transfer coefficients during the condensation of R134a inside
a smooth vertical tube. They covered only downwards flows for a mass flux range 20 to 175 kg/m?s.

Their condensation temperatures varied from 20 — 30 °C. Their findings revealed that the heat transfer
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coefficients decreased with an increase in saturation pressure and that at low mass fluxes, the heat
transfer coefficients were dependent on the temperature difference between the inner tube wall
temperature and saturation temperature. They also found that the measured heat transfer coefficients
increased as the mass flux increased. They postulated that amongst the other correlations, that of
Akers et al. [208] best predicted their results, with an average deviation of 23%. However, they did
not represent their results as a function of vapour quality and only considered a vertical tube

orientation, neglecting other possible inclinations.
2.12. Physics of pressure drop

The total pressure drop in a condensation process is intimately linked to the kinetic and potential
energies of the working fluid, and the frictional interaction between the fluid and the tube wall in which
the condensation occurs. These, in turn, are functions of the internal tube diameter, the length of the
condenser, the mean fluid velocity and the mean value of the fluid density. While the kinetic energy is
intimately linked to the momentum pressure drop, the gravitational energy is inextricably connected
to the static pressure drop. Furthermore, the interaction between the fluid and the tube wall is linked

to the frictional pressure drop.

It can also be shown that for horizontal flows, the static pressure drop reduces to zero thus is
customarily neglected. Also, the frictional pressure drop is an essential component of the total pressure
drop because it is typically more significant than the momentum and static pressure drop. Frictional
pressure drop is a product of irreversible work due to shear forces on the tube wall and at the liquid-
vapour interface. It is also the most challenging to determine, and more complicated to predict in
comparison with single-phase flow. It has also been shown to be a function of the dominant flow
pattern, tube diameter, interfacial contact area between the liquid and vapour phases, inclination angle,
heat flux, pipe surface roughness, fluid properties, mean vapour quality, and mass velocity. The
momentum pressure drop (APmom) accounts for the difference in pressure due to a change in
momentum resulting from the acceleration or deceleration of the fluid in the test section. For
condensing flow, the kinetic energy of the outgoing flow is usually less than that of the incoming flow
which implies that the momentum pressure drop is always negative. Hence the momentum pressure
head results in an increase in the pressure at the outlet i.e. a pressure recovery. The static pressure drop,
APsat results from an elevation difference between the inlet and the outlet due to the tube inclination
angle. The mathematics of pressure drop will be treated in the data reduction section (Chapter 3) of

this thesis.
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2.13. Pressure drop in horizontal tubes

Ferguson and Spedding [133] conducted experimental and comparative studies on pressure drop
during two-phase co-current air-water flow in a horizontal Perspex pipe with an internal diameter of
9.35 mm and a length of 12.8 m. The results of their experiments were used to test the prediction of
pressure drop in a variety of models. They found that particularly with the stratified flow regimes, the
model suggested by Olujic [241] was the most accurate. They also recommended different models for
other flow regimes found in their study and explained why predictions in other specified flow regimes

were unsuccessful.

Cavallini et al. [11] investigated heat transfer coefficient and pressure drop during the condensation of
refrigerants R134a, R125, R32, R410A, and R236a within a vapour quality range between 0.15 to 0.85.
Their saturation temperature range was between 30 and 50 °C. They found that pressure drop increased
with mass flux and vapour quality and that the pressure drop was highest at the lowest saturation
temperature (30 °C). They also found that lower pressure fluids resulted in higher pressure drop. The
Rohuani [169, 170] void fraction model was used in estimating the momentum pressure drop. They
chose this model because of the small change in vapour quality across the test section which implied
that the momentum pressure drop was expected to be negligible. Finally, they concluded that pressure

drop behaviour was crucial in ascertaining the overall thermal performance of different fluids.

Son and Oh [23] investigated pressure drop during the condensation of R22, R134a, and R410A at
mass fluxes between 450 — 1 050 kg/m?s inside a circular microtube, 3.38 mm in outer diameter, at a
saturation temperature of 40 °C. It was found that the condensation pressure drops for R22, and R410A
were lower than that of R134a for the same mass fluxes. They also found that the pressure gradient
decreased as the vapour quality decreased. Furthermore, their experimental results were compared with
14 two-phase flow pressure drop models, and it was found that the Chen et al. [13] correlation gave
the lowest overall deviation for the three refrigerants. They attributed this to the fact that their tube
diameter size and mass fluxes were in the same range as that used by Chen et al. [13] even though
there was a difference in the range of saturation temperatures. After that, they leveraged on the results
of their experiments and the Lockhart-Martinelli [145] two-phase multiplier method to develop a new

correlation which predicted the results of their tests satisfactorily.

Bohdal et al. [10] presented the results of their experiments during the condensation of R134a, R407C,

and R404A in mini-channels with their maximum tube being 3.3 mm in diameter. They found a

significant dependence on pressure drop on the refrigerant type, process parameters, and structure of

the two-phase flow. It was also found that an increase in the mass flux led to an increment of the flow

resistances in local conditions. They proposed a correlation for determining the frictional pressure drop
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in the annular, annular wavy, and stratified two-phase flow regimes covering a temperature range

between 20 and 50 °C, vapour qualities between 0 and 1, and mass fluxes between 0 and 1 300 kg/m?s.

Goss et al. [39] investigated pressure losses during the convective condensation of R134a in horizontal
and parallel circular microchannels. Their test conditions were saturation temperatures between 28 to
40 °C, qualities from 0.5 to 1, heat fluxes from 17 to 53 kW/m?, and mass fluxes from 230 to 445
kg/m?s. They quantified the contributions of fluid acceleration, contraction, expansion, flow direction
changes and friction to the total pressure drop; they found that the frictional pressure drop component
corresponded to 95% of the total pressure loss. They also investigated the influence of condensation
temperature, heat flux, and mass velocity on the pressure drop and found that the pressure drops
decreased with a decrease in mass flux but increased with a reduction in saturation temperature. They
also found that the pressure drops were not affected as much by the heat flux. Finally, they compared
the results of their experiments with various correlations and semi-empirical models and found that

the model proposed by Cavallini et al. [242, 243] gave the best prediction performance.

Xu et al. [25] evaluated 29 frictional pressure drop models for two-phase flow in tubes by collecting
3 480 data points from previous experiments. The hydraulic diameters of the tubes considered ranged
from 0.0695 mm to 14 mm, and mass fluxes ranged from 6 to 6 000 kg/m?s. They compared these
experimental data with these models and investigated the significance of the mass flux, vapour quality,
tube diameter and working fluid on the frictional pressure drop. They concluded that the correlations
of Muller-Steinhagen and Heck [22], and Sun and Mishima [147] predicted the entire range of the
experimental data under different conditions with the best accuracy and recommended them for use in

the design of two-phase flow systems.

Dalkilic et al. [3] presented a comparative analysis of the results of their experiments against eleven
different pressure drop models during the annular flow condensation of R600a in a horizontal tube and
R134ain a vertical tube at condensation temperatures between 30 °C and 50 °C. Their test mass fluxes
were between 75 and 400 kg/m?s. The diameter of their vertical tube was 8 mm, while the diameter of
the horizontal tube was 4 mm. They used the Chisolm void fraction model [14] to calculate their
momentum pressure drops. They asserted that compared to other correlations, that of Chen et al. [13]
gave the best prediction in comparison with the results of their experiments. However, they found a
considerable variation in the capability of the different models to correctly predict the results of their

experiments.

Wang et al. [24] performed a theoretical study of friction pressure drops during laminar flow
condensation in microchannels and reported a fair agreement at high vapour qualities and lower results

when compared to some correlations at lower vapour qualities.
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Wang et al. [37] conducted experiments to measure the frictional pressure drop during the
condensation of steam in a horizontal vacuum tube. They varied the steam saturation temperature from
50 to 70 °C using mass fluxes from 2 to 10 kg/m?s across the whole vapour quality range. They
maintained the temperature difference between the cooling water at 3, 5, and 8 °C. It was found that
all their test points corresponded to the stratified flow regime. They also found that frictional pressure
drop increased with mass flux and vapour quality but decreased with saturation temperature.
Furthermore, they found that the frictional pressure drop did not depend much on the temperature
difference. They compared the results of their experimental data with 25 existing frictional pressure
drop models. It was found that the Quibén’s and Thome model [21], Chisholm’s model [14], Zhang’s
model [151], Sun’s model [45, 147], Lee’s model [150] had the best prediction accuracy.

Yan and Lin [35] investigated heat transfer and pressure drop during the condensation of R134a inside
a horizontal circular tube with an internal diameter of 2 mm. Their test conditions were mass fluxes of
100-300 kg/m?s, and saturation temperatures between 25 and 50 °C. They investigated the effects of
the mass and heat flux, vapour quality and saturation temperature on the measured pressure drops and
heat transfer. They found that the pressure drop increased with mass flux. They also found that the
pressure drops were lower at higher saturated temperatures. Based on their experimental data, they

developed empirical correlations for friction factors.

Zhuang et al. [239] studied the thermal performance of R170 (ethane) undergoing condensation at
saturation pressures that ranged from 1 MPa to 2.5 MPa, in a horizontal tube with an internal diameter
of 4 mm. Their test mass fluxes were from 100 kg/m?s to 250 kg/m?s, and heat fluxes were from
55 kW/m? to 96 kW/m? over the complete range of vapour qualities. They examined the effects of
vapour quality, mass flux and saturation pressure on condensation heat transfer and pressure drop. It
was found that frictional pressure drop increased with mass flux. As saturation temperature was
increased, the effect of mass flux weakened. They also found that frictional pressure drop decreased
as the saturation pressure increased. However, at the lowest mass flux of 100 kg/m?s, both the
saturation pressure and vapour quality had little influence on the frictional pressure gradients. In
conclusion, it was found that the Yan and Lin correlation [35] predicted the experimental pressure drop

with a mean absolute deviation of less than 18%.
2.14. Pressure drop in inclined tubes

Wongwises and Pipathattakul [244] studied pressure drops, flow patterns, and void fractions during
horizontal and upward inclined air-water two-phase flow in a concentric annular test section with a
length of 880 mm and an outer diameter of 12.5 mm. They found that their experimental test conditions

corresponded to plug, slug, annular, annular/slug, bubbly/plug, bubbly/slug—plug, churn, dispersed
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bubbly, and slug/bubbly flows. At low gas and liquid velocities, it was found that the pressure drops
increased when the inclination angle changed from horizontal to 30° and 60°. At the same time, the
void fractions increased with increasing gas velocity. They also found that the opposite was true for

increasing liquid velocity.

Maddi and Rao [245] performed experiments during flow boiling of water in inclined tubes
encountered in the design of solar collectors, The angle of inclination was varied from 0° to 90°. It
was found that inclination had a significant influence on the transport process, particularly in the
bubbly and the intermittent flow regimes. However, they found that inclination had only a marginal
effect on the annular flow regime. The Baroczy [246] and the Lockhart — Martinelli [145] correlations

were then used to evaluate the frictional pressure drop in the flow process.

Bhagwat and Ghajar [38] studied pressure drops, void fractions, flow patterns, and heat transfer
coefficients for non-boiling air-water two-phase flow in the entire range of downward inclinations.
Their test section was a tube with an inner diameter of 12.5 mm. Their measurements were taken over
a vast range of liquid and gas phase mass fluxes to cater to the prevalent flow regimes experienced
during downward inclined gas-liquid flow. It was found that there was an effect of the tilting on two-
phase flow patterns, especially at low mass flow rates. A significant impact of pipe inclination was
also seen in the transition between stratified and non-stratified (slug, intermittent) flow patterns. They
concluded that the two-phase flow parameters such as void fraction, pressure drop and heat transfer
coefficient were mainly influenced by the negative slippage at the gas-liquid interface controlled by
the buoyancy-driven nature of the two-phase flow. Furthermore, they also found the two-phase flow
parameters were not sensitive to the variation in downward pipe inclination in the inertia driven region

of the flow patterns.

Autee et al. [247] performed an experimental study of pressure drops during the two-phase flow of
air-water mixtures in transparent acrylic tubes with diameters of 4.0, 6.0, and 8.0 mm with a length of
400 mm orientated horizontally, vertically and at downward inclinations of 30° and 60°. The pressure
drops were measured and compared with the six existing correlations frequently used in calculating
the pressure drops in macro and mini-microchannels. It was found that the current models were
inadequate in predicting the two-phase pressure drop for the three diameter sizes. Based on the results
of their experiments, they proposed a new correlation for predicting pressure drops by modifying the
Chisholm parameter [14] and integrating different parameters. It was found that the proposed

correlation predicted two-phase pressure drops satisfactorily.

Lips and Meyer [7, 18] investigated pressure drops during the condensation of R134a in a smooth

horizontal and inclined tubes at a saturation temperature of 40°C and a constant heat transfer rate of
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200 W. For vertical upward flows; they found that the results of their experiments agreed with various
pressure drop correlations. It was found that no model predicted their measurements correctly for
downward flows. They defined an apparent gravitational pressure drop and a void fraction to study the
inclination effect on the two-phase flow. For upward flows, they found that the void fraction and the
frictional pressure drop did not depend on the inclination angle, but this was not the same for downward
flows. In conclusion, they compared the results of their experiments with the model of Taitel and

Dukler [196] for the stratified downward flow regime, and an excellent agreement was found.

Adelaja et al. [9] conducted experiments to determine the pressure drops during the condensation of
R134a in an inclined smooth inclined tube with an inner diameter of 8.38 mm across a wide range of
vapour qualities. The mass fluxes tested were between 100 kg/m?s and 400 kg/m?s at saturation
temperatures from 30 — 50 °C. They computed their momentum pressure drop with the void fraction
model of Bhagwat and Ghajar [248]. They found that the highest void fractions and pressure drops
were for vertical downward flows. Furthermore, it was found that the pressure drops and void fractions
increased with decreasing saturation temperatures. The opposite was true when the inclination angle
was decreased. In conclusion, it was found that the maximum frictional pressure drops were for

downward flow, while the lowest values were found for upward and horizontal flows.

Kang et al. [31] studied the effect of inclination angles on pressure drops during the condensation of
steam in a flattened tube with a length of 10.7 m and a very low mass flux of 6.8 kg/m?s, as is typically
found in air-cooled steam condensers in the power generation industry. The steam was superheated at
the inlet, and the inclination angles varied from horizontal (0°) to 70°. A uniform velocity profile of
2.03 m/s was imposed on the air side to remove heat from the steam. Initial two-phase pressure drop
measurements and flow visualizations showed a reduction of pressure drops due to enhancement in
the gravity-assisted drainage of condensate inside the tube, although the growth was only seen at an

early stage of inclination.

Most recently Noori Rahim Abadi et al. [53] performed a comprehensive numerical study that
investigated the pressure drops during the condensation of R134a inside a smooth tube at different
inclination angles. The tube had an internal diameter of 8.38 mm and a length of 1.488 m while the
saturation temperature was maintained at 40 °C. Simulations were carried out throughout the possible
angles of inclination from -90° to +90°. The heat flux was kept constant at approximately 5 kW/m?
while the mass fluxes were varied from 100 — 600 kg/m? s. The volume of fluid multiphase flow
formulation coupled with the ANSYS FLUENT™ CFD program was utilized to solve the fundamental
governing equations. The simulated results showed good agreement with the results of the experiments
of Adelaja et al. [8, 9], and in general, they found that the inclination effects on the void fractions and
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pressure drops were negligible at high mass fluxes and vapour qualities. Furthermore, they found that
the measured pressure drops increased as the void fractions, and mass fluxes increased. These

increments were found to be more noticeable at high vapour qualities.
2.15. Summary and conclusion

This chapter revised a few condensation concepts, the different flow regimes as well as relevant heat
transfer correlations. A brief overview of previous work done on condensation in smooth and inclined
tubes with particular reference to low mass fluxes was also given. It has been found that even though
extensive research has been done on in tube condensation, studies were limited to condensation at high
mass fluxes in smooth horizontal and vertical tubes. It was also found that there are gaps in the

literature on low mass fluxes, the effect of temperature difference and inclination.

In previous studies, the results generated at low mass fluxes were generally secondary data and not
part of the foci of those works. There has been no study to specifically determine the heat transfer
coefficients and capture the flow regimes as functions of inclination, temperature differences and

vapour quality.

Furthermore, despite its wide range of utilization and huge potential for future applications, little
information is available on the thermal performance of inclined condensers at low mass fluxes. In fact,
none has quantitatively and systematically investigated the effects of both tube inclination and
temperature difference on the heat transfer coefficients and flow patterns in smooth tubes at low mass
fluxes. This underscores the need for more data collection by employing empirical studies to help in

this regard.

The other challenge is that there are contradictory reports on the recommended inclination angle for
optimum heat transfer performance. This is further evidenced by the fact that there is no unifying
correlation that can adequately predict the heat transfer coefficients in inclined smooth tubes. This may
be attributed to the fact that the available models are either limited by tube size, working fluid,
saturation temperature, mass flux, or tube orientation. It implies that further research needs to be
carried out to develop more pressure drop correlations. Furthermore, the existing flow regime maps

were also developed for either smooth or vertical tubes with none specifically for inclined tubes.

Overall, there needs to be a fundamental understanding between the relationship between temperature
difference and inclination on heat transfer and pressure drops to enable designers optimize heat

exchangers.
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Chapter 3: Experimental Set-Up

3.1. Introduction

The purpose of this chapter is to describe the experimental set-up which was used to conduct heat
transfer, flow pattern and pressure drop experiments in the smooth horizontal and inclined tubes. An
overview of the components of the experimental set-up, the test section, and the instrumentation used,
Is given. The experimental procedure and data reduction methods are also discussed. An overview of
the uncertainty analysis is also given and the text matrix is discussed.

3.2.  Experimental apparatus and procedure

The test bench used for this investigation is well established and has previously been used for
condensation studies [4, 7-9, 18, 32, 33, 71, 76, 81, 92]. However, slight modifications were made to
accommodate the low mass flux requirements of this study. The experimental test rig (Figure 3.1) and
(Figure 3.2) for smooth and inclined tubes consisted of a vapour compression refrigerant cycle (red
lines in the figure) and several water cycles (blue lines in the figure). The inclination angle (5) of the
test section could be varied in this study from —90° (downwards flow) to 90° (upwards flow), with 0°
(horizontal flow) as the reference. The inclination angles were measured with a digital inclinometer,

which was calibrated to an accuracy of 0.01°.

The vapour compression cycle consisted of the test section line and the bypass line, which are both
high-pressure lines, and a low-pressure line through which the R134a was pumped using a hermetic
scroll compressor with a nominal capacity of 10 kW. Each of the lines had electronic expansion valves
which controlled the mass flow rate of the refrigerant. The expansion valve in the test section line that
was used in all previous work was replaced with an electronic expansion valve with a smaller valve

port.

The test line had three condensers: the pre-condenser, the test condenser containing the test section,
and the post-condenser. The pre-condenser was used to control the inlet vapour quality into the test
section where the actual measurements and experiments were conducted. The post-condenser was used
to ensure that complete condensation and subcooling occurred to ensure that only liquid flowed
through the refrigerant mass flow meter. The bypass line had a bypass condenser that controlled the
pressure, temperature, and mass flow rate of the refrigerant flowing into and through the test line. The
majority of the refrigerant flowed through the bypass line with a smaller fraction through the test

section line. The refrigerant from the two high-pressure lines was throttled in the electronic expansion
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valves (EEV) into the low-pressure line, consisting of a water heated evaporator, suction accumulator,

and a scroll compressor.
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Fig. 3.1: Schematic of the experimental set-up and test section (horizontal tube).

The water that was used for the pre-condenser, post-condenser, and evaporator was stored and supplied
from two storage tanks with capacities of 500 litres each. These tanks were kept at pre-selected
temperatures and were thermostatically controlled to approximately 15°C and 40°C, respectively.
These tanks were maintained at these constant temperatures because they were connected to a dual-
function heat pump. The colder storage tank was connected to the pre- and post-condenser, and the
warmer storage tank to the evaporator. A 1.5 kW thermal bath, with a 20-litre storage tank, was
connected to the annulus of the test section. This thermal bath had a built-in pump and was operated
with water inlet temperatures varying from 10 °C to 20 °C, depending on the required condensation

experiments required in the test section.

The test section was a smooth copper tube that was assembled to correspond to a tube-in-tube heat
exchanger configuration. The inner tube formed the test section in which the refrigerant flowed. The

flow of water in the annulus was in a counter direction to that of the refrigerant. The water in the
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annulus was always operated at a temperature lower than that of the refrigerant gas, and therefore,

condensation occurred on the inside of the test section tube.

The rate of condensation in the test section tube was manipulated with the refrigerant and/or water
mass flow rates streams. The refrigerant stream was controlled by changing its mass flow rate,
saturation temperature, and inlet quality. The refrigerant mass flow rate was controlled by opening the
test section expansion valve. This also influenced the saturation temperature and pressure of the test
section which was controlled with the opening or closing of the expansion valve of the bypass line and
the water mass flow rate through the bypass condenser. It was found that the saturation values were
more sensitive to water mass flow rate changes than changing the opening of the electronic expansion
valve. Therefore, the water mass flow rate changes were mostly used to manipulate the saturation

values close to the required values, while the expansion valve was used for precision control.

The vapour quality of the refrigerant before and after the test section was carefully controlled, as the
overall test quality was defined as the average quality between the inlet and outlet qualities of the test
section. This required quality was controlled by the water inlet temperatures and mass flow rates
flowing through the annulus of the test section and flowing through the pre-condenser of the test

section.

In the water stream through the test section, the mass flow rate and water inlet temperature were
controlled. The mass flow rate of the water was controlled by two means. The first was adjusting the
pump setting of the thermal bath while the other was the use of servo-actuated values to control the
flow through the test section while the remaining flow was bypassed to the bypass heat exchanger and
immediately entered the return line back to the reservoirs. The water inlet temperature was set by
changing the set point of the thermal bath. The refrigerant and water mass flow rates through the three
condensers were measured with a Coriolis mass flow meter that could measure both the refrigerant

and water mass flow rates with errors of less than 0.05%.

The test section inner tube was 1.49 m in length, with a measured inner diameter of 8.38 mm and an
outer diameter of 9.54 mm. The annulus outer tube had an inner diameter of 14.5 mm and an outer
diameter of 15.9 mm. The test section, pre-condenser, post-condenser, bypass-condenser, evaporator,
and all refrigerant and water lines were insulated with 60 mm of a closed cell elastometric nitrile rubber

that had a thermal conductivity of 0.039 W/mK to minimise heat losses to and from the environment.
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Fig. 3.2: Schematic of the experimental set-up and test section (inclined tube).
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Two sight glasses were installed at the inlet and outlet of the test section. The sight glasses had the
same inner diameter as the test section and were made from borosilicate. The purposes of the sight
glasses were twofold. First, they were used to prevent axial conduction from the test section inner tube
to the connecting tubes at the inlet and outlet, as the thermal conductivities (1.2 W/mK) of the sight
glasses were much lower than those of the copper tubes in the test section line. Second, they were used
for visual observations, and to capture the flow patterns with video cameras. Videos were taken in grey
levels. However, it was found that without a light emitting diode (LED), the flow could not be
visualised properly as evidenced by a black cloud seen around the glass tube. Hence, to improve the
image quality and ensure uniformity in the distribution of the light, a uniform (LED) backlight was
used. This LED backlight was a 99% uniform, 50 by 50 mm red light. Furthermore, it was chosen to
have a low energy output so that it did not thermally affect the passing flow. The flow regimes were
captured with two different cameras. The camera at the inlet could capture videos at 200 frames per
second, while the camera at the outlet was limited to 100 frames per second. Owing to the frames per
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second limitation of the video camera at the outlet, the quality of the outlet videos was not as good as
that of the inlet.

To ensure that the flow through the test condenser was fully developed, a straight calming section,
500 mm in length, and of the same diameter as the test section, was positioned upstream of the entrance
to the test section (after the sight glasses). Another calming section which was 400 mm long and of the
same diameter as the test section was positioned at the exit of the test condenser to minimise the
disturbance at the exit sight glass.

The absolute pressures at the inlet and outlet of the test sections were measured with absolute pressure
transducers that were connected to pressure taps at the inlet and outlet of the test section. The
inaccuracies of the absolute pressure measurements were + 2 kPa. The pressure drop over the test
section was measured with a calibrated differential pressure drop transducer, which was also connected

to two different pressure taps at the inlet and outlet of the test section.

On the outside surface of the test section tube, 28 shallow holes were drilled at seven stations marked
A to G, as shown in Figure 3.1. The first station at A was at a distance of 70 mm from the inlet, and
the subsequent spacing between all the other stations was 225 mm. Each station had four shallow
drilled holes at equal distances around the circumference. In each hole, a 1.3 mm diameter, T-type
thermocouple used for outside wall temperature measurements was attached by soldering. The cooling
water inlet and outlet temperatures were also measured as the average of three thermocouples mounted
on the wall of the inlet and outlet of the annulus that surrounded the test section tube. The same was
done with the average inlet and outlet water temperatures at the pre- and post-condensers. Care was
taken to ensure that the mass flow rates of all cooling water channels were operated in the turbulent
flow regime to ensure that the wall temperature measurement represented the average water

temperatures. Fig. 3.3 shows a schematic of the measurement points in the test section.

The refrigerant temperatures were measured at four stations on the outside walls of the tubes. These
were at the inlet and outlet of the test section, and at the inlet of the pre-condenser and outlet of the
post condenser. These measurements were continuously correlated with the saturation temperatures
indirectly obtained from the pressure measurements of the two absolute pressure transducers. These
differences were never more than 0.1 °C. All the thermocouples used were calibrated before the start

of the experimental programme against a calibrated PT100 to an accuracy of £ 0.1 °C.
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Fig. 3.3: Schematic of the measurement points in the test section.

The refrigerant pressure at the inlet to the test condenser was measured with a strain gauge pressure
transducer to an accuracy of + 2 kPa for mass fluxes between 50 — 200 kg/m?s. To determine its
accuracy, the measured pressure value was cross-checked with the corresponding saturation
temperature on the condensation saturation curve provided by REFPROP [249]. The variation in the
two values was found to be less than 0.1°C at high mass fluxes (300 kg/m?s and above) and high vapour
qualities while a higher difference was observed at mass fluxes lower than 200 kg/m?s and low vapour
qualities. This, however, might be caused by the nature of the prevailing flow pattern at low mass

fluxes.

Two calibrated differential pressure transducers with diaphragm capacities of 0.86 kPa and 14 kPa
connected in parallel between the entrance and the exit of the test condenser were used to measure the
pressure drops. The sizes of the diaphragms were carefully chosen and were calibrated to an error of
+0.05 kPa. The distance between the two pressure taps was Lyp =1 710 mm + 2 mm. Electrical heating
wires were wrapped around the pressure tap lines and heated to approximately 5 °C above the
condensation temperature to prevent condensation in the lines. This was similar to the method of
Cavallini et al. [83], Lips and Meyer [7, 18, 71, 72] and Adelaja et al. [8, 9, 33, 92].

All measurements of temperatures, pressures, and mass flow rates were taken at steady state
conditions. These measurements were taken when no more fluctuations of these measured values
occurred for a period of five minutes, and the energy balance (EB), as determined was less than 5%

and also constant for a period of five minutes. A summary of the operating conditions and average
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energy balances of all experiments are shown in Table 3.1. The energy balances of all experiments

varied between a minimum of 0.2% and a maximum of 5.2%. The average energy balance was 2.1%

with a standard deviation of 1.2%.

Table 3.1: Operating conditions and average energy balances for the experimental matrix

Parameter Average Minimum Maximum Standard
deviation
Condensation temperature 40.0 °C 39.6 °C 40.5°C 0.28 °C
Saturation pressure 1 052 kPa 1 031 kPa 1074 kPa 9.8 kPa
Energy balance 2.1% 0.2% 5.2% 1.2%

All measurements were collected with a data acquisition arrangement which comprised of a desktop
computer with LabVIEW software. Furthermore, embedded in the data acquisition system were
terminal blocks, channel multiplexers, termination units, transducer multiplexers, an interface card,
and signal-conditioning extensions for instrumentation. The readings were captured for 360 s (201
points) at 0.56 Hz, and the averages of all 201 measurement points were used. The standard deviations
of these points were monitored continuously. A detailed list of the equipment used by the LabVIEW
software in the experimental set-up is given in Table 3.2.

At low refrigerant mass fluxes, the heat transfer rates were very low, and it was, therefore, very
challenging to take a large number of measurements, as it took at least 90 minutes before steady-state
conditions were reached once a small adjustment was made to obtain data at another experimental
point. Furthermore, the required temperature differences between the condensing wall and
refrigeration saturation temperature that varied between 3 —10°C, was carefully adjusted with errors of
less than = 0.1°C. The required inlet qualities were also carefully adjusted so that the errors in inlet
qualities were less than 5%. When the system was shut down and restarted, it took approximately two
hours before steady-state conditions were reached for the first time and the first experiment of the day

could be conducted.

The oil concentration in the refrigerant was measured by Suliman et al. [81] in a previous study using
the ASHRAE Standard [250] and was determined to be 1.8% on average. The maximum measured
was 2.3% and only occurred at much higher mass fluxes of 700 kg/m?s, which was much higher than
the range considered in this study. In these studies, it was shown that the presence of oil had a negligible
effect on the results presented.
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Table 3.2: Equipment used by LabVIEW in the experimental test rig

Measurable Equipment Range of applicability
Temperature T-type thermocouple wire | -30 — 300 °C
Omega, UK, 30-gauge
Pressure Sensors
Low Gems Sensor, UK 0 — 2000 kPa
High Gems Sensor UK 0 — 2000 kPa
Test FP Sensotec, USA 0 — 2000 kPa
Differential Validyne, USA 0-—14 kPa

Mass flow rate

Water

Coriolis flow meter:
Micro Motion Inc., USA
Flow meter:

Birkert, Germany

CMF 010 (0.4 kg/s) max
CMF 025 (0.6 kg/s) max
DIN 025 (1.8 kg/s) max
DIN 025 (1.8 kg/s) max

Refrigerant

Coriolis flow meter:
Micro Motion Inc., USA

CMF 010 (0.4 kg/s) max

Expansion valves

Carel, Italy

Test line Carel EEV-05 4 -20 mA
Carel EEV-09 4 -20 mA
Bypass line Carel EEV-014 4 -20 mA
Carel EEV-024 4 -20 mA

Data acquisition

National Instruments,
USA

Temperature

SCXI-1102:32-Channel
Multiplexer

+10V, 4-20 m A inputs
250 kS/s single channel
sampling rate

Pressure and Mass flow

SCXI-1102:32-Channel
Multiplexer

+10V, 4-20 m A inputs
250 kS/s single channel
sampling rate

Control

SCXI1-1124:6- Channel
low- bandwidth output
module

+10 V, 4 20 mA outputs

Flow visualization

Camera

Basler A601f high- speed
camera

Lens

UTron FV 2520

25 mm, f/2 lens

Backlight

Phlox 50 mm x 50mm red
98.7% even lighting
LED backlight

99 % even lighting

Capture software

Pylon viewer
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3.3. Data reduction

The heat transfer rate, Qm,re, of the condensing refrigerant was assumed to be equal to the water side
heat transfer rate, Qw,pre (Eg. (3.1)). It was determined from the measured water mass flow rate,
Ty pre, through the pre-condenser and the measured average water inlet, Ty, ,.._;,, and outlet

temperatures, Ty pre—out:

(3.1)

Qw,pre = Qr,pre = mw,precp,w (Tw,pre—out - Tw,pre—in)

The specific heat values of the water, C, ,,, were obtained from REFPROP [249] using the average of
the measured inlet- and outlet water temperatures through the pre-condenser. The heat transfer rates

through the test section and post-condensers were determined similarly:

Qw,test = Qr,test = mw,testcp,w (Tw,test—out - Tw,test—in) (32)
and

Qw,post = Qr,post = mw,postcp,w (Tw,post—out - Tw,post—in) (3'3)

The enthalpy value of the refrigerant at the outlet of the pre-condenser, h;. yre—oye, Was determined as

(3.4)

Qw,pre = mr,pre (hr,pre—in - hr,pre—out)

The value of h,. ,,-c_ oy COUld be determined from Eq. (3.4), as ijpre was determined from Eq. (3.1).
M, »re Was the measured mass flow rate of the refrigerant through the pre-condenser, and hy. re—in

was the specific enthalpy of the refrigerant at the inlet to the pre-condenser (acquired from REFPROP
[249] using the measured temperature and pressure conditions at the inlet to the pre-condenser).

The enthalpy values of the refrigerant at the outlet of the test-condenser, h;. ;¢s¢—oue, and outlet of post-

condenser, hy ,ost—oue, Were determined similarly:

Qw,test = mr,test(hr,test—in - hr,test—out) (35)
and

(3.6)

Qw,post = mr,post(hr,post—in - hr,post—out)

As the post condenser was always operated to ensure fully condensed liquid at its outlet, the outlet
enthalpy values, h,,ost—out, determined from Eq. (3.6) were cross-checked with enthalpy values

obtained from REFPROP [249] using the measured refrigerant pressure and temperatures values at the

exit of the pre-condenser.
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The total water side heat transfer rate, lewt, was determined as

QW,tOt = Qw,pre + Qw,test + QW,pOSt (37)

while the total condensing refrigerant heat transfer rate, Q. .o, Was determined as

Qr,tot = mr(hr,pre—in_ hr,post—out) (3-8)

In Eq. (3.8), m, was the measured refrigerant mass flow rate through the test line, which was the same
refrigerant mass flow rate through the pre-condenser as well as through the post-condenser; thus, m, =
mr,pre = mr,test = mr,post

The relative differences in heat transfer rates between the water and refrigerant sides were then

compared in the format of an energy balance (EB) as follows:

— |Qr,tot - Qw,totl (3-9)

EB -
Qr,tot

The inlet vapour qualities, x;,, of the refrigerant at the test section inlet were determined as:

hr,test—in - hl (3 10)

xin = hv _ hl

The saturated vapour and liquid values of the specific enthalpies, h,, and h;, respectively, were obtained
from REFPROP using the average of the measured test section inlet and outlet refrigerant
temperatures, and/or average of the measured inlet and outlet refrigerant absolute pressures. It was
found that the values obtained from either the measured pressures and temperatures correlated to
saturation temperature differences of less than 0.1 °C from each other.

The outlet vapour qualities, x,,,;, of the refrigerant at the test section outlet were determined similarly

as.

_ hr,test—out —hy (3.11)
Xout = h _ hl
v

With the inlet and outlet qualities of the test section known, the mean qualities, x,,,, were taken as the

average between the inlet and outlet qualities:

Xout T Xin (3.12)
Xm =

For all experiments, while the enthalpies and qualities were determined, the outside wall temperatures,

T, Were determined as the average measured wall temperatures obtained from the trapezium
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integration technique of the 28 thermocouple measurements at seven different stations (Fig. 3.3) on
the outside of the tube.

(3.13)

Tw,o =

~] =

7
D [T + 05 7101 — )]
j=1

At each of the seven stations, the average station temperatures were taken as the average of the four

thermocouple measurements around the perimeter of the test section tube.

The average temperatures on the inside of the test section wall, T,,,;, were determined by using the
outside wall tube temperature measurements, T,,, ,, and taking into consideration the heat transfer rate

through the wall, Q,, s;, and the thermal wall resistance, R, of the wall:

Tw,i = Tw,o + |Qw,testRw| (3-14)

The thermal wall resistance was determined as:

_In(d,/d;) (3.15)
W 2mkey, L

where d, and d; were respectively the measured outside and inside diameters of the test section, k.,
was the thermal conductivity of the test section which was made from copper, and the measured length,

L, of the test section tube.

It was found that the wall thermal resistances were negligible in all cases, as the differences between
the inside and outside tube walls were all less than the errors (0.1° C) of the temperature measurements.
Therefore, it was found that the average wall temperature measurements in Eq. (3.13) on the outside

of the wall were equal to the inside wall temperatures required in Eq. (3.14).

The “temperature differences” referred to in this paper used for the heat transfer coefficient

calculations were:

AT = Tyqe — Ty (3.16)

They referred to the temperature difference between the refrigerant saturation temperatures, Tgq:, and
average wall inner temperatures, T,,;, of the test section determined by Eq. (3.14). The saturation
temperatures were taken as the average between the measured inlet, Trin and outlet refrigerant
temperature Trout, Mmeasurements of the test section (Fig. 3.3). This saturation temperature also
corresponded to within 0.1°C of the saturation temperature that was implicitly determined from
REFPROP when the measured absolute saturation pressure measurements taken from the average of

the inlet and outlet test section pressure measurements were used.
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With the heat transfer rates known, the average heat transfer coefficients, a, of the condensing

refrigerant in the test section were determined as:

a = QW,tESt (317)
AAT

The heat transfer rates, Q,, ;es:, Of the water side of the test section were used to determine the heat
transfer coefficients, not the refrigerant heat transfer rates, Qr,test. The uncertainties of the refrigerant
rate depended on the uncertainties of the inlet and outlet enthalpies whose uncertainties further
depended on the uncertainties of the inlet and outlet vapour qualities which were approximately 5%.
However, the uncertainties of the heat transfer rate on the water side, Qw,test, was 3%. The internal
surface area ( A; = md;L) of the test section of the test tube was determined from the measured tube
inlet diameter d;, which was 8.38 mm, and measured test section length over which the heat transfer
occurred, L, which was 1.49 m.

Lastly, since the heat transfer coefficients were mass flux dependent, the corresponding mass fluxes

were determined as:

My test (3.18)
G =
ACS

where the test section cross-sectional area was determined as A, = (/4)d?.

The nomenclature used and data reduction for heat transfer in smooth tubes and inclined tubes were
practically the same. The only new term introduced is the inclination effect, (I,) defined by
Lips and Meyer [72], as:

Tmax — Emin (3 19)

I =
a tg=o

In Eq. 3.19, amax and amin are the maximum and minimum heat transfer coefficients obtained for a
specific mass flux and mean vapour quality for the various angles of inclination. Furthermore, agz—, is

the heat transfer coefficient obtained for the horizontal orientation.

The pressure drops were determined as was done by Adelaja et al. [8]. The frictional pressure drops

were calculated as:
APfri = APpeas + APjine — APpom — APstgs (3.20)

The measured pressure drops, AP,..s, Were obtained directly from the transducer pressure drop
measurements. AP;;,,. was the measured line pressure drop difference due to the height difference as a

result of varying the angles of inclination. The line pressure drop is important because it measures the
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static pressure difference effect due to the vapour that was trapped in the pressure lines. It was

calculated as:

APyine = pygLap sin 8 (3.21)

where, p,, was the refrigerant vapour density obtained from the measured saturation temperature and
REFPROP [249]. The gravitational acceleration was taken as 9.81 m/s?. L,p, was the measured
distance (1.71 m) between the two pressure taps and, f, was the measured inclination angle of the test
section. The inclination angle was taken from the horizontal. The inclination angle was considered as
positive for upward inclinations, zero for horizontal inclinations, and negative for downward

inclinations. For horizontal flow (8 = 0°) which implies that sin § = 0°, which means that AP;,,, = 0.

The static pressure drops, APs;,:, caused by the difference in height from one side to the other side in

the test section were dependent on inclination angle and were calculated as:
APgtar = pepgLap sin (3.22)

From Eq. 3.22, it can be deduced the static pressure drop reduces to zero for horizontal flow (5=0°)

scenarios. In the equation, p,,, represents the two-phase density and was determined as recommended

by [251-255]. This expression represents a homogenous model and was calculated as:
Pep = pi(L— &) + pye (3.23)

From Eq. 3.24, the surface tension, o, the liquid phase density, p;, and the vapour phase density, p,,,
were all determined at the measured condensation temperature (which was cross checked against the
measured saturation pressure) with REFPROP [249]. The void fraction, ¢, for horizontal and inclined
flows respectively, were calculated using the Steiner versions of the drift-flux model of the Rouhani
and Axelsson model [169, 170] as:

02577" (3.24)
1- 1.18(1 — —
Erp = ul 1+0.12(1 —x)) (ﬁ + x) + ( x)(‘ggggl pv))
v Py P1 G Pr
0.25 0.257~1 (3.25)
x gdp} (x 1- x) 1.18(1 — x)(ga(p, — pv))
=—|[[1+0.2(1—- alE Z 4 +

It should be noted that Bhagwat and Ghajar [248] developed a flow pattern independent drift flux
model based void fraction correlation for a wide range of gas-liquid two-phase flows suitable for

inclined tubes. However, when comparing their void fraction predictions with that of Rouhani
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and Axelsson, it was found that the average deviation was less than 3% which translated to a negligible
deviation of about 1% in the calculated measured pressure drops. Hence, we opted to use the models

listed in Eqs. (3.24 and 3.25) because of its simplicity and longevity.

Finally, the momentum pressure drop was calculated making use of the void fraction calculations as

recommended by Carey [256] as:

o ff@=x% X\ (-2 x* (3.26)
Ainom = € [<'Dl(1 —€) ’ pv£>out (,0[(1 — &) i pv£>inl

The mass flux, G, was calculated from the measured refrigerant mass flow rate and the cross-sectional
area of the test section. The vapour qualities were determined as described in our previous works [52,
54, 167]. Furthermore, the temperature differences (AT) referred to in this paper are the temperature

differences between the average refrigerant saturation temperature, Ts,;, and the average inner wall
temperature, TW,i, as explained in refs. [52, 54, 167]. The operating conditions and average energy

balances (as defined in refs [52, 54] for the experimental matrix is given in Table 3.3.
3.4. Uncertainty analysis and repeatability

An uncertainty analysis (Appendix A) was conducted as prescribed by Dunn [257], based on the
experimental parameters and uncertainties given in Table 3.3. The results showed that, in the range
over which experiments were conducted, the uncertainties were 1%, 5%, and 10% for the mass fluxes,
qualities, and heat transfer coefficients, respectively, at a specific mean quality. Two challenges were
encountered during the generation of results. First, because of the low mass fluxes, the heat transfer
rates in the test section were low, and varied as low as 170 W. Second, in many cases, the changes in
quality values from the inlet to outlet were significant. This can be solved by using a shorter test section
length. However, then the heat transfer rates decrease even further and the uncertainties would increase
significantly. For example, decreasing the test section length by 50% would have increased the
uncertainties of the heat transfer coefficients to 18%.

Table 3.3: Experimental parameters, ranges, and uncertainties

Parameter Range Uncertainties
Tsat 40 °C +0.1°C
G 50 — 200 kg/m?s + 1%
Xm 0.1-0.9 + 5%
a 1 300 — 3 300 W/m?K + 10%
Ow 170 - 600 W +1%
AP 0-9kPa +8%
B -90 - 90° +0.1%
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The repeatability of the measured results of the condensation heat transfer coefficients and pressure
drops was established by repeating a selection of approximately 60% of the results three months later.
The maximum percentage differences in the heat transfer coefficients and pressure drops when the
experiments were repeated was about 2%. The maximum differences were found at a vapour mass flux

of 50 kg/m?s, qualities below 0.25 and inclination angles of +90° and -90°.
3.5.  Test matrix for smooth tubes

Table 3.4 shows the test matrix of the experiments that were carried out at mass fluxes of 200, 150,
100, 75 and 50 kg/m?s at different temperature differences, AT, and average qualities, x,,,. A total of
97 experimental data points were produced. The average saturation temperature of all the
measurements conducted was at a condensing temperature of 40 °C, with a standard deviation of just

less than approximately 0.3 °C.

At a mass flux of 200 kg/m?s, 24 measurements were taken at six different qualities of 0.10, 0.25, 0.50,
0.62, 0.75, and 0.9, and at four different temperature differences of 3, 5, 8, and 10 °C. At a mass flux
of 150 kg/m?s, 24 measurements were taken at the same experimental conditions as those taken at
200 kg/m?s. At mass fluxes of 100 kg/m?s, 75 kg/m?s, and 50 kg/m?s, the number of experimental
conditions at which experiments were conducted was 31, 11, and 7, respectively. The experimental
conditions at which experiments could be conducted therefore decreased with mass flux. This was
because the changes in quality from the test section inlet to outlet increased. To prevent this from
occurring, the mass flow rate through the water in the annulus and/or water inlet temperature to the
annulus can be altered. However, it has been found that the heat transfer rates became too low, and the
uncertainties of the heat transfer coefficients became too high.

3.6.  Test matrix for inclined tubes

The in-tube condensation heat transfer experiments were carried out at a condensation temperature of
40 °C, and mass fluxes of 50, 75, and 100 kg/m?s, at different temperature differences, inclination
angles, and mean vapour qualities. The inlet and outlet flow regimes were also captured and all the
results are shown in Figs. 6.1 — 6.8. Where relevant, the heat transfer coefficients were the averaged

over the test section length.

The approximate mass fluxes, vapour qualities, and temperature differences are presented in an
experimental matrix in Table 3.5, which shows that 900 experimental data points were produced. At a
mass flux of 100 kg/m?s, it was possible to take 375 measurements: 15 different inclination angles of
-90°, —60°, —45, —30°, —15°, —10°, —5°, 0°, 5°, 10°, 15°, 30°, 45°, 60°, and 90° and at five different
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Table 3.4: Summary of experimental test points for smooth tubes

G =150 and 200 kg/m?s
Mean vapour quality | AT =3°C | AT=5°C | AT=8°C | AT=10°C
Xm 0.1 0.1 0.1 0.1
Xm 0.25 0.25 0.25 0.25
Xm 0.5 0.5 0.5 0.5
Xm 0.62 0.62 0.62 0.62
Xm 0.75 0.75 0.75 0.75
Xm 0.9 0.9 0.9 0.9
Sub-total = 48 points
G =100 kg/m?s
Mean vapour quality | AT=3°C | AT=5°C | AT=8°C | AT=10°C
Xm 0.1 0.15 0.25 0.3
Xm 0.17 0.22 0.3 0.4
Xm 0.25 0.25 0.35 0.45
Xm 0.41 0.3 0.41 0.52
Xm 0.45 0.35 0.43 0.62
Xm 0.60 0.38 0.5
Xm 0.75 0.41 0.55
Xm 0.82 0.5 0.62
0.55
0.6
Sub-total = 31 points
G =75 kg/m?s
Mean vapour quality | AT=3°C | AT=5°C | AT=8°C
Xm 0.25 0.25 0.3
Xm 0.3 0.5 0.5
Xm 0.43 0.62 0.62
Xm 0.5
Xm 0.62
Sub-total = 11 points
G =50 kg/m?s
Mean vapour quality | AT=3°C | AT=5°C
Xm 0.25 0.35
Xm 0.35 0.5
Xm 0.62 0.62
Xm 0.75
Sub-total = 7 points
Total = 97 points

temperature differences of 1, 3, 5, 8, and 10 °C with mean vapour qualities varying between 0.25 and
0.9. At a mass flux of 75 kg/m?s, it was possible to take 300 measurements at 15 different inclination

angles between —90° and 90° and four different temperature differences of 1, 3, 5, and 8 °C with mean
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vapour qualities varying between 0.10 and 0.9. At a mass flux of 50 kg/m?s, it was possible to take
225 measurements at 15 different inclination angles between —90° and 90° and at temperature
differences of 1, 3, and 5 °C with mean vapour qualities of 0.10 — 0.90. The measurement points that
could not be produced were specifically at lower qualities and the resolution between the different
qualities decreased. The challenges at these points were high-temperature differences between the

temperatures of the condensing refrigerant at the inlet and outlet of the test section.

Table 3.5: Summary of experimental test points for inclined tubes

G AT Xm p Points
[kg/m?s] [°C] [-] [°]

50 1,35 0.10,0.25,0.5, |-90, -60, —45, =30, —15, —10, -5,
0.62,0.75,0.9 0, 5, 10, 15, 30, 45, 60, 90 225

75 1,3,58 | 0.10,0.25,0.5 |-90,-60,—-45,-30,-15,-10, -5,
0.62,0.75,0.9 0, 5, 10, 15, 30, 45, 60, 90 300

100 [1,3,5,8,10| 0.10,0.25,0.5, |—-90,-60,-45,-30, 15,10, -5,
0.62,0.75,0.9 0, 5, 10, 15, 30, 45, 60, 90 375

Total =900

3.7.  Summary and conclusion

This chapter gave a broad overview of the two-phase experimental setup and all its appendages. It
highlighted the system requirements and distinct cycles in the system. It detailed the test section,
testing procedure, LabVIEW, instrumentation, control methodology and the data reduction
methodology. Experiments were conducted using a smooth and inclined tube condensation of R134a
at low mass fluxes in smooth horizontal and inclined tubes with an internal diameter of 8.38 mm and
a length of 1.49 m The refrigerant mass flux was varied between 500 and 200 kg/m?s and water was
used as the cooling fluid in the annulus of the test section. The wall temperatures were measured at 28
thermocouple stations. Two calibrated differential pressure transducers with diaphragm capacities of
0.86 kPa and 14 kPa connected in parallel between the inlet and the outlet of the test condenser over a
length of 1.71 m were used to measure the pressure drops. The flow patterns were captured
concurrently with two high-speed video cameras positioned at the entrance and exit of the test section
through sight glasses. The test section was adequately insulated and the maximum heat loss was found

to be less than 3%.

The experimental set —up was very complex and any change in the system settings affected all other
parameters; hence it required skill and patience to manoeuvre the system until the desired testing points
were reached. The measurements were only taken once there was no significant increase or decrease

in temperatures, pressure drops and mass flow rates, within a period of approximately 120 seconds. It
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was necessary to have control over the working pressures, temperature difference, mass flux, saturation

temperature, energy balance and mean vapour quality.

To control the test line mass flux, the amount of refrigerant bypassed or entering the test line must be
adjusted using the installed electronic expansion values; these adjustments led to changes in the general
back pressure in the lines. Adjustments made in the electronic expansion valve settings required
enough settling and response time. There was a combination of ways to control the system pressure.
For instance, the modification of the bypass line electronic expansion valve setting led to the correct
condensation pressure in the system. Hence, when the condensation pressure needed to be increased,
the bypass electronic expansion valve was closed. To achieve the same effect, the bypass condenser
water could also be used. From experience, the system reacted more to small water flow changes than
medium electronic expansion value setting changes. This made the use of the electronic expansion
valve as a precision control necessary and the water bypass water for approximate settings. Changes
in the system settings were always gradual because substantial changes impinged upon the system
pressure. As a last — ditch effort when the system was in danger of tripping off on high pressure, the
bypass condenser water supply valve was always opened by a significant amount. This immediately
decreased the pressure of the system. If the system was in danger of tripping on low pressure, the

bypass electronic expansion valve, as well as the bypass condenser water valves, were closed.

An uncertainty analysis was conducted. It was found that the maximum uncertainties were 1%, 5%,
and 1% for the mass fluxes, qualities, and heat transfer rates respectively. It was also found that the
maximum uncertainty for the measured pressure drop and heat transfer coefficients were 9% and 10%
respectively. Second, in many cases, the changes in quality values from the inlet to outlet were
significant. This could have been solved by using a shorter test section length. However, the heat
transfer rates would have decreased even further and the uncertainties would have increased
significantly. For example, reducing the test section length by 50% would have increased the
uncertainties of the heat transfer coefficients to about 18%. To conclude, a repeatability analysis was
also carried out wherein a selection of approximately 60% of the experiments were repeated three
months later to check possible drift in measurements, and the differences in results were compared.
The maximum percentage differences of the measured heat transfer coefficients and pressure drops
when the tests were repeated, was about 5%. This maximum difference was found at a vapour mass

flux of 50 kg/m?s, qualities below 0.25 and inclination angles of +90° and -90°.
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Chapter 4: Validation

41. Introduction

The purpose of this chapter is to validate the integrity of our experimental set-up. The gains of this
chapter will ensure that the results of the experiments to be presented in the succeeding sections will
be used with a very high confidence level. Validation for condensation heat transfer coefficients, flow
pattern visualisation, and pressure drop experiments conducted for mass fluxes between 100 and 400

kg/m?s will be presented.
4.2. Validation of heat transfer coefficients in horizontal tubes

A validation study was carried out to ascertain the functionality and accuracy of the experimental set-
up and the data generated from it. A summary of the validation test matrix is shown in Table 4.1, and
it identifies the 25 different conditions that were used for experimental comparison purposes. The
validation experiments were conducted at a saturation temperature of 40 °C over a mass flux range of
100 — 400 kg/m?s at qualities of 0.1 — 0.9. It was found that the heat transfer coefficients compared
well to literature and the average deviation of the 25 heat transfer coefficients with the literature was
8%, the maximum deviation was 15%, and a minimum deviation was 1%. The results of a part of the

validation experiments are summarised in Figure 4.1.

Table 4.1: Summary of validation heat transfer coefficient experiments conducted at different qualities

Gka/m?s] | xm[-] | Xm[-] | Xm[-] | Xm[-] | Xm[-] | Xm[-] | Xm [-] Points
100 0.1 0.2 0.35 0.5 0.62 | 0.75 0.9 7
200 0.1 0.2 - 0.5 0.62 | 0.75 0.9 6
300 0.1 0.2 - 0.5 0.62 | 0.75 0.9 6
400 0.1 0.2 - 0.5 0.62 | 0.75 0.9 6
Total = 25 points

In Figure 4.1, the results are given at a mass flux of 300 kg/m?s, and were compared to the
measurements of Cavallini et al. [83], Jung et al. [73], Kim and Shin [74], Lips and Meyer [72], Meyer
et al. [33], Suliman et al. [81], and VVan Rooyen et al. [76]. In general, the measurements compared
well to measurements from literature. The measurements were lower than the measurements of
Cavallini et al., Van Rooyen et al., Jung et al., and Kim and Shin, but higher than those of Suliman et
al. The mean deviations were 16% lower than the values of Cavallini et al., and 11% higher than those

of Suliman et al.
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A verification at mass fluxes lower than 100 kg/m?s, which would have been desirable, was not
possible, and for that reason, verifications were conducted in this section on mass fluxes of only 100-
400 kg/m?s. Specific verifications against the work of others at low mass fluxes were not possible
because of differences in refrigerants [60, 64-66], tube diameter [86], tube shape [68], orientation
(vertical and not horizontal) [75, 77], and temperature differences not specified [81]. Moreover, the
other studies [2, 4, 58, 59, 61, 70, 77, 79, 84, 258] were general reviews with no experimental results
to show. The only direct comparison that could have been possible against previous work was with the
work of Suliman et al. [81], in which two heat transfer coefficients at a heat flux of 75 kg/m?s were

determined; however, the temperature differences at which the measurements were made were not

specified.
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Fig. 4.1: Validation results of experimental heat transfer coefficients as functions of quality at a mass flux

of 300 kg/m?s compared to experimental data at a saturation temperature of 40 °C.

4.3.  Validation of flow pattern in horizontal tubes

Figure 4.2 summarises the only two flow patterns observed for horizontal flow. These flow patterns,
which were smooth stratified (S) flow and stratified wavy (SW) flow, were adopted using the
definitions and descriptions of flow regimes prescribed by Thome [62]. All the experimental data
points summarized in Table 4.1 were also compared to the Thome [97] flow regime map. It was found

that the observed flow regimes were in all cases correctly predicted and thus validated.

In general, although extensive verification experiments at mass fluxes lower than 100 kg/m?s were not

possible, the agreement of heat transfer coefficients and flow regime observations at mass fluxes from

100400 kg/m?s were satisfactory, and at least verifications were conducted at a mass flux of
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100 kg/m?s, which was on the upper boundary of the range of mass fluxes considered in the following

section.

(a) Stratified flow (S) (b) Stratified wavy flow (SW)

—

Fig. 4.2: General description of flow patterns found at mass fluxes of 50, 75, and 100 kg/m?s (horizontal

flow).
4.4. Validation of heat transfer coefficients in inclined tubes

Validation experiments for the heat transfer coefficients were conducted at different inclination angles,
as summarized in Table 4.2, which identifies the 45 different conditions that were used for
experimental comparison purposes. The validation experiments were conducted at a saturation
temperature of 40 °C, over a mass flux range of 200 — 400 kg/m?s, at a mean vapour quality of 0.5, at
inclination angles of —90° < £ < 90°, and with heat transfer rates of approximately 200 W, as were
done by Lips and Meyer [72] and Meyer et al. [33]. The results of a part of the validation experiments

are summarized in Figure 4.3

In this figure, the results are given for a mass flux of 300 kg/m?s and vapour quality of 0.5 for 15
different inclination angles from —90° to 90°, and are compared to the measurements of Lips and Meyer
[72], Meyer et al. [33] and the correlations of Adelaja et al. [259], and Shah [91]. In general, the
measurements compared well and were on average, 5% higher than the measurements of Lips and
Meyer [72] but 3% lower than those of Meyer et al. [33]. The measurements were also 10% higher
than the correlation of Adelaja et al. [259] with most of the deviation occurring during downward flow.
Finally, the measurements were generally lower than the correlation of Shah [91] by an average value
of 17%.
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Table 4.2: Summary of validation test points

G Xm [-] £ Points
[kg/m?s]
200 0.5 =90, —60, —45, =30, —15, —10, -5, 0, 5, 10, 15, 30, 15
45, 60, 90
300 0.5 =90, —60, —45, -30, —15, —10, -5, 0, 5, 10, 15, 30, 15
45, 60, 90
400 0.5 =90, —60, —45, -30, —15, 10, -5, 0, 5, 10, 15, 30, 15
45, 60, 90
45 points
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Fig. 4.3: Validation results of experimental heat transfer coefficients as a function of inclination angle at

a mass flux of 300 kg/m?s and mean vapour quality of 0.5.

4.5.  Validation of pressure drop results

A validation study was conducted to establish the integrity of our test rig and the results emanating
from it. The validation experiments were summarised in Table 4.2 and identified 45 different
conditions that were considered for experimental comparison purposes. The validation experiments
were conducted at a saturation temperature of 40 °C. The mass fluxes range of 200 - 400 kg/m?s, at a
mean vapour quality of 0.5 for inclination angles of -90° < # < +90° and with heat transfer rates of
about 250 W. This was done to repeat the experimental conditions of Lips and Meyer [7, 18] and
Adelaja et al. [8, 33]. The measurements compared very well and were within the pressure drop
uncertainties. Furthermore, the pressure drop results for horizontal flow were compared to the
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correlation of Moreno Quibén and Thome [21] and the homogeneous model [62]. It was found that

they compared well and on the average, were 6% lower and 20% higher respectively.
4.6. Summary and conclusion

The experimental set-up and data reduction method for heat transfer coefficients and pressure drops
were validated in this chapter. The results were presented in the order of heat transfer in smooth tubes,
flow pattern in smooth tubes, heat transfer in inclined tubes and pressure drops in smooth and inclined
tubes. It was very challenging to validate for low mass fluxes as there limited studies. Hence, the
validations were done for the mass fluxes that had substantial experimental data published in the open

literature.

For smooth tubes, the heat transfer coefficients compared well to experimental data from the literature:
the average deviation of the 25 heat transfer coefficients with the literature was 8%, the maximum
deviation was 15%, and the minimum deviation was 1%. For flow visualisation, it was found that at a
mass flux of 300 kg/m?s, the observed flow regimes for horizontal flow were in all cases correctly
predicted using the Thome flow pattern map and thus validated. For inclined tubes, the heat transfer
validation measurements compared well and were on average, 5% higher than the measurements of
Lips and Meyer, but 3% lower than those of Meyer et al. The measurements were also 10% higher
than the correlation of Adelaja et al. with most of the deviation occurring during downward flow.
Finally, the measurements were generally lower than the correlation of Shah [91] by an average value
of 17%.

For pressure drops, the validation measurements compared well and were within the pressure drop
uncertainties of the experimental conditions of Lips and Meyer and Adelaja et al. Furthermore, the
validation experiments compared well with the Moreno Quibén and Thome correlation and the

homogenous model.

To conclude, the integrity of our experimental set-up and the data emanating from it was established.

Therefore, the results could be considered as valid and reliable.
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Chapter 5: Heat Transfer Coefficients in Smooth Tubes

5.1. Introduction

It was the purpose of this chapter to experimentally determine the heat transfer coefficients in a smooth
horizontal tube at low mass fluxes and different quality values. During experimentation, the flow
regimes were also captured at the inlet and outlet of the test section, and these results are also presented
here. The experimental data were also compared to literature, and existing literature was modified to
generate an equation that could be used to more accurately estimate the heat transfer coefficients at

low mass fluxes.
5.2.  Flow patterns

In Figs. 5.1 to 5.3, the captured flow patterns at the test section inlet and outlet at different mean
qualities (average between the inlet and outlet qualities) are given at three different mass fluxes
100 kg/m?s (Fig. 5.1), 75 kg/m?s (Fig. 5.2), and 50 kg/m?s (Fig. 5.3).

In Fig. 5.1, at a mass flux of 100 kg/m?s, a mean vapour quality of 0.15, and temperature difference of
3 °C, the inlet vapour quality was 0.27 and the outlet vapour quality was 0.03. The flow pattern
visualisation showed that, at the test section inlet, the flow pattern was stratified wavy (SW), and at
the tests section outlet, the flow pattern was stratified (S). As the flow pattern changed from the test
section inlet to outlet, an “averaged” phenomenon that corresponds to an average quality of 0.15 was
observed (hereafter referred to in this paper as an “SW-S” flow pattern). Although this SW-S flow
pattern occurred only at an average quality of 0.15 for a 3 °C temperature difference, it also occurred
at temperature differences of 5 °C, 8 °C, and 10 °C. Moreover, it was not only observed at an average
quality of 0.15 but also at average qualities of 0.25 and 0.35. Except for the SW-S flow patterns that
were identified, all the other flow patterns in Fig. 5.1 at a mass flux of 100 kg/m?s were stratified wavy.

At a lower mass flux of 75 kg/m?s (Fig. 5.2), stratified flow occurred at both the inlet and outlet for
the case of a temperature difference of 3 °C and an average quality of 0.15, while all the other flow
regimes were stratified wavy. The exceptions were SW-S regimes that occurred at the following
temperatures and average qualities: (a) a temperature difference of 3°C and average qualities of 0.25
and 0.35; (b) a temperature difference of 5 °C and average qualities of 0.15 and 0.25; and (c) a
temperature difference of 8 °C and average qualities of 0.15, 0.25, and 0.35.

In Fig. 5.3, at a mass flux of 50 kg/m?s, all the flow regimes for temperature differences of 1 °C, 3 °C,

and 5 °C were found to be in general SW-S. The exceptions were at qualities of 0.25 and 0.35, where
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the flow regimes were stratified. A debatable point occurred at 1°C at an inlet quality of 0.30. Although
it was observed to be closer to stratified than stratified wavy, the general tendency of results indicates
that it should be stratified.

The different flow regimes observed at the determined inlet and outlet qualities were plotted onto the
relevant part of the EI-Hajal et al. map [97], as shown in Fig. 5.4. The effects of temperature differences
are also shown. This excludes the SW-S points, as the “averaging” of these points that specifically
correspond to the average qualities listed in Figs. 5.1-5.3 are not accurate. The reason is that the
transition from the stratified wavy regimes to the stratified regimes could have occurred anywhere

between the inlet and outlet quality values.

For mass fluxes of 50 kg/m?s, 75 kg/m?s, and 100 kg/m?s, the map predicts that the transition vapour
quality from stratified to stratified wavy flow should be 0.29, 0.17, and 0.11, respectively. At a mass

flux of 100 kg/m?s, all the flow regimes were predicted correctly.

However, at a mass flux of 75 kg/m?s, two points were incorrectly predicted. The first was at a
temperature difference of 3 °C and inlet vapour quality of 0.25. According to the flow pattern map, the
flow regime should have been stratified wavy flow; however, stratified flow was observed. Secondly,
at a temperature difference of 8°C and outlet vapour quality of 0.17, stratified flow was observed
although the flow regime predicted stratified wavy flow.

At a mass flux of 50 kg/m?s, the flow regimes of 4 points were incorrectly predicted in Fig. 5.4. At a
temperature difference of 1 °C and quality of 0.58, the flow regime was observed to be stratified,
although the map predicted stratified wavy. At a temperature difference of 5 °C and qualities of 0.28,
0.31, and 0.4, the flow regimes were observed to be stratified wavy, although the map predicted that

the flow regimes should be stratified flow.
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Fig. 5.1: Flow regimes at different temperature differences and vapour qualities at a mass flux of 100 kg/m?s.
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Fig. 5.4: Verification experimental data points generated in this study plotted on the El Hajal et al. [97]

map.

In general, if all three mass fluxes of 100 kg/m?s, 75 kg/m?s, and 50 kg/m?s are considered, the map
predicted 85% of the experimental data points correctly. In general, it seems as if the map inaccurately
predicted the flow regimes as the mass flux decreased and the temperature differences increased.

5.3. Heat transfer coefficients

The heat transfer coefficients at mass fluxes of 200, 150, 100, 75, and 50 kg/m?s at different mean
qualities are given in Figs. 5.5-5.9 for different temperature differences. The heat transfer coefficients
are the average heat transfer coefficients over the test section lengths and the mean quality values were
the average qualities between the inlet and outlet qualities are given in Figs. 5.1-5.3. The results show
the expected trend of heat transfer coefficients as a function of vapour qualities that has been shown
in previous work. Thus, the heat transfer coefficients increase with increasing values of mean vapour
quality and mass flux. Fig. 5.5 shows the effect of temperature difference at a mass flux of 200 kg/m?s.
The heat transfer coefficients at different temperature differences were all within the uncertainties of
the measurements. It was, therefore, concluded that the heat transfer coefficients at a mass flux of
200 kg/m?s were independent of temperature difference and remained approximately constant. This

can be attributed to the dominance of shear forces over gravity forces at this mass flux.

At a mass flux of 150 kg/m?s (Fig. 5.6), the effect of temperature difference was only detected

noticeably at a low vapour quality of 0.1, which was observed to be stratified flow, while all the other
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flow regimes were stratified wavy flow. The percentage difference between the measured heat transfer
coefficients for the extremes of temperature differences (3 and 10 °C) at a quality of 0.1 was 12%.
However, at vapour qualities greater than 0.25, the temperature difference had a negligible effect on
the value of the heat transfer coefficients.

Fig. 5.7 shows the effect of temperature difference at a mass flux of 100 kg/m?s. Except for the one
point at a quality of 0.15 which is in the stratified flow regime, all the other experimental conditions
were taken in the stratified wavy flow regime. The results show that, in general, the heat transfer
coefficients increase as the temperature difference decreases. The effect of the temperature difference
is more dominant at higher qualities. For example, if the heat transfer coefficients at temperature
differences of 3 and 10 °C are compared, the increase in the heat transfer coefficient is 10% at a vapour
quality of 0.25, while at a vapour quality of 0.62, the increase is 13%. At a mass flux of 75 kg/m?s
(Fig. 5.8), the same conclusion can be made about the effect of temperature difference: the heat transfer
coefficients are dependent on temperature difference and increase as the temperature difference

decrease.

Fig. 5.9 shows the effect of temperature difference at a mass flux of 50 kg/m?s. Again, the conclusion
about temperature difference made for mass fluxes of 150 — 75kg/m?s can be made for the mass flux
of 50 kg/m?s. However, the data points were not sufficient enough for any conclusions about the
influence of quality to be made.
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Fig. 5.5: Heat transfer coefficients as a function of different wall and refrigerant saturation temperature

differences, AT, at different mean qualities during condensation at a mass flux of 200 kg/m?s.
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AT, at different mean qualities during condensation at a mass flux of 50 kg/m?s.

The general conclusions that can be made when comparing Figs. 5.5 — 5.9 were that at mass fluxes of
50 — 100 kg/m?s, the condensing heat transfer coefficients were temperature dependent. The heat
transfer coefficients increased as the temperature differences decreased. It can thus be concluded that
the effect of AT was more significant at lower mass fluxes due to the existence of gravity-dominated
flow like stratified or stratified-wavy flow. In these types of flow patterns, the conduction resistance

through the liquid film played a more significant role. With an increase in film thickness with AT, the
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thermal resistance of heat transfer increased and resulted in lower heat transfer coefficients. At higher
mass fluxes the flow regimes were almost annular and shear stresses played the main role in the total
thermal resistance or heat transfer coefficients, therefore the increase in film thickness with respect to
AT had a negligible effect on the heat transfer coefficients. Furthermore, at a mass flux of 100 kg/m?s,
it was found that the effect of the temperature difference was more dominant at higher qualities. This

effect was only observed at this specific mass flow rate.
5.4.  Comparison with literature

The results of this study at mass fluxes of 50, 75, and 100 kg/m?s are compared in Fig. 5.10 to the
theoretical models of Shah [88], Cavallini and Zecchin [207], Akers et al. [208], Cavallini et al. [95],
Dobson and Chato [176], Shah [96] and Haraguchi et al. [210] The comparison was only conducted

with the mass fluxes that were found to be temperature dependent.
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Fig. 5.10: Comparison of experimental data with several theoretical models from literature.

The comparison shows that the experimental results of this study were lower than the predicted values
of Cavallini et al., Haraguchi et al., and Dobson and Chato, but higher than the predicted values of
Akers et al. and Cavallini and Zecchin. With respect to the newest model of Shah [96], some of the
results of our experiments were higher while others were lower. The absolute mean deviations in
comparison to the theoretical models of Shah, Cavallini and Zecchin, Akers et al, Cavallini et al.,
Haraguchi et al., Dobson and Chato, and the newest method of Shah correlations were 42%, 29%,

21%, 19%, 31%, 27%, and 25%, respectively. The maximum deviations per data point were generally
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recorded at the lowest mass flux of 50 kg/m?s. This showed that the theoretical models became error-
prone with decreasing mass fluxes. In general, it was also found that as the temperature difference

increased, the absolute mean deviation decreased.

With respect to the Cavallini et al. [95] correlation, the experimental results compared well only at
vapour qualities below 0.2. It was also found that, for the new Shah [96] correlation, the experimental
data correlated to within 17% for mass fluxes of 75 and 100 kg/m?s. However, at a mass flux of
50 kg/m?s, the absolute mean deviation was 54%.

Following the instructions of Shah, our data points at this mass flux fell on the “Shah Regime III”,
which represented stratified flows. In that regime, Shah neglected the heat transfer from the condensate
in the liquid pool at low mass velocities and this ultimately lowered the heat transfer coefficients. If
the “Shah Regime II” equation (representing stratified wavy flow) had been used for all the mass fluxes
(50, 75, and 100 kg/m?s) at which experiments in this study were conducted, the absolute mean
deviation would have decreased from 17% to 12%. Although this modification can be considered for
implementation, there is no theoretical justification for the model proposed by Shah [96], as our
experimental observations show that only 65% of our measurements were conducted in the stratified

wavy flow regime.
5.5. Revised theoretical model

From the previous section, it was deduced that the heat transfer models of Akers et al. [208] and
Cavallini et al. [95] predicted the results of our experiments with the lowest absolute mean deviations.
The Akers et al. model is a semi-empirical, two-phase multiplier-based correlation which defines the
all-liquid mass flow rate. It also provides the same heat transfer coefficient as for an annular
condensing flow. The general limitation of this correlation and others of its type is that it does not
include sufficient variables to accurately describe condensation in tube flow. On the other hand, the
Cavallini et al. model is based on the physical description of the actual flow structure, and it predicts
and identifies the local two-phase flow pattern based on localised flow conditions. This model also
requires a reliable two-phase flow pattern map. We have, therefore, selected the Cavallini
et al. correlation [95] for our revised model, which takes into consideration several heat transfer
coefficients that contribute to the total heat transfer coefficient. The total heat transfer coefficient is

given as:

ap = [aA Ug/]v)O's - astrat] (]v/]g) + Ustrat (5-1)

with a,, the annular flow heat transfer coefficient, given as
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an = o[l + 1.128x0817°(p,/p,)°385 11/ 11,)°233 (1 — pr, /) 224 PO (52)
and the liquid only heat transfer coefficient, «;,, given as:

a,, = 0.023Rel2Pr*k,/d (5.3)
where ag:rq: 1S the fully-stratified flow heat transfer coefficient. In the dimensionless vapour velocity
term, JT', a value of Ct = 2.6 was used as prescribed by Cavallini et al., as we have used R134a as the
condensing fluid. An analysis of the Cavallini et al. equation showed that it has only the fully-stratified
flow heat transfer coefficient term which is dependent on the temperature difference, AT which drives
the heat transfer at low mass fluxes. It then lent credence to the fact that the Cavallini et al. model may
not be predicting this parameter accurately as evidenced by the discrepancy noticed during comparison
where it over-predicted the measured heat transfer coefficients. This discrepancy was attributed to the
varying temperature differences. Having established that the a;,.., component of the total heat transfer
component (a), was responsible for the over prediction of the Cavallini et al. correlation by about 20%,
a parametric study was done on the a;,4; to quantify the effects and sensitivity of both the exponents
of the temperature difference, AT and the vapour quality on its value. It was then found that the
exponent of AT (T1) was more sensitive to a change in the value of ag...; as compared to a large
change in the value of the exponent of vapour quality (x) (T2) on the liquid only heat transfer coefficient
term, (a;,) component of the (a-q¢). This then led to the modification of the existing correlation as

shown in Eq. 5.4.

Qserae = 0.725[1+ 0.741[(1 = x)/x1°332] k3 pi(py = pu)ghu/ (i AT)] ™ + (1 = x™)ay,  (5:4)
In Eq. (5.4), the exponents Ty and T proposed by Cavallini et al. were 0.25 and 0.087, respectively. It
has been found that by using the values T1 = 0.245 and T» = 0.25 for low mass fluxes (G < 100 kg/mZ2.s),
the mass fluxes can be estimated more accurately, as shown in Fig. 5.11-5.12 The measured and
predicted heat transfer coefficients with the original Cavallini et al. equation for different mass fluxes
are shown in Fig. 5.11. The figure shows that 53% of the heat transfer coefficients outside the +10%
range were for mass fluxes lower than 100 kg/m?s. In Fig. 5.12, the Cavallini et al. equation was used
to determine the heat transfer coefficients, but with T1 = 0.245, and T>= 0.25. These values were only
used for mass fluxes lower or equal than 100 kg/m?s, while the originally proposed values of 0.25 and
0.087 were used for all the mass fluxes larger than 100 kg/m?s. This adjustment resulted in 90% of the
data at low mass fluxes (G < 100 kg/m?.s), with errors smaller than + 10%. The results show that, for
the 48 experimental points at low mass fluxes (G < 100 kg/mZ.s), the average errors improved from
25% (Fig. 5.11) to 6% (Fig. 5.12).
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As discontinuities in the T, and T» values as proposed by Cavallini et al. occurred in this study, we
investigated several curve fittings techniques that would produce equations without discontinuities.
The equations were of the following format: T; = f;(G) and T, = £, (G); thus, two different functions
(f1 and f, ) of mass flux, G, were obtained. At mass fluxes higher than 100 kg/m?s, the T1 and T2 values
should be 0.5 and 0.087, respectively. However, at mass fluxes lower than 100 kg/m?s, the T1 and T
values should be 0.245 and 0.25, respectively. The combination of the best and most simple equations

were the third order polynomial equations given in Egs. (5.5) and (5.6).

T, =—-1% 107963+ 4x1077G?> — 6 x107°G + 0.2449 (5.5)
and
T, =-1%x1078G3+1x107°G? — 0.0012G + 0.2698 (5.6)

However, both these equations show that the first three terms contribute very little to the values of T:
and T2, and that the last terms of 0.245 and 0.25 contribute the most. Thus, if the third order polynomial
equations are used rather than the values of 0.245 and 0.25, then it will have an insignificant effect on

the results in Fig. 5.12.
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Fig. 5.11: Measured heat transfer coefficients compared to the Cavallini et al. [48] equation as functions
of mass flux using the original values of T1 and T, i.e., 0.25 and 0.087, respectively as proposed by
Cavallini et al. [48].

The proposed correlation may be used as a universal model because it is a modification of an already
existing universal flow pattern based heat transfer model. The experimental and test conditions
(besides the low mass fluxes) used in arriving at this modification were similar to many previous
studies.
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Fig. 5.12: Measured heat transfer coefficients compared to the modified Cavallini et al. [48] using the
revised values of T: and T, i.e., 0.245 and 0.25, respectively, (which take into consideration the
temperature differences at low mass fluxes) as suggested.

5.6. Summary and conclusion

There have been many experimental and theoretical studies on condensation inside smooth horizontal
tubes. However, limited studies have been conducted on the effect of the temperature difference
between the wall temperature on which the condensation occurred and the refrigerant saturation
temperature on the heat transfer coefficients. It was, therefore, the purpose of this study to investigate
the effect of this temperature difference on heat transfer coefficients at low mass fluxes during
condensation. This was done with experiments conducted at five different mass fluxes of 50, 75, 100,
150, and 200 kg/m?s during the convective condensation of R134a in a smooth horizontal tube with an
internal diameter of 8.38 mm. Experiments were conducted with temperature differences from 3 °C to
10 °C at a condensing temperature of 40 °C. The inlet and outlet qualities of the condensing refrigerant

were determined, and videos of both the inlet and outlet flow regimes were captured.

The observed flow patterns were compared to a flow regime map, and it was found that the map
predicted most of the experimental data points correctly. In general, however, the map inaccurately
predicted the flow regimes as the mass flux decreased and the temperature differences increased. It
was found that the effect of the temperature difference on the heat transfer coefficients began to show
at a mass flux of 150 kg/m?s, but only at a vapour quality of 0.1. However, the dependency of heat
transfer coefficients on temperature difference increased at all vapour qualities when the mass fluxes

were lower or equal to 100 kg/m?s. In all cases, for a specific mass flux lower than 100 kg/m?s and a
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specific mean quality, the maximum heat transfer coefficients were found at the lowest temperature
difference, while the minimum heat transfer coefficients were found at the maximum temperature
difference. Finally, as the mass flux decreased, the heat transfer coefficients became more dependent

on the temperature difference.

The heat transfer coefficients from this study were also compared to six correlations from literature,
and it was found that the literature did not accurately predict the heat transfer coefficients at low mass
fluxes. In general, as the temperature difference increased, the errors between measurements and
predictions increased. Two minor revisions to one of these correlations were suggested in a term that
is influenced by the temperature difference. It was found that, when these two revisions to the
correlations were introduced, the heat transfer coefficients could be predicted more accurately at low

mass fluxes.
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Chapter 6: Heat Transfer Coefficients in Inclined Tubes

6.1. Introduction

It was the purpose of this chapter to present the flow regimes and heat transfer coefficients at different
inclination angles at low mass fluxes and different temperature differences, AT. This study is a
continuation of the previous chapter which was limited to condensation in horizontal tubes. This

chapter concentrates on the effect of different inclination angles on the heat transfer coefficients.
6.2.  Flow patterns

Figure 6.1 summarizes the six flow patterns observed in this study. These flow patterns are smooth
stratified (S), stratified wavy (SW) (also observed in Meyer and Ewim [52]), annular (A), annular
wavy (AW), intermittent (I), and churns flows (C). These flow patterns were adopted using the
descriptions of flow regimes as prescribed by Thome [52, 260]. The bubbly flow was not observed on
its own but was observed during intermittent flows. The flow pattern abbreviations S, SW, A, AW, |,
and C are used to identify the flow patterns in Figs. 6.2 and 6.3. In these figures, the flow patterns are
given for two different mass fluxes 100 kg/m?s (Fig. 6.2) and 50 kg/m?s (Fig. 6.3) as a function of
temperature differences and inclination angles for mean qualities of 0.5 and 0.25, respectively. These

were chosen to reflect most of the flow pattern descriptions observed during the experiments.

In Fig. 6.2, at a mass flux of 100 kg/m?s, and mean vapour quality of 0.5, the flow patterns are given
for temperature differences of 3, 5, and 10 °C, and inclination angles of —90°, —60°, —30°, 0°, 30°, 60°,
and 90°. At an inclination angle of —90°, it was found that both the inlet and outlet flow regimes were
either annular or annular wavy for all the temperature differences. At inclination angles of —60°, —30°,
and 0°, it was found that both the inlet and outlet flow regimes were stratified wavy at all the
temperature differences. The only exception was at a temperature difference of 10 °C and an
inclination of 0°, for which stratified flow was observed. At inclination angles of 30° and 60°, it was
found that both the inlet and outlet flow regimes were frequently changing from churn to stratified
wavy for all the temperature differences. At an inclination angle of 90°, both the inlet and outlet flow

regimes were churn flow.
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Fig. 6.1: Description of flow patterns found in the study.

AT=3°C in

out |

AT=5°C in

out

AT=10°C in

out

Fig. 6.2: Flow regimes at different temperature differences for a vapour quality of 0.5 at a mass flux of G = 100 kg/m?s.
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Fig. 6.3: Flow regimes at different temperature differences for a vapour quality of 0.25 at a mass flux of G = 50 kg/m?s.
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In Fig. 6.3, at a mass flux of 50 kg/m?s and mean vapour quality of 0.25, the flow patterns are given
for temperature differences of 1, 3, and 5 °C, and inclination angles of —90°, —60°, —30°, 0°, 30°, 60°,
and 90°. At an inclination angle of —90°, both the inlet and outlet flow regimes were intermittent and
churn, respectively, for the three temperature differences. At inclination angles of —60°, —=30° and 0°,
both the inlet and outlet flow regimes were stratified wavy for all temperature differences. At
inclination angles of 30° and 60°, both the inlet and outlet flow regimes were intermittent for the three
temperature differences. At an inclination of 90°, all the flow patterns were churn flow at both the inlet

and outlet.
6.3. Heat transfer coefficients

The heat transfer coefficients at mass fluxes of 100, 75, and 50 kg/m?s are plotted as functions of
different inclination angles with varying temperature differences at different mean vapour qualities of
0.25, 0.5, 0.62, and 0.75 in Figs. 6.4-6.6 Furthermore, the heat transfer coefficients at mass fluxes of
100 and 50 kg/m?s are plotted as functions of temperature differences of 1, 3, 5, 8, and 10 °C with
varying inclination angles in Fig 6.7 In general, the results showed the same general trends of heat
transfer coefficients as a function of mass flux, temperature differences, and vapour qualities that have
been shown in previous work [52, 167]. Thus, the heat transfer coefficients increased with decreasing
values of temperature differences and increased with increasing values of vapour quality and mass

flux.

Fig. 6.4 shows that at a mean vapour quality of 0.25, the maximum heat transfer coefficients were
found at the minimum temperature differences in each case; i.e., 3 °C (Fig. 6.4a), 1 °C(Fig. 6.4b), and
1 °C (Fig. 6.4c) for mass fluxes of 100, 75, and 50 kg/m?s, respectively. These occurred at inclination
angles of —15°, —30°, and —15°. Furthermore, it was found that the minimum heat transfer coefficients
for all the temperature differences were found at an inclination of —90° (downwards flow) and the
corresponding maximum temperature differences were 10, 8, and 5 °C for mass fluxes of 100, 75, and

50 kg/m?s, respectively.

It was also found that the inclination effect was more dominant for downwards flows than upwards
flows. For downwards flows, the flow regimes were, in general, all stratified wavy (Figs. 6.2 and 6.3)
with the gravity forces collecting the condensing liquid on the bottom part of the tube with a very thin
condensing liquid layer around the circumference on the top part of the tube. As this layer is thin, the
heat transfer resistance is small and therefore, the heat transfer coefficients are large. Furthermore, the
condensing liquid did not only flow downwards to the bottom part of the tube but also in an axial
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direction to the tube outlet. The results show that in general, the optimal downwards angle is between
—30° and —15°.
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Fig. 6.4: Condensation heat transfer coefficients, a, as a function of inclination angle, g, at different wall
and refrigerant temperature differences, AT, at a mean quality of 0.25 during condensation: (a) Mass flux
of 100 kg/m?s, (b) mass flux of 75 kg/m?s, and (c) mass flux of 50kg/m?s.

The trend of variations in heat transfer coefficient may be related to the prevailing flow regime. At
S =-90°, the flow regime is churn which generally corresponds to low heat transfer coefficients. With
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an increase in the inclination angle to the optimum, the flow regime becomes stratified and as a result,
the heat transfer coefficient increases. With further increase in the inclination angle, the liquid film
thickness seems to increase, which results in an increase in the heat transfer resistance and
consequently, a decrease in the heat transfer coefficient. For the upwards flow direction, the flow
regimes are almost churn and therefore, the heat transfer coefficients decrease and the inclination effect

is negligible.

For upwards flows, it was found that there seemed not to be any major effect of inclination on the heat
transfer coefficients of different temperature differences. Furthermore, it was deduced that the effect
of temperature difference was different for the vertically upwards (+90°) flow in comparison to the
vertically downwards (—90°) flow. The temperature differences had a negligible effect on the heat

transfer coefficients during both vertically downwards flows and vertically upwards flows.

When comparing the heat transfer coefficients of the horizontal tube (4= 0°) orientation to that of
downwards vertical (#=-90°) orientation, it was found that the heat transfer coefficients of the
horizontal orientation were greater. This could be attributed to the stratification due to gravity, which
enhanced the heat transfer by keeping the condensate thickness low in the upper region of the tube as
compared to the vertically downwards flow. In this case, even though the heat transfer coefficient at
the bottom was reduced, the heat transfer enhancement in the upper region prevailed and the mean
cross-sectional heat transfer coefficient was increased as compared to the vertically downwards flow
orientation. It can also be deduced that condensation heat transfer coefficients were more sensitive to
changes in the inclination angles near the horizontal position. In these slightly inclined positions (either
upwards or downwards) the flow patterns were mainly stratified smooth flow and stratified wavy.

When stratified smooth flow and stratified wavy flow occurred, the inclination angles had a heat
transfer enhancement effect. As the inclination angles (Figs. 6.2 and 6.3) decreased from 0° to —30°,
the liquid film thickness decreased because of gravity and consequently led to an increase in the
convection effect. As a result, the thermal resistance decreased, and therefore, the heat transfer
coefficient increased. Furthermore, the flow regimes were almost the same for this region (stratified
wavy or stratified.) With a further decrease of the inclination angle from —30° to —60°, the flow regime
remained stratified wavy and the liquid film thickness did not change significantly; therefore, the heat
transfer coefficient remained almost unchanged between these two inclination angles. This can be seen
in Figs. 6.4 — 6.6. However, with the decrease in the inclination angle from —60° to —90°, there was a
change in the flow regime from stratified wavy to either churn, intermittent or annular flows. When
the flow regime changed to churn or intermittent flows, the liquid phase covered the tube surface

sporadically, which caused an increase in thermal resistance and consequently a decrease in the heat
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transfer coefficients. However, when the flow regime changed to annular flow, the liquid film always
covered the entire tube surface, which also caused a significant decrease in the heat transfer
coefficients. This considerable decrease can be observed in Figs. 6.4-6.6 at an inclination angle is
—90°. The same interpretation is valid for the upwards flow directions, but the difference is that in
those regions, the flow regimes were always intermittent or churn, for which the inclination had no
significant effect on the heat transfer coefficients. In summary, the variations of heat transfer
coefficients with respect to the tube inclination angle can be attributed to the change of flow regime

and liquid film thickness on the tube surface.

Comparing the heat transfer coefficients between the mass fluxes in Figs. 6.4 (a), (b), and (c), it was
found that in general, there was an increase in heat transfer coefficient as the mass flux increased. This
increase could be expressly attributed to an increase in shear forces because, for each comparison, the
temperature differences and inclination angle was kept constant. This same trend was observed in our
previous study [52] on horizontal tubes, were in general, the heat transfer coefficients increased with
mass flux. In that study, the effect of the temperature difference on the heat transfer coefficients was
found to be the main driving force of the heat transfer process. In the current study, the prevailing flow

regime and inclination angles also played roles in the heat transfer process.

Fig. 6.5 shows the effect of inclination on the heat transfer coefficients at different temperature
differences at a vapour quality of 50%. In general, the results are the same as for a vapour quality of
25% (Fig. 6.4), except that the maximum heat transfer coefficients were found to be at a slightly lower

inclination angle of —15° or —30° (downwards flow).

At this vapour quality of 50%, complicated by the role of interfacial waves and inclination angles,
there was increased shear stress on the vapour—liquid interface causing a more unstable interface,
thereby enhancing the condensation heat transfer. With respect to the minimum heat transfer
coefficient, it was also found that the heat transfer coefficient was more sensitive to the combined
effect of inclination angles and temperature difference for downwards flows than for upwards flows.
In general, it can be deduced that because the heat transfer coefficient is closely related to the liquid
film thickness on the tube wall, the higher heat transfer coefficient was found when there was the
thinner liquid film thickness and the converse was true for lower heat transfer coefficients. Finally, it
was found that the phenomenon of the vertically upwards flow, where higher heat transfer coefficients

were found for the maximum temperature difference, was also experienced.
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Fig. 6.5: Condensation heat transfer coefficients, a, as a function of inclination angle, g, at different wall

and refrigerant temperature differences, AT, at a mean quality of 0.50 during condensation: (a) Mass flux
of 100 kg/m?s, (b) mass flux of 75 kg/m?s, and (c) mass flux of 50kg/m?s.

80



,22250_ T T T T 2250 T T T T T T
N N o~
£2100- /f\i £ 21001 -
4 —e—0. i
<1950 St e 2.1950- 7/~i\
X 3 = N A N AR Y
=/ 1800- A % ’gétf %i < 1800- T T %;\};%QF#%
c - = S -
3 1650 E 1650+ :
¢ 1500 I ; 1500 =l
E 1350 e AT=3C E’ 1350 - —s—AT=1°C
£ 1200 SAATSSC ] €200 AR |
5 —x— AT=6°C = TAATRC
§ 1050 § 1050 % AT=8C
2 —+— AT=10°C g
900 T T T T T T T T T T T T T 900 T T T T T T T T T T T T T
9 60 30 0 30 60 90 9 60 -30 0 30 60 90
Inclination angle (6) [*] Inclination angle () [°]
(a) (b)
o950 . T T
& —a AT=1C
£ 1800- Y -~ ;# e AT=3C
= zilt A AT=5C
3 1650 2 |
AN
TG
1350 J

Heat transfer coefficient (&) [W

-éO'-60'-3;0' 6 '3|0'6|0'9|0
Inclination angle (4) []

(c)
Fig. 6.6: Condensation heat transfer coefficients, a, as a function of inclination angle, g, at different wall
and refrigerant temperature differences, AT, at a mean quality of 0.75 during condensation: (a) Mass flux
of 100 kg/m?s, (b) mass flux of 75 kg/m?s, and (c) mass flux of 50kg/m?s.

Fig. 6.6 shows the effect of inclination on the heat transfer coefficients at different temperature
differences but at a higher vapour quality of 75%. These results do not differ significantly from the
results in Figs. 6.4 and 6.5, which were for qualities of 25% and 50%. However, for upwards

inclination angles at this vapour quality, there is an increase in the vapour shear forces exerted on the
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liquid film interface, which slows down the downwards motion of the liquid film and subsequently
causes the interfacial portion of the film to be carried upwards instead downwards to the drain at the

bottom of the tube. This condition leads to the onset of flooding.

For downwards inclination angles, analogous to Figs. 6.4 and 6.5, it was found that the maximum heat
transfer coefficients were obtained at the minimum temperature difference tested for and an inclination
angle of either —15° or —30°, whereas the minimum heat transfer coefficient was at an inclination of

—90° at the maximum temperature difference.

Consistent with previous figures, it can also be deduced that there was practically no effect of
temperature difference at both the upwards and downwards vertical orientations, even though there
was a minimal increase in heat transfer coefficient as temperature difference was increased in the

vertically downwards orientation. The converse was true for the vertically upwards orientation.

Fig. 6.7 more clearly shows the effect of the temperature differences and inclination angles at a mass
flux of 100 kg/m?s (Fig. 6.7a) and 50 kg/m?s (Fig. 6.7b) for a mean vapour quality of 50%. The results
show that the maximum heat transfer coefficients were at an inclination angle of —30° for all the
temperature differences. Furthermore, they show that the minimum heat transfer coefficients occurred
at an inclination angle of —90° for all the temperature differences. It was also found that the percentage
difference of the maximum heat transfer coefficient and the minimum heat transfer coefficient for a
mass flux of 100 kg/m?s in Fig 6.7a was 73%, whereas that at a mass flux of 50 kg/m?s in Fig. 6.7b
was 81%. This further lends credence to the fact that the heat transfer enhancement effect decreased
with an increase in mass flux. In addition, the figure clearly shows that although the heat transfer
slightly decreased for the vertically downwards flow as the temperature increased, this decrease was
less than 2% (negligible). The converse was true for vertically upwards flow and the increase was also
2%. The figure also shows that the effect of temperature difference was more dominant for downwards

flows.

Fig. 6.8 shows the effect of inclination on temperature differences and mass fluxes. In the figure, the
inclination effect at mass fluxes of 100, 75, and 50 kg/m?s for mean vapour qualities of 0.25 and 0.5
are plotted against the different temperature differences. This figure shows that the inclination effect
was inversely proportional to the mass fluxes. Hence, as the mass flux decreased, the inclination effect
increased. It was also found that between the minimum and maximum temperature differences, there
was a decrease in the inclination effect. For instance, at a mass flux of 75 kg/m?s and quality of 0.5,
the inclination effect of 55% was found at a temperature difference of 1 °C and an inclination angle of
—30°. This was greater than the inclination effect of 52%, which was observed at a temperature
difference of 3 °C and an inclination angle of —15° for a mass flux of 100 kg/m?s. Furthermore, at a
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mass flux of 50 kg/m?s and quality of 0.25, the average inclination effect across the temperature

differences of 1, 3, and 5 °C was 50%, which was higher than at the average inclination effect of

75 kg/m?s at the same quality.
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Fig. 6.7: Condensing heat transfer coefficients as a function of temperature differences, AT, and different

inclination angles, 8, at a mean quality of 0.50: (a) Mass flux of 100 kg/m?s and (b) mass flux of 50 kg/m?s.

Overall, it was found that the average inclination effect at a mean vapour quality of 0.50 was lower
than the inclination effect at a mean vapour quality of 0.25. This lends credence to the fact that the
inclination effect was more significant at lower vapour qualities. In general, the inclination effect

increased with a decrease in mass flux and increased with a decrease in vapour quality.
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Fig. 6.8: Inclination effect as a function of temperature differences, AT, at different mass fluxes during

condensation: (a) Vapour quality of 0.25 and (b) Vapour quality of 0.50.
6.4. Summary and conclusion

Experiments were carried out during the condensation of R134a in a smooth inclined tube at mass
fluxes of 50, 75, and 100 kg/m?s. The mean vapour qualities ranged from 0.1 to 0.9 at temperature
differences of 1, 3, 5, 8, and 10 °C. In total, 945 data points were obtained for the validation and actual
experiments. The flow patterns were visualised using two high-speed cameras installed at the inlet and
outlet of the test section. It was observed that an annular flow pattern is prevalent for vertically
downwards inclination (—90°). In contrast, churn was common for the vertically upwards inclination

(+90°), with wavy annular being observed at higher qualities and intermittent at lower qualities.

In all cases, the maximum heat transfer coefficients were found at the minimum temperature difference
tested per data point and at inclinations angles alternating between —15° and —30°. However, the
minimum heat transfer coefficients were consistently found at the maximum temperature difference
tested per data point and at an inclination angle of —90° (vertically downwards flow). It was found that
even though the heat transfer coefficients for vertically downwards flow decreased with an increase in
temperature difference, the percentage differences were approximately 2% (negligible). The converse

was true for vertically upwards flows.

With respect to the inclination effect, it was found that it decreased with an increase in temperature

difference. It was also found that at low qualities (below 0.35), the inclination effect was more
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noticeable. On the contrary, at high vapour qualities (above 0.5), no significant additional effect of
vapour quality was found on the inclination effect. In general, the maximum inclination effect was
found at the lowest mass flux tested for and the converse was true for the maximum mass flux
investigated for. For annular flows, it was found that the heat transfer coefficients were independent
of the inclination angle. In such cases, the heat transfer coefficient increased with increasing mass flux
and this could be attributed to thinning of the liquid film by the increasing effect of vapour shear forces.
However, for flows found to be stratified and intermittent, the effect of inclination angles was
significant. Beyond a certain downwards inclination angle, it was found that the heat transfer
coefficient decreased and this could be attributed to the decrease in the perimeter occupied by the thin

film of condensation at the top of the tube, where most of the condensation occurs.

In general, the heat transfer coefficient mainly depends on the perimeter occupied by the condensation
film and its thickness, which were primarily a function of inclination and temperature difference. In
conclusion, it is recommended that future inclined condensers be inclined at angles between
—15° and —30°. Furthermore, it is required that more flow-pattern-dependent mechanistic models be
developed to assist with the prediction of the heat transfer coefficients for condensing flows in inclined

tubes.
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Chapter 7: Pressure Drops in Smooth and Inclined Tubes

7.1. Introduction

It was the purpose of this chapter to present the results for both measured and frictional pressure drops
in smooth and inclined tubes. The results of the 900 pressure drop measurements with test conditions
as given in Table 3.5 are presented in three sections covering flow visualisation (7.2), measured
pressure drops (7.3) and the frictional pressure drops (7.4).

7.2.  Flow pattern visualisation results

It is recommended that the photos with flow patterns identified and described in Figs. 6.1 — 6.3 which

are not repeated in this chapter are read in conjunction with the discussion below.
7.3.  Measured pressure drops

The measured pressure drops for mass fluxes of 100, 75, and 50 kg/m?s are plotted as functions of the
different inclination angles with varying temperature differences at various mean vapour qualities of
0.25, 0.5, and 0.75 as shown in Figs. 7.1 — 7.3. In general, the results showed the same trends of
measured pressure drops as a function of mass flux, and vapour qualities that have been established in
previous works. Thus, in general, the measured pressure drops increased with increasing values of
vapour quality and mass flux. Other trends that have been experienced will be divided based on
contributing parameters such as inclination angle, temperature differences, mass fluxes and vapour

qualities.

7.3.1. Effect of inclination angles

The inclination angle had a significant effect on the measured pressure drop (APmeas) @S shown in Figs.
7.1-7.3. The trend of variations in measured pressure drop may be attributed to the gravitational force
which acts in the opposite direction when the tube is gradually tilted to the vertical upward directions.
The maximum measured pressure drops were obtained during the upward flows (+60° < f < +90°),
while the minimums were found during the downward flows between (-90° < £ <-60°). The results
wherein higher measured pressure drops were found during the upward inclination can further be
explained by the fact that as the tube is inclined upwards, the mean flow velocity reduced which
subsequently increased the liquid film thickness as can be deduced from the flow patterns in Figs 6.2
and 6.3.
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Fig. 7.1: Measured pressure drop, APmess @s @ function of inclination angle, g, at different wall and
refrigerant temperature differences, AT, at a mass flux of 100 kg/m?s during condensation: (a) at a mean

quality of 0.25, (b) at a mean quality of 0.50 and (c) at a mean quality of 0.62.

The results wherein lower measured values were found during the downward inclination was as a result

of the reduction of pressure drop due to gravity-assisted drainage of condensate. Consistent with the

findings in Ewim and Meyer [54], at an inclination angle (5 ) =-90° and vapour quality of 0.25, the
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outlet flow regime was churn which is characterised by the presence of Taylor bubbles within the core
of the tube.

With an increase in the inclination angle to -30° < f < -15° (Figs. 6.2 and 6.3), the vapour flowed at
the top of the tube, while the liquid film remained at the bottom due to the effect of the gravity force
and thus a stratified wavy flow regime. In this flow regime, there was direct contact between the vapour
and tube wall, and as a result, there was an increase in the measured pressure drop. With an additional
increase in the inclination angle, the liquid film thickness increased which further led to a rise in the
measured pressure drop. We can also relate the increase in the measured drop as the inclination angle

increased to a rise in the static pressure drop.

The upward flows generally led to a positive static pressure drop (APs:,:) and the opposite was true
for downward flows. This is due to the fact that the sinus of the angle of inclination () was negative
for downward flows but positive for upward flows. In essence, the static pressure drop was higher
during upward flows, zero during horizontal flow and minimum during downward flows. To
summarise, the variations of measured pressure drop with respect to the inclination angles may be
ascribed to the variation of flow regime, the liquid film thickness on the tube surface, and the static

pressure drop.

7.3.2. Effect of temperature differences

The effect of the temperature difference on the measured pressure drops is shown in Figs. 7.1 —7.3. It
was found from our earlier work [52, 54] that during the smooth stratified and stratified wavy flow
regimes which was typically characterised by low mass fluxes, an increment in the temperature
difference (AT) led to a rise in the liquid film thickness. This increase in film thickness and consequent
greater flow resistance best explains why there was an increase in the measured pressure drops as the
temperature difference increased. This can be seen from Figs. 3 and 4 when comparing the flow
patterns at a temperature difference of 10 °C and inclination angle of 0° to the flow pattern at a
temperature difference of 3 °C at the same inclination angle. However, it seems as if the effect of
temperature difference competed with the inclination effect on the measured pressure drops for this
two-phase flow process. Also, at low mass fluxes, the low-velocity vapour flow and gravity forces
caused downward flow of the condensate that formed at the bottom portion of the tube into the liquid
pool during condensation. As the condensation occurred, the thickness of the film increased and this
thick layer of liquid at the bottom of the tube increased with temperature difference leading to higher

measure pressure drops.
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Fig. 7.2: Measured pressure drop, APmess @s @ function of inclination angle, g, at different wall and

refrigerant temperature differences, AT, at a mass flux of 75 kg/m?s during condensation: (a) at a mean

guality of 0.25, (b) at a mean quality of 0.50 and (c) at a mean quality of 0.62.
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Fig. 7.3: Measured pressure drop, APmess @s a function of inclination angle, g, at different wall and
refrigerant temperature differences, AT, at a mass flux of 50 kg/m?s during condensation: (a) at a mean

guality of 0.25, (b) at a mean quality of 0.50 and (c) at a mean quality of 0.62.

7.3.3. Effect of mass flux and vapour quality
In general, Figs. 7.1 — 7.3, show that there was an increase in the measured pressure drops with an

increase in vapour qualities and mass fluxes. The increases in vapour qualities and mass fluxes
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increased the shear forces on the vapour—liquid interface causing a more unstable interface, thereby
increasing the pressure drops. This can be deduced when comparing the flow pattern for a mass flux
of 100 kg/m?s (Fig. 6.2) and mass flux of 75 kg/m?s (Fig. 6.3). It can also be deduced that with a
further increase of the vapour qualities and inclination angles, the shear forces caused the liquid film
to be evenly distributed around the perimeter as the vapour travelled through the core of the tube. In
general, since the effect of shear force began to manifest with increasing mass fluxes and quality, there
was an expected increase in the measured pressure drops as mass fluxes, and vapour quality was

increased.
7.4.  Frictional pressure drops

The frictional pressure drops at mass fluxes of 100, 75, and 50 kg/m?s are plotted as functions of
different inclination angles with varying temperature differences at various mean vapour qualities of
0.25, 0.5, and 0.62 in Figs. 7.4 — 7.6. In general, the results showed some general trends of the
frictional pressure drop as a function of mass flux and vapour qualities that have been shown in
previous work. Thus, in general, the frictional pressure drops increased with increasing values of
vapour quality and mass flux. Other trends that have been found will be divided based on new

contributing parameters such as inclination angles and temperature differences.

7.4.1. Effect of inclination angles

From Figs. 7.4 — 7.6, it follows that the inclination angle had a significant effect on the frictional
pressure drops. The trend of variations in frictional pressure drop may be attributed to the prevailing
flow pattern and other parameters. The maximum frictional pressure drops were obtained during the
downward flows, while the minimum was typically obtained during horizontal and vertical flows. The
results wherein higher measured pressure drops were found during upward inclination angles is
because the mean flow velocity reduced which subsequently caused higher static pressure drops and
consequently lower frictional pressure drops. This reduction in the flow velocity during upward flow
weakened the wall-fluid, and the liquid-vapour shear stresses which produced a decrease in the

frictional pressure drops.

Typically, at a mass flux of 100 and quality of 0.5, it was found that for downward flows, the flow
pattern changed from mainly stratified-wavy at the near horizontal positions to annular at the vertical
downward tube orientation. However, during the upward tube orientation, the flow pattern changes
from stratified-wavy to churn at the vertical upward tube orientation. This variation of flow pattern
with inclination angle was explicitly captured during the flow pattern analysis [52, 54, 167]. The
change of frictional pressure drops with inclination angle can also be attributed to higher liquid holds

during upward flows; hence predominant static pressure drops which adversely affected the frictional
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pressure drops. The opposite was true during downward flow where the liquid film decreased, resulting

in a decrease in the wall-fluid and vapour-liquid interfacial stresses hence an increase in the frictional
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Fig. 7.4: Frictional pressure drop, APs; as a function of inclination angle, g, at different wall and
refrigerant temperature differences, AT, at a mass flux of 100 kg/m?s during condensation: (a) at a mean

quality of 0.25, (b) at a mean quality of 0.50 and (c) at a mean quality of 0.62.
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Fig. 7.5: Frictional pressure drop, APs; as a function of inclination angle, g, at different wall and
refrigerant temperature differences, AT, at a mass flux of 75 kg/m?s during condensation: (a) at a mean

quality of 0.25, (b) at a mean quality of 0.50 and (c) at a mean quality of 0.62.
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pressure drop. To summarise, the inclination angle affected the flow patterns, and this manifested in

the frictional pressure drop results.

7.4.2. Effect of temperature differences

The effect of the temperature difference on the frictional pressure drops is also shown in Figs. 7.4 —
7.6. In general, it was found that the frictional pressure drops increased with increasing values of the
temperature differences for all angles of inclination. It has been shown from our previous works that
as the liquid film thickness increased, the temperature difference increased, causing more resistance
which leads to an increase in the frictional pressure drops. This can be seen from Figs. 6.2 and 6.3
when comparing the flow patterns at a temperature difference of 10 °C and inclination angle of 15° to
the flow pattern at a temperature difference of 3 °C at the same inclination angle. The interaction
between the fluid and the tube wall is intimately linked to the frictional pressure drop. The frictional
pressure drops were found to be related to properties of the liquid film which was affected by the
temperature differences. With an increase in temperature differences, the densities of the liquid film
increased so increasing the wall — fluid and vapour-liquid interfacial shear forces leading to an increase
in the frictional pressure drops.

7.4.3. Effect of vapour qualities

From Figs. 7.4 — 7.6. it followed that the qualities and mass fluxes affected the frictional pressure
drops. For the horizontal flows, there was an increase in the frictional pressure drops as the vapour
quality was increased. However, for upward flows, the effect of inclination led to higher frictional
pressure drops for lower vapour qualities (xn = 0.25). The converse was true for downward flows.
Furthermore, it was found that the frictional pressure drops were higher for upward flows and
horizontal flows but lower for downward flows as the vapour qualities increased. At high vapour
qualities (xm = 0.5 and above), the frictional pressure drops increased with vapour quality for all
orientations. This may be attributed to the fact that the same pattern was prevalent at those high vapour
qualities. To summarise, the frictional pressure drops increased with an increase in vapour quality at
0.25 (Fig 7.4a). However, as the vapour quality was increased (Fig 7.4b) and (Fig 7.4c), the frictional
drop decreased with decreasing vapour qualities (for all downward flows) until a horizontal inclination
angle when it began to rise again. Similarly, increasing qualities resulted in increasing vapour phase
velocities and decreasing liquid phase velocities, which increases the slip between the two phases and

resulted in increased frictional pressure drops.

7.4.4. Effect of mass fluxes
In general, it can be deduced from Figs 7.4 — 7.6, that the frictional pressure drops increased with mass
fluxes for all vapour qualities and inclination angles. This can be attributed to the fact that the mass

94



flux is closely linked with the fluid friction against the wall of the test section. Furthermore, since the
interfacial shear stress on the tube depends on the mass fluxes and vapour velocities, the frictional

pressure drops were affected by the increase in mass fluxes. Furthermore, an increase in mass flux

resulted in an increase in the vapour and liquid velocities of the fluid.
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Fig. 7.6: Frictional pressure drop, APs; as a function of inclination angle, g, at different wall and

refrigerant temperature differences, AT, at a mass flux of 50 kg/m?s during condensation: (a) at a mean

quality of 0.25, (b) at a mean quality of 0.50 and (c) at a mean quality of 0.62.

95



This increase caused higher wall shear stresses resulting in greater frictional pressure drops. This can
be deduced when comparing the flow patterns for a mass flux of 100 kg/m?s (Fig. 6.2) and mass flux
of 75 kg/m?s (Fig. 6.3). Also, at low mass fluxes, the liquid films were typically asymmetric similar to
stratified flow. However, increasing the mass fluxes led to a highly disturbed interface. In such
conditions, the friction factor ratios appeared to be mainly a function of the liquid Reynolds number
which also depended on mass fluxes. Hence, an increment in the mass flux will lead to an

intensification of the turbulence of the flow consequently affecting the frictional pressure drop.
7.5. Summary and conclusion

Limited studies have been conducted during the condensation at low mass fluxes where the pressure
drops are a function of temperature differences. Therefore, pressure drop experiments were conducted
during the convective condensation of R134a in a smooth horizontal and inclined tube at mass fluxes
of 50, 75, and 100 kg/m?s. The mean vapour qualities were varied from 0.1 to 0.9 at temperature
differences of 1, 3, 5, 8, and 10 °C. In total, 945 experimental data points were collected for both the

validation and low mass flux results.

The flow regimes were captured using two high-speed cameras installed at the entrance and exit of the
test condenser. The effects of mass fluxes, inclination angles, temperature differences, vapour qualities
and mass fluxes were investigated on the measured and frictional pressure drops and were found to be
significant. In all cases, the maximum measured pressure drops were found at the maximum
temperature differences and inclinations angles between +60° and 90° (vertically upward). On the
other hand, the maximum frictional pressure drops were found at the maximum temperature
differences tested per data point and at an inclinations angle of -90° (vertical downward flow cases).
Furthermore, the minimum measured pressure drops were always found at the lowest temperature

differences tested per data point and at an inclination angle of —90° (vertically downwards flow).

The frictional pressure drops were found to decrease with a decrease in temperature differences. Also,
for horizontal and upward flows, the frictional pressure drops increased with an increase in vapour
quality. However, for downward flows, it was higher at a vapour quality of 0.25 (low vapour qualities).
On the contrary, at high vapour qualities (xm = 0.5 and above), no significant additional impact of
vapour quality was found on the inclination effect.

It was also found that increasing the mass fluxes and vapour qualities, led to a rise in both frictional
and measured pressure drops, and this can be attributed to the effects of the interfacial shear forces.
With an increase in temperature differences, the densities of the liquid film increased. This increased

the wall-fluid and vapour-liquid interfacial shear forces that increased the frictional pressure drops.
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Finally, both the measured and frictional pressure drops increased with an increase in temperature

difference.
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Chapter 8: Summary, Conclusions and Recommendations

8.1. Summary

Condensers have a wide range of applications and are found in the process, petrochemical, petroleum,
transport, sewage treatment, manufacturing and heating, ventilation and air-conditioning (HVAC)
industries. In essence, the applications of condensation are multifarious, consume energy and cover
our everyday lives. In addition, condensers are essential components in the cycles of fossil fuel,
refrigeration, nuclear and solar power plants. Thus, it is critical that sufficient design information is
available for condenser effectiveness and optimization. In general, the aim is to maximize the heat
transfer coefficients and minimize the pressure drops through the use of accurate and unified predictive
methods. (Although pressure drop and heat transfer are usually investigated independently, there exists
a direct relationship that is often overlooked. We need to maximize heat transfer and minimise pressure

drops).

In the design process, a selection can be made between low and high mass flow rates. However, little
design information is available for heat transfer and pressure drop at low mass fluxes. Although in
tube condensation has been extensively investigated, previous studies focused on either horizontal or
vertical tubes at high mass fluxes. What further complicates the local heat transfer and pressure drop
characteristics in tube condensation is the effect of inclination. However, little work has been published
in the open literature which justifies the angles being used or which gives performance data at different
inclination angles. Furthermore, most of the design correlations presently in use are either limited or
deficient in terms of the conditions which were used to formulate them (i.e. diameter size, working
fluid, saturation temperature, mass flux, and tube orientation). All these highlights the gap in the open

literature.

To summarise, no study that systematically investigates the influence of temperature difference,
vapour quality, and inclination on condensation heat transfer coefficients and pressure drops during
the in-tube condensation of low mass fluxes has been conducted. The lack of experimental data at low
mass fluxes and inclined angles is most probably the main reason for the limited understanding of and
little design information that is available. Thus, the purpose of this study was to experimentally
investigate the heat transfer and pressure drop characteristics during the condensation of low mass
fluxes in smooth horizontal and inclined tubes. An experimental set-up was modified to accommodate
the low mass flux needs of the study and the results were validated against literature. A smooth circular
test section with inner tube 1.49 m long, a measured inner diameter of 8.38 mm and an outer diameter
of 9.54 mm was used. The annulus outer tube had an inner diameter of 14.5 mm and an outer diameter
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of 15.88 mm. Heat transfer and pressure drop measurements were conducted for mass fluxes of 50,
75, and 100, 150 and 200 kg/m?s, at different inclination angles from —90° (vertically downwards) to
+90° (vertically upwards). The temperature differences (differences between the refrigeration
saturation temperature and wall temperature) were varied from 1 °C to 10 °C while the average
saturation temperature was maintained at 40 °C. The mean vapour qualities were varied between 0.1
to 0.9. R134a was used as the test fluid while water was used in the annulus to cool the test section. A
total of 912 mass flow rate measurements, 56 301 temperature measurements and 1 536 pressure drop
measurements were taken. The flow patterns were recorded with a high-speed video camera installed
at the inlet and outlet of the test section through sight glasses. An uncertainty analysis showed that the
maximum uncertainty of the heat transfer coefficients and vapour qualities of the data presented in this
study was 12% and 5%, respectively.

8.2.  Conclusions

For horizontal flows, the observed flow patterns were compared to the Thome flow regime map, and
it was found that the map predicted most of the experimental data points correctly. In general, however,
the map inaccurately predicted the flow regimes as the mass flux decreased and the temperature
differences increased. It was found that the effect of the temperature difference on the heat transfer
coefficients began to show at a mass flux of 150 kg/m?s, but only at a vapour quality of 0.1. However,
the dependency of heat transfer coefficients on temperature difference increased at all vapour qualities
when the mass fluxes were lower or equal to 100 kg/m?s. In all cases, for a specific mass flux lower
than 100 kg/m?s and a specific mean quality, the maximum heat transfer coefficients were found at the
lowest temperature difference, while the minimum heat transfer coefficients were found at the

maximum temperature difference.

Finally, as the mass flux decreased, the heat transfer coefficients became more dependent on the
temperature difference. The heat transfer coefficients for horizontal flows from this study were also
compared to six correlations in the literature, and it was found that the literature did not accurately
predict the heat transfer coefficients at low mass fluxes. In general, as the temperature difference
increased, the errors between measurements and predictions increased. Two minor revisions to the
Cavallini (2006) correlations were suggested in a term that is influenced by the temperature difference.
It was found that, when these two revisions to the correlations were introduced, the heat transfer
coefficients could be predicted more accurately at low mass fluxes. The correlation that was modified
in this study will not only enable designers to optimize the design of heat exchangers but also improve

the fundamental understanding of condensation at low mass fluxes.
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For inclined flows, it was observed that an annular flow pattern was prevalent for vertically downwards
inclination (—90°). In contrast, churn was common for the vertically upwards inclination (+90°), with
wavy annular being observed at higher qualities and intermittent at lower qualities. In all cases, the
maximum heat transfer coefficients were found at the minimum temperature difference tested per data
point and at inclinations angles between —15° and —30°. However, the minimum heat transfer
coefficients were consistently found at the maximum temperature difference tested per data point and
at an inclination angle of —90° (vertically downwards flow). It was found that even though the heat
transfer coefficients for vertically downwards flow decreased with an increase in temperature
difference, the percentage differences were approximately 2% (negligible). The converse was true for

vertically upwards flows.

With respect to the inclination effect, it was found that it decreased with an increase in temperature
difference. It was also found that at low qualities (below 0.35), the inclination effect was more
noticeable. On the contrary, at high vapour qualities (above 0.5), no additional significant effect of
vapour quality was found on the inclination effect. In general, the maximum inclination effect was
found at the lowest mass flux tested for, and the converse was true for the maximum mass flux

investigated for.

For annular flows, it was found that the heat transfer coefficients were independent of the inclination
angle. In such cases, the heat transfer coefficient increased with increasing mass flux, and this could
be attributed to thinning of the liquid film by the increasing effect of vapour shear forces. However,
for flows found to be stratified and intermittent, the effect of inclination angles was significant. Beyond
a certain downwards inclination angle, it was found that the heat transfer coefficient decreased, and
this could be attributed to the decrease in the perimeter occupied by the thin film of condensation at

the top of the tube, where most of the condensation occurred.

In general, the heat transfer coefficient mainly depended on the perimeter occupied by the
condensation film and its thickness, which were primarily a function of inclination and temperature
difference. In conclusion, it is recommended that future inclined condensers be inclined at angles
between —15° and —30°. Furthermore, it is required that more flow-pattern-dependent mechanistic
models be developed to assist with the prediction of the heat transfer coefficients for condensing flows

in inclined tubes.

For pressure drops, in all cases, the maximum measured pressure drops were found at the maximum
temperature differences and inclinations angles between +60° and 90° (vertically upward). On the
other hand, the maximum frictional pressure drops were found at the maximum temperature

differences tested per data point and at an inclinations angle of -90° (vertical downward flow cases).
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Furthermore, the minimum measured pressure drops were always found at the lowest temperature
differences tested per data point and at an inclination angle of —90° (vertically downwards flow). The
frictional pressure drops were found to decrease with a decrease in temperature differences. Also, for
horizontal and upward flows, the frictional pressure drops increased with an increase in vapour quality.
However, for downward flows, it was higher at a vapour quality of 0.25 (low vapour qualities). On the
contrary, at high vapour qualities (above 0.5), no significant additional impact of vapour quality was
found on the inclination effect. It was found that increasing the mass fluxes and vapour qualities, led
to a rise in both frictional and measured pressure drops, and this can be attributed to the effects of the
interfacial shear forces.

With an increase in temperature differences, the densities of the liquid film increased. This increased
the wall-fluid and vapour-liquid interfacial shear forces that increased the frictional pressure drops.
Finally, both the measured and frictional pressure drops increased with an increase in temperature

difference.
8.3. Recommendations

The following future work is recommended:

e Itisrequired that more flow-pattern-dependent mechanistic models be developed to assist with
the prediction of the heat transfer coefficients for condensing flows in inclined tubes.

e Similar studies can be carried out using steam and new environmentally friendly refrigerants
e.g. R1234yf to expand the existing experimental data.

e Similar studies can be carried out at different saturation temperatures to ascertain if the effect
of temperature differences vary with saturation temperature.

e Void fraction measurements should be considered to increase the accuracy of the frictional
pressure drop predictions.

e Advanced “non-intrusive” measurement techniques should be explored to measure the liquid
film thickness.

e Development of correlations that will cater for temperature difference effect in pressure drops
at low mass fluxes should be considered.

e Similar studies should also be conducted in microchannels where the Bond number and surface
tension are known to have an effect on the heat transfer process.

e Because of the complex nature of this experimental work, it is also recommended that

numerical and analytical work be explored.
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Appendix A: Experimental Uncertainty Analysis

A.1l. Introduction

Any honest experimenter must be able to present to the reader what the uncertainties in the results of
his experiments are. Uncertainties emanate from human error, machine error, calculation error and
calibration error. It is therefore imperative that this chapter in the appendix is devoted to this important
subject. The experimental set-up returns information based on the input to it and the confidence level
in the output from the set-up is partly dependent on its sensitivity and accuracy in interpreting the
inputs. Therefore, proper care should be taken when calculations are made because of the cascading
effects of using wrong output values which renders an otherwise correct equation bad due to errors

introduced from direct measurements (outputs) [257, 261-264].

Uncertainty is a phenomenon that is unavoidable and arises in partially observable and/or stochastic
environments as well as due to ignorance and/or indolence. It is the estimated amount or percentage
by which an observed or calculated value may differ from the true value. Some laboratories, such as
test laboratories, may not have the resources to undertake detailed uncertainty analyses even though
increasingly, quality management standards such as the ISO 9000 series are requiring that all

measurement results be accompanied by statements of uncertainty.

The first step in the uncertainty evaluation is the definition of the result to be reported for the test item
for which uncertainty is required. The computation of the standard deviation depends on the number
of repetitions on the test item and the range of environmental and operational conditions over which
the repetitions were made, in addition to other sources of error, such as calibration uncertainties for
reference standards, which influence the final result. If the value for the test item cannot be measured
directly but must be calculated from measurements on secondary quantities, the equation for

combining the various quantities must be defined.

Single sample uncertainty analysis will be used in this work as it clearly first into the picture wherein

the data used have been averaged and evaluated using similar data sampling rates.
A.2. General uncertainty analysis procedures

The magnitude cum weight of an error can be described as uncertainty Kline and McClintock [265]
(1953). It is usually given as a percentage and is represented as & (measurand). Let us consider an
experimental variable X;, its associated uncertainty must be represented as §X;. Usually, we can

represent uncertainties with a statistical confidence level where it must fall in.
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Uncertainties are a function of two components; the Precision (P1) which can be a ransom error in the
measurement and a fixed error (F1) known as the Bias. Representing the uncertainty in a Euclidean

norm of the two, we have that:

5X, = {(F)? + (P)?)2 (A1)

Coetzee [266] and VVan-Rooyen [267] dealt with uncertainties directly as opposed to other cases where
there was a dichotomy that necessitated the use of the Bias and Precision components. In this study,
we followed the method of Coetzee and VVan-Rooyen except on rare occasions when we needed to use

both Bias and Precision components.

Let us assume that an experimental quantity Z is a function of n variables, X, through X, each with an

uncertainty 6X;. Hence,

Z=f(Xo, X1...Xn) (A.2)

The effect of the uncertainty of a single variable on quantity Z is the partial derivative of Z with respect

to that single variable (i.e. X1), multiplied by the variable’s uncertainty (6X;). Mathematically,

o) A.3
L

By summing all the uncertainties of Z in terms of its variables, the limiting uncertainty is found. The

Euclidean form of the individual uncertainties can be written as:

2=y (- |

i=1

! (A4)

This equation is valid only when:

%+ The errors and uncertainties of each variable are mutually exclusive
% All the X; are quoted at the same odds.
% The distribution of the errors or uncertainties is Gaussian, for all X;
It is the practice to normalize Eq. A.4 with respect to the full value of Z. However, there are some

exceptions such as when the temperature measured is 0 °C.
A.3. Temperature measurement uncertainties

Temperature measurements for this investigation were done using T-type thermocouples (copper-

constantan). The cold junction used was built into the National Instruments’” SCXI-1303 card. All the
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thermocouples used were calibrated using a linear scale against a high precision platinum resistance
temperature (Pt100) detector in a thermal bath to an accuracy of + 0.1 °C. The temperature range set
was between 10 and 60 °C.

There were 28 thermocouples in all and the precision of each measurement is known to be the standard
deviation from the steady-state value it measures. Then, the uncertainty in each thermocouple’s reading

is:

ST, = \[FZ + P2 (A.5)

It can be deduced that the precision P is equal to the standard deviation of the reading, o. In this work,

the average temperatures were normally used and it can be written as:

m

n

Representing this in terms of partial derivatives, we have that:

OTpr. 1 (A7)
M ST
6Ti Tl5 ¢

Taking the Euclidean form with the assumption that all the thermocouples have an identical

uncertainty, we have that:

5T = {51, (2o7.) |

NP
=
=

(A.8)

A.4. Wall temperature uncertainty

For the inner tube through which the refrigerant flowed, 28 grooves were made at seven positions
marked (A-G) equidistant to one another along the tube. Each position had four grooves marked (1-4)
at equal distances around the circumference of the tube. Our interest here is on the average wall

temperature hence following from Eq. A. 8, the uncertainty becomes:

1 (A.9)

5TW’O = \/7_8 STw,i
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A.5. Temperature difference uncertainty

The temperature difference is clearly a function of the inlet and outlet temperatures and noting that the
uncertainty in each thermocouple measurement is approximately the same, temperature difference

uncertainty can be written as:

1
SAT = (8TZ + 6T})2 (A.10)

Here, the average uncertainty in the wall temperatures is used as the single uncertainty.
A.6. Refrigerant mass flow rate uncertainty

The Coriolis mass flow meters have an accuracy of 0.1% of the nominal reading. Hence the uncertainty

in the Coriolis CMF-010 can be written as:
' 1 (A.11)
O™ = To00 Mind

A.7. Mass flux uncertainty

Mass flux (G), is the ratio of the mass flow of the refrigerant to the cross-sectional area of the inner
tube:

M (A.12)

The uncertainty in the mass flux will then be a function of both the mass flow rate and the area. Writing

Eq. A.12 as an uncertainty in the Euclidean form, we get that:

1 A.13
5C = <aaam)2 N (666AC5)2 2 (A13)
—\\ om 0A s

Where in the partial derivatives are:

%6 _1 (A14)
om A
G (A.15)
a14CS B Ags
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A.8. Water mass flow rates uncertainty

The accuracy of the CMF-010 and 0-25 used to measure the water flow rates have is within 0.1% of

the nominal reading. Thus the water flow uncertainty is:

1 (A.16)

The Burkert flow meters model nos. DIN-015 and DIN-025 have an uncertainty of 0.2% of the

indicated reading hence its uncertainty is:

) 2 A.17
O™ = 1000 Mind A0

A.9. Pressure measurement uncertainty

The pressure transducers, Sensotec FP-2000s with a full scale of +3447 kPa (500 psi) have an

uncertainty of 0.1% of the full scale. This results in:

A.18
6Py = % mpind (A1)

A.10. REFPROP uncertainty analysis

REPROP [249] uses the input of two-point functions (pressure and temperature) to calculate the correct
thermodynamic properties of the R134a. However, the uncertainties in terms of percentages are found
in the .fld files in the REFPROP directory. The exceptions to these are the uncertainties of the specific
enthalpy and entropy which are calculated using the governing equation of state and from
REFPROP [249] we deduce that the typical uncertainties are:

dh = 0.5%
d0 = 0.05%
6C, = 1%
S =1.1%
6p, = 0.1%
6p; = 0.1%
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S, = 1.1%
6](1'1, ES 37%

Similarly, the waterside uncertainties are found in the water fluid file from REFPROP and others

relating to enthalpy, thermal conductivity and surface tension are inferred from Van-Rooyen [267] as:

dh = 0.5%
o = 0.05%
8C, = 1%
ou; = 1.1%
6py, = 0.1%
6p; = 0.1%
du, = 1.1%
0k, = 3.7%

A.11. Uncertainty in the measurement of condenser length

For this uncertainty, we will use the principle of precision and bias. The precision was assumed to be
the smallest increment of the tape measure while a bias limit of 0.5 mm was used. Thus the uncertainty

in the length if the condenser is:
6L =+/0.5%2 + 0.52 = 0.7 mm
A.12. Uncertainty in the measurement of tube diameter

The inside tube diameter was measured by Wolverine Tube Inc. [62] and cross-checked in the

laboratory and the uncertainty is 25 X 107¢ m, that is §d;=25 X 107° m.
A.13. Uncertainty in the thermal conductivity of the copper tubes

This uncertainty is deduced from the work of Abu-Eishah [268] who performed a detailed uncertainty

analysis on the thermal conductivity of copper and this is given as:

Skey 0.04
£100 = —— % 100 = 0.01%
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This is only valid for the region of the temperatures which the copper was subjected to in this study
(i.e. 0-50°C)

A.14. Uncertainty in the measurement of surface area
The tube surface area (A) is defined as:
A = nd;L (A.19)
Then the uncertainty in A is:
4 l(aA6L)2 N (aASdi)ZF (A.20)
oL dd;

The partial derivatives are:

A (A.21)
E =T di
A (A.22)
(’)_dl- =nl

A.15. Uncertainty in the wall thermal resistance

The wall thermal resistance derived from Fourier’s law of heat conduction is:

i (Ccll—‘lf) (A.23)

W 2wk, L

The partial derivatives are:

oR, 1 (A.24)
ad, 2mkcyLd,
R, 1 (A.25)
adl’ N 27chuLdi

d, (A.26)
OR In (d_i)

Ok,  2mLkZ,

128



o In (((ii_?) (A.27)

oL~ 2mlPk.,

The overall wall thermal resistance uncertainty is then given as:

SR, = (aRW 5d )2 + (aRW 5d ) + (aRW 5k )2 + (aRW 6L>2
v \\ad, ° ad; ko, M oL

A.16. Refrigerant side heat balance uncertainty

1 (A.28)

The total heat lost by the refrigerant is the product of the refrigerant mass flow rate and the change in

specific enthalpy (inlet of the pre-condenser to the exit of the post condenser). Mathematically, it is:

Qr = mrAh = mr(hin - hout) (A.29)
1 A.30
s — 3(0,)om\*  (8(0,)88m\"\? (A.30)
&= om ) +( dAh )
where:
1 (A.31)
dARSh\*  (0ARShy e\ 2 \2
‘Wl:(( g ) +( ET ))

A.17. Waterside heat balance uncertainty

The heat gained by the water in the three condensers is the summation of the heat gained in each and

IS written as:
: . A.32
Qw = z Qiw ( )
Hence the uncertainty is:

1 (A.33)

(3 o)

i=1

However,
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Q; = My, CpiAT; (A.34)

It can be deduced that the uncertainty is a function of the mass flow of water, specific heat and water

temperature difference and is:
. SN2 . 2 . 2
5 - an(Sm n aQi5Cp’i n 6Q16AT1
%=1 9C,,; JAT;

A.18. Inlet and outlet vapour quality uncertainty analysis

(A.35)

N[ =

A.18.1. Inlet vapour quality uncertainty
The vapour quality at the inlet of the test section is calculated using measured data including

temperature, pressure and water-side heat transferred and REFPROP properties and is given as:

Where hy and h are evaluated from REFPROP at saturation point functions at the inlet and outlet of
the test section. The inlet specific enthalpy is:

|Qpre] (A.36)

Reostin = More in —
test,in re,n .
l pre.t m,

Thus, the uncertainty in the test inlet enthalpy is:

) . ? d 2 (A.37)
ahin,test = P (hin,test)SQpre,Hzo - (hin,test)dhin,pre
anre,Hzo ahin,pre
1
P . 212
+ (amr (hin,test)6mr)
Where the partial derivatives are:
ahin,test -1 (A.38)
ahin,pre
Ohinese _ 1 (A.39)
anre,w m,
ahin,test _ _Q_w (A'4O)
om,  mh?

It also follows that the uncertainty in Xin is:
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5 < 0 (Xin)Sh >2 + < g (xin)Sh >2 (A4D)
in ahl,test i in Ltestin ahin,test in in,test
1
] de
+ m (xin)ahv,test in
And the partial derivatives are:
Oxin _ _ 1 (A42)
ahin,test hv,test in hl,test in
axin — hl - hin,test (A.43)
ahv,test in (hv - hl)z
axin - _ 1 _ hin,test - hl,test in (A-44)
ahl,test in hv,test in — hl,test in (hv,test in— hl,test in)z

A.18.2. Outlet vapour quality uncertainty
Analogous to the inlet vapour quality, the outlet vapour quality takes the same form as the inlet vapour

quality and is calculated from:

_ hout,test —hy (A-45)
xout - h _ hl
v

And following the same route as the inlet, we finally arrive at:

2 P 2 (A.46)
5xout = (m (xout)6hl,test out) + (m (xout)6hout,test>
1
272
+ (m (xout)6hv,test out> ]
And the partial derivatives are:
Oxoue 1 (A.47)
ahout,test hv,test out — hl,test out
axout _ hl,out - hout,test (A.48)

= 2
Ohy test out (h,,,out - hl,out)
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axout _ 1 hout,test - hl,test out

oh " h —h 2
l,test out v,test out l,test out (hv,test out — hl,test out)

A.18.3. Average test vapour quality uncertainty

The average test vapour quality is:

_ Xin t Xout
Xavg = 2

And the uncertainty becomes:

1

58x — a(xavg6xin) 2+ a(xavgaxout) \?
wa axin axout

A.19. Inner wall temperature uncertainty
The mean inner wall temperature is:

Tw,i = Tw,o + |QtestRw|

Then the partial derivatives are:

0Tos _
0Ty,
0T,

— =R
aQtest v
oT,,,

WV:: = Qtest

Therefore, the inner wall temperature uncertainty is:
2 2 2 :
8T = |(6Two)” + (Rw6Qu)” + (QwoR,)"|?

A.20. Heat transfer coefficient uncertainty analysis

(A.49)

(A.50)

(A51)

(A.52)

(A.53)

(A.54)

(A.55)

(A.56)

The overall coefficient of heat transfer through the test condenser was calculated from Newton’s law

of cooling as shown:
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(A57)

Qw,test
A(Tw,i - Tsat)

eonv = ‘

where A is the inner surface area of the inner tube of the test section, Tsa IS the mean saturation
temperature at the inlet and outlet of the test section, T,, ; is the mean inner wall temperature and it is
related to the mean outer-wall temperature T,, , of the tube through the thermal resistance of the wall

of the copper tube Rw [K/W]. The uncertainty in the temperature difference was derived in A.5.
The partial derivatives are:

0%cony _ 1 (A.58)
aQw,test A(Tsat - TW,i

aOv'conv _ _ Qw,test (A-59)
04 AZ(Tsat - Tw,i

aOv'conv _ _ Qw,test (A-GO)

0AAT A

The uncertainty is:

1 (A.61)

Scony =

1 2 Q Q :
. w,test w,test

- — 4 A — " SAT

(AAT 5QW'W) * < 4287 ° ) * ( aar ° )

A.21. Pressure drop uncertainty analysis

The measured test pressure drop over the test condenser is a function of both friction and pressure drop
and momentum pressure drop as shown in Egs. A.62 - A.64. Accordingly, the uncertainty in the
pressure drop is a function of the accuracy of the pressure transducers and the measurement of the

inclination angle. It is also a function of vapour quality and the thermodynamic properties of the R134a.

APmeas = APmom + Apfri (A.62)
APmeas = Pin — Pout (A.63)
Apfri = Din — Pout — DPmom (A.64)

A.21.1. Measured pressure drop uncertainty
The uncertainty in the measured pressure drop is a function of the accuracy and uncertainty of the

pressure transducers only. Three sets of pressure taps were mounted between the sight glass and the
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test section on either side. Two of the taps were connected to different sensor pressure transducers to
measure the absolute pressures at the inlet and outlet of the test condenser while the third set was
connected to a differential pressure transducer. The resultant pressures at the inlet and outlet are means
of the three individual transducers each having the same uncertainty. Thus mathematically,

1< (A.65)
Pinjout = §Z Pmeas,j
1
1
5 A2 (A.66)
9]
5pin/out,meas = z (6_ pin/out,measgpj>
=1 \%Pi
It is assumed that all the pressure transducers have the same uncertainty given as:
1 2 (A.67)

apin/out,meas = (g) 5pj
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