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ABSTRACT C Parameter in equation (31)
The fundamental phenomena behind condensation on €1, &, Constants in equation (9)
. . . cp Specific heat capacity
simple bapks of Plam .tubes and free and forceq COHVCC.tIO.Il d Diameter of smooth tube or fin-root diameter of finned tube
condensation on single integral-fin tubes are examined. This is dy Diameter at fin tip
followed by a detailed evaluation of available theoretical F Dimensionless parameter, (gdhsy/kUn,’AT)
models and empirical correlations. 5 fraction of fin flank "blanked" by condensate "wedge"
Throughout the paper, a strong emphasis is placed on Js fraction of interfin tube surface "blanked" by condensate "wedge"
quantitative evaluation of predictive methods. For example, in G Mass velocity, Uyp,
the case of condensation on banks of plain tubes a data base of g Specific force of gravity
nearly five thousand points, covering 6 test fluids and 13 tube h Radial fin height .
bank geometries is compared to theoretical models available in he Specific enthalpy of evaporation
a " g p hy, Mean vertical fin height (see equations (26) and (27))
the literature. J Dimensi .
. . . . . \ imensionless parameter (see equation (5))
o Finally, gaps in the gvallable l.<nowledge are highlighted and j Constant in equation (6)
it is hoped that this will help stimulate further work on these k Thermal conductivity
areas. kw Thermal conductivity of tube
M Empirical constant in equation (36)
m Empirical constant in equation (13)
INTRODUCTION ) ) N Empirical constant in equation (30)
The condenser is a major component of process, N Number of data points
refrigeration and power plant. Major reductions in capital cost Nu Nusselt number, ad/k ) _
can be achieved by improvements to design leading to smaller Nuy - Nusselt number based on liquid flowing alone in bank
. n Empirical constant in equation (13), (14) and (15)
units. Increased condenser performance can also lead to P Pressure
significant increases in cycle efficiency of power plants by P, P, Transverse and longitudinal tube pitchs
reducing turbine exhaust pressure. Pr Prandtl number, ucp/k
A program of condenser research has been in progress at P Fin pitch
ng Uni . f Lond f . prog d th q Heat flux based on area of plain tube with fin root diameter
Queen Mary, n}vers1ty 0. ondon for some tlme an € Reg “Equivalent” Reynolds number, defined by equation (32)
author has been involved in many aspects of this work for Rere  Film Reynolds number based on gravity drained flow
nearly twenty years. The work includes experimental and Rery  Film Reynolds number based on uniformly distributed flow
theoretical work on both shell-side and tube-side condensation. Reims  Reynolds number for liquid flowing alone through bundle and based on
Thi il f thi K 1 maximum velocity (i.e. through minimum cross-sectional
is paper will concentrate on two areas of this work; namely area between the ubes)
condensation on banks of plain tubes and condensation on Rewms  Vapour Reynolds number based on maximum velocity pUnaxd/ sy
integral—ﬁn tubes. Reypmax  Two-phase Reynolds number based on maximum velocity, pUnaxd/ 1t
Reymin  Two-phase Reynolds number based on minimum velocity, pU.,d/ 1
NOMENCLATURE Reypmy  Two-phase Reynolds number based on “means void” velocity, pUn.d/ 1t
r Local radius of curvature of condensate surface
. . . s Fin spacing at fin root
A Empirical cgnstant in equations (35) and (36) ¢ Fin thickness at fin tip
A1, 4> Pararpeter S 1n equat'lon (13 )_ Unnax Vapour velocity based on vapour volume flow rate and minimum cross
a Empg%cal constant n equatl(?ns (35) and (36) sectional area of test section (i.e. between adjacent tubes in a row or
ai, @ Empg}cal constants in equation (13 ) between single tube and test section wall)
B B 1 Empirical constants in equation (25) Uny Vapour velocity based on vapour volume flow rate and “mean-void”

b Fin spacing at fin tip

cross sectional area of test section (i.e. the total volume of the test



section not occupied by tubes divided by its length in the direction of

the flow)

U, Vapour velocity based on vapour volume flow rate and total cross
sectional area of test section (i.e. just upstream of test bank or test
tube)

X Lockhart-Martinelli parameter

X Coordinate measured along condensate-vapour interface

X Vapour quality

Special Characters

a Vapour-side, heat-transfer coefficient, g/AT

p fin tip half angle

r Mass flow rate of condensate draining from tube

¥ Mass flow rate of fluid condensing on tube

AT Vapour-side temperature difference

& Enhancement ratio (heat-transfer coefficient for finned tube divided by

heat-transfer coefficient for smooth tube, both based
on smooth tube area at fin root diameter and for same vapour-side
temperature difference and vapour velocity)

Y7 Viscosity

v Kinematic viscosity

&(#p  Function approximated by equation (28)

P Density

p PPy

o} Surface tension

o Retention angle measured from top of tube
Subscripts

None Condensate

calc Calculated value

exp Experimental value

ar Pertaining to gravity controlled flow
Nu Calculated from Nusselt [17] theory
root Pertaining to fin root

sh Pertaining to for shear controlled flow
tip Pertaining to fin tip

v Vapour

w Evaluated at outside wall temperature

CONDENSATION ON BANKS OF PLAIN TUBES

For condensation on banks of tubes, the flow pattern is
generally three-dimensional and involves complex interactions
between vapour and condensate. Heat transfer is effected by
condensate inundation and the reduction in vapour velocity
down the bank accompanying condensation. A vast amount of
experimental data is available in the open literature and the
relevant variables have been studied systematically.
Furthermore, attempt have been made to incorporate the
complex interactions outlined above into theoretical
correlations.

Experimental Data Base

Table 1 summarises an extensive experimental data base
extracted from the open literature. It includes data for 6
condensing fluids and 13 tube bank configurations extracted
from 15 sources. Figure 1 shows schematics of the test section
geometries used in the studies. The test sections can be divided
into two types; those where the whole test bank is active (with
the exception of dummy half tubes on the walls of the
triangular test banks) and those where a single active tube is
positioned in a bank of dummy tubes. In both cases artificial
condensate inundation was sometimes employed to simulate
conditions near the bottom of a larger tube bank.

The Model of Shekriladze and Gomelauri [16]

This purely theoretical model was developed for
condensation on a single tube in an infinitely wide duct but has
shown some success in predicting heat-transfer coefficients for
banks of tubes. It provides a useful baseline for comparison
with more complex models. The authors used the assumptions
of the Nusselt [17] model for free convection on a single tube
but added the asymptotic, infinite condensation rate
approximation for the shear stress at the condensate-vapour
interface. Their result can be represented by the equation of
Rose [18] as follows

Nu _ 09+0.728F"
Rey”,  (1+3.44F" + F)'

(M

Equation (1) tends to Nu/Retp,mv”2 = 0.9 for small F (high vapor
velocity) while at large F' (low vapour velocity) it tends to the
result of Nusselt [17], which can be written as

Nu

1/2
tp,mv

P =0.728F"* Q)
e

Before comparing the whole experimental data set to
equation (1) it is worthwhile comparing the model to data with
a vapour quality of 1 upstream of the test tubes, i.e. data where
no condensate, either artificial or generated by other active
tubes, is present. This reduced data set consists mainly of data
for the top row of the various tube banks but also, in the case of
the data of Nobbs [1], Gogonin and Dorokhov [6, 7] and Beech
[3], data set 3, where a single active tube was positioned in a
dummy bank and the case of Beech [3], data set 1, where rows
of dummy tubes were positioned upstream of the first active
row (see Figure 1). The comparison is shown in Figure 2,
where the vapour velocity used is based on the vapour mass
flow rate just upstream of the tubes and the “mean void” area of
the test section, i.e. the total volume of the test section not
occupied by tubes divided by its length in the direction of the
flow. Three sets of data stand out in Figure 2. Those of
Kutataladze et al. [11] are above the theoretical line and show a
large degree of scatter, while the data of Briggs and Bui [5] and
Shah [10] are below the theoretical prediction. The rest of the
data are in relatively good agreement with the theoretical line
of Sheriladze and Gomelauri [16] for low vapour velocities
(high values of F) but show a distinctive upturn in the values of
Nu/Rey,” at values of F below 1 and 0.1 for steam and non-
steam data respectively. This may suggest transition to
turbulent flow in the condensate film.

When all the available data are compared to equation (1) the
situation not surprisingly becomes more complex. Figures 3a
and b show the steam and non-steam data respectively. In both
cases much of the data (with the marked exception of those of
Kutataladze et al. [11]) are below the Shekriladze and
Gomelauri [16] line suggesting that condensate inundation is
having a measurable and negative effect on the heat transfer.
For the steam data the upturn in the data at low values of F is
even more marked. Condensate inundation from tube rows
higher up the bank onto those below produces higher film
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Table 1 Condensation on Banks of Plain Tubes - Experimental Data Base

Reference Fluid Bank layout Tube outside Vapour Symbols

diameter velocity™* used in

/ mm / (m/s) Figures
Nobbs [1]-1 Steam Triangular (SAT, ACI) 19.1 0.3-9.2 .
Nobbs [1] - 2 Steam Square (SAT, Al) 19.1 04-83 O
Michael et al. [2] Steam Triangular 14.0 6.0-21.6 *
Beech [3]-1 Steam Triangular 14.0 6.1-18.3 A
Beech [3] -2 Steam Triangular (ACI) 14.0 6.1-19.6 -
Beech [3] -3 Steam Triangular (SAT, ACI) 14.0 42-10.2 A
Briggs and Sabaratnam [4] Steam Triangular 19.1 4.5-10.6 0
Briggs and Bui [5] Steam Triangular 18.7 1.5-4.1 X

Gogonin and Dorokhov [6] R-21 Triangular (SAT) 17.0 0.1-0.2
Gogonin and Dorokhov [7] R-21 Triangular (SAT) 17.0 0.1-2.0

Ramamurthy [8] Iso-propanol Triangular 12.7 0.4 -
Shah [9] Iso-propanol Triangular 12.7 04-0.5 *
Shah [10] Methanol Triangular 12.7 04-0.6 X
Kutataladze et al. [11] R-21 Triangular (SAT) 16.0 02-1.7 +
Cavallini et al. [12] R-11 Triangular 10.0 0.5-43 \
Cavallini et al. [13] R-113 Triangular 10.0 0.9-5.1 =
Honda et al. [14] - 1 R-113 Square 15.9 0.6-54 0
Honda et al. [14] - 2 R-113 Triangular 15.9 0.6-5.6 °
Briggs et al. [15] R-113 Triangular 18.7 0.1-04 O

* At Approach to Test Bank
SAT - Single Active Tube
ACI - Artificial Inundation
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Figure 2 Comparison of Model of Shekriladze and Gomelauri
[16] to Experimental Data with No Inundation
(For key see Table 1)

Reynolds numbers which may further promote the onset of
turbulence in the condensate film.

The Model of Cavallini et al. [19]

Cavallini added a correction to the Shekriladze and Gomelauri
[16] model to account for the effect of condensate inundation as
follows,

Nu _0.9+0.728F"
U (rj‘“ (1+3.44F"* + F)"*

Re

tp,mv

The correction was based on work by Cipollone et a. [20] for
condensation of low velocity vapour on staggered tube banks.
Figures 4a and b show the data plotted on the basis of
equation (3). The correction for condensate inundation shifts the
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Figure 3 Comparison of Model of Shekriladze And Gomelauri
[16] to Experimental Data (For key see Table 1)

data upwards and moves them, in most cases, above the
theoretical line. The data of Nobbs [1] are particularly effected.
The exceptions are the data of Briggs and Bui [5] and Shah [10]
which are characterised by low inundation rates and therefore are
hardly effected by the correction. There is suspicion here that the
data may be effected by air in the test section, particularly at low
vapour velocities and towards the bottom of the banks

The Model of M°*Naught [21]

M"Naught [21] examined the interaction between vapour
shear and gravity and suggested the following equation to
calculate their combined effect.

Nu = (Nuér + Nu, )1/2 “)

The form of equation (4), where two extreme values of Nusselt
number are combined on a power basis, has no real physical basis
but is often used to great effect in heat-transfer correlations. A
dimensionless parameter, J,, was suggested to indicate the relative
importance of vapour shear and gravity effects

(NU/Re o my*®) 1 (T1y) "

a) Steam Data
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rate upstream of row and mean void
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Figure 4 Comparison of Model of Cavallini [19] to
Experimental Data (For key see Table 1)

J, = *G 5)

Jdzgp,(p-p,)

Based on data of Nobbs [1] were J, < 1.5, M°Naught [21]
suggested the following approximate expression for the gravity-
controlled region.

-
Nu,, = Nuy, 5 (6)

where j = 0.22 for square banks and 0.13 for triangular banks.
For the shear-controlled region an empirical equation based on
data of Nobbs [1] were J, > 1.5 was proposed, as follows,

1 0.78
Nush = 126N1/ll X_ @)

tt

where Xj, is the the Lockhart-Martinelli parameter.
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and MNu is the Nusselt number calculated as if the liquid was
flowing alone through the bundle, from [22] as follows,

0.26
Nt = C,(Re, ) Pr°‘“(—w Pkwj ©)
’ lLlePwk

Rej sy is based on the maximum velocity (i.e. through the
minimum flow area between the tubes),

C,=1.309 and C,=0.360
C1=0.273 and C,=0.635
C1=0.124 and C,=0.700

when  Rejma 10 < 300
when 300 < Rejpax < 2x10°
when  Rej ey > 2x10°

Figures 5a and b compare the M*Naught [21] model with the
data for steam and other fluids respectively. Agreement is not
good. For steam the model over predicts the data of Briggs and
Bui [5] by as much as 100%, although this may be due to
problems with the experimental data mentioned earlier. The
significant under prediction of the data of Beech [3] and Michael
[2] is perhaps more serious. It should be noted that the correlation
was based on only the data of Nobbs (which it agrees with quite
well) while much of the other data is for higher vapour approach
velocities. This highlights the danger of extrapolating a
correlation beyond the range of physical parameters used in its
development. For the non-steam data the correlation over predicts
much of the data; the exception being that of Kutataladze et al.

[11].

The Model of Honda et al. [14]

Honda et al. [14] studied condensate flow characteristics
within tube bundles and introduced gravity drained and uniformly
dispersed flow models to estimate the condensate inundation rate
at low and high vapour velocities respectively. In the former,
which might be expected when vapour shear is low, all
condensate is assumed to fall onto the tube directly below (i.e. in
the next row for inline bundles and two rows down the bank for
staggered bundles) while in the latter (at higher vapour shear) the
condensate is assumed to be uniformly distributed across the test
section normal to the flow and hence only a fraction of the
condensate impinges on the tubes below. Semi-empirical
equations for determining the heat-transfer coefficient of tube
bundles were obtained by combining correlations for gravity-
controlled and shear controlled regimes. For in-line bundles, the
heat-transfer coefficient was determined using

4 4 \14
Nu = (Nugr + Nush) (10)
and for staggered bundles using

Nu = (Nugr + Nu;Nufh + Nu, )1/4 (1)
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Figure 5 Comparison of Model of M“Naught [21] to
Experimental Data (For key see Table 1)

where Nug is the Nusselt number for the gravity-controlled
regime given by

1/3
Nuy, = d(%j (2.1Re;!? +2.7x107° R )

f,gr
|4

(12)

Regy is the film Reynolds number calculated under the
assumption of gravity-controlled flow. Equation (12) was based
on the low vapour velocity data of Kutateladze and Gogonin [23]
and Kutateladze et al. [24], for R-12 and for R-21. Nuy, is the
Nusselt number for shear controlled flow given by
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Figure 6 Comparison of Model of Honda et al. [14] to
all Data (For key see Table 1)

1/2 (1-m/2) —n
Nug, =a, (1 + azAl) AzRetp’max Re;, (13)
where
A =Re", | —I— (14)
vamathg

1/2 m/2
4, :(p j (V—j Pr' (15)
P v

Re, . =pU

v,max max

d/u, (16)

The empirical constants ay, a,, m and n were found by Honda et
al. [14] from their data for R-113 and are given in Table 2.
Figure 6b shows good agreement between the Honda et al. [14]
model and the non-steam experimental data. The exception again
being those of Shah [10] and Kutataladze et al. [11]. For steam
data, however, agreement is much less impressive and the data of
Briggs and Bui [5] are again particularly poorly predicted.

Table 2 - Values of Empirical Constants in Equations (13 - 16)

Bundles a; a, m n
In-line 0.053 1.83 04 0.2
Staggered 0.165(P/P)"’ 18.0 02 | 0.2
Conclusions

Before summing up the performance of the various
theoretical models and empirical correlations described above it
is worth reappraising the experimental data base in the light of
the initial comparisons with theory. In all the comparisons
described above the data of Briggs and Bui [5] and Shah [10]
have fallen significantly out of line with other data and have
been over predicted by all the theories tested. While it is
perhaps imprudent to dismiss data simply because it disagrees
with theory, in this case the evidence would seem to suggest
that these data were effected by air in the test section, due to the
low vapour velocities involved. (This was even suggested by
Briggs and Bui [5] in their original work.) The data of
Kutateladze et al. [11] on the other hand were significantly
under predicted by all theories and in addition showed
significant scatter, although the reasons for this are less clear.
Due to these anomalies, these three data sets will be excluded
in what follows. Mean deviations between the remaining
experimental data and the various theories and correlations,
defined as follows,

N,

tot

Mean Deviation = 100 \/ {Nl > (1= Nugy, /Nu, )} (17)
tot

are listed in Table 3.

Table 3 - Summary of mean deviations of experimental data
(excluding [5], [10] and [11).

Shek’ and Cavallini | McNaught Honda
Gom’ [16] | etal. [19] [21] etal. [14]
Steam 47.6 232 26.6 25.2
Non-Steam 28.1 25.6 40.5 15.7
All Data 37.1 24.7 35.6 20.0




Table 4 - Free-Convection Condensation on Integral-Fin Tubes - Experimental Data Base

Reference Tube Fluid Number of Symbols used
Material Geometries In Figures

Wanniarachchi et al. [31] Copper Steam 4 u
Yau et al. [32] Copper Steam 4 )
Briggs et al. [33] Copper Steam 8 A
Briggs et al. [33] Brass Steam 8 X
Briggs et al. [33] Bronze Steam 8 *
Masuda and Rose [34] Copper R113 5 ¢
Masuda and Rose [35] Copper Ethylene Glycol 4 |
Marto et al. [36] Copper R113 19 [
Briggs et al. [33] Copper R113 8 A
Briggs et al. [33] Brass R113 8 +
Briggs et al. [33] Bronze R113 8 O

The poor results of the Shekriladze and Gomelauri [16] model
are not surprising, since it was developed for single tubes,
although the addition of the correction for condensate
inundation suggested by Cavallini et al. [19] significantly
improves the performance, particularly for the steam data
where it is the most successful of the four. The model of Honda
et al. [14] is the most successful when compared to the full data
base and is particularly effective for non-steam data.

FREE-CONVECTION CONDENSATION ON INTEGRAL-
FIN TUBES

When quiescent vapour condenses on an integral-fin tube
two mechanisms influence the flow of condensate on, and
hence the heat transfer to, the tube. Condensate retention in the
inter-fin spaces on the lower part of the tube, as illustrated in
Figure 7, leads to a thickening of the condensate film and a
decrease in the heat transfer. On parts of the tube not covered
by condensate flooding, however, on the fin tips and the flanks
and interfin space above the flooding zone, surface tension
induced pressure gradients thin the condensate film and
enhance the local heat transfer.

Experimental Data Base

Early experimental data (see for example Katz and Geist,
[25], Beatty and Katz, [26], Karkhu and Borovkov, [27], Mills
et al., [28] and Canarvos, [29]) are difficult to interpret. Details
of experimental procedure are often vague and comparison of
results is difficult due to the unsystematic choices of geometric
variables. Methods of evaluating the vapour-side, heat-transfer
coefficient also varied, with some investigators measuring the
tube wall temperature and others using indirect methods such as
Wilson plots [30]. The accuracy in many cases is difficult to
assess. Most of the data, however, showed marked
enhancement of heat-transfer coefficients, in most cases greater

than the increase in heat-transfer surface area due to the fins.

Due to the wuncertainties outlined above, the earlier
experimental data will not be used in the current investigation.
Table 4 summarise more recent data. While only three fluids
are included, namely steam, ethylene glycol and R-113, these
give a wide range of thermophysical properties. In addition data
are included for over 40 tube geometries and three tube
materials.

To quantify the relative performance of finned tubes an
enhancement ratio can be defined as follows

&= [a finned J _ [qﬁnncd ] (18)
o . .
plain /ot same AT qplam atsame AT

Care is needed in the exact definitions of the quantities in
equation (18). In the present work, the heat-transfer coefficient
(or heat flux) of the finned tube is based on the area of a
smooth tube with fin-root diameter while the denominator
refers to a plain tube of diameter equal to the fin root diameter
of the finned tube. A useful conclusion of the investigations
summarized in Table 4 is that for relatively low vapour
velocities this enhancement ratio is virtually independent of
vapour-side temperature difference.

Other conclusions are:

1) Enhancements ratios are generally higher than increases in
surface area, although for condensation of steam this is not
always the case.

2) Optimum fin spacings can be identified, and these are
dependent on fluid properties.

3) Enhancement ratio increases monotonically with fin
height in most cases, although for steam condensing on low
thermal conductivity tubes there is little advantage in increasing
fin height above about 0.5 mm, due to “fin-efficiency” effects.
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Figure 7 Liquid Retention on an Integral-Fin Tube
(d=12.7mm, = 0.5 mm, 2= 1.6 mm, s = 1.5 mm)

4) Enhancement ratio decreases with fin thickness since
thicker fins (with fixed fin spacing) result in reduced fin
density.

Gravity Drainage

The enhancements in heat transfer reported, over and above
the increase in heat-transfer surface area are not unexpected. In
single-phase flows the presence of short surfaces with thin
boundary layers produce high local heat-transfer coefficients.
The same is true in the case of condensation, where the
boundary layer in question is the condensate film, which for a

pure saturated vapour, provides the main resistance to heat
transfer. The gravity drained models of Nusselt [17] for a
vertical surface and a horizontal tube suggest that the heat-
transfer coefficient for a vertical fin of height 4 will surpass that
of the bare tube of diameter d by a factor of order.

avenicalﬁn — (0943\}[dj% (19)
0.728 \ h

ahorizontal tube

For low-fin tubes used in condensation this is typically three or
more.

Equation (19) formed the basis of the model of Beatty and
Katz [26], who simply applied the Nusselt [17] equations for
horizontal tubes and vertical plates to the various surfaces on a
fined tube. The results are compared to the experimental data
base in Figure 8. The model shows good agreement with the
non-steam data but less good with the data for steam. This
reflect the fact that surface tension, not included in the model,
is much higher for water than organic fluids. In particular these
data are largely over-predicted by the model, and this is due to
the phenomena of condensate flooding.
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Figure 8 Comparison of Model of Beatty and Katz [26] to
Experimental Data (For key see Table 4)

Condensate Flooding

The abrupt thickening of the condensate film between the
fins at the so called “flooding” or “retention” angle has been
observed by many investigators. The retention angle can be
predicted with good accuracy by the following equations,
derived independently by Rudy and Webb [37] and Honda et al.
[38].

4 = cos” {4acosﬁ B 1} for b < 2h cosfl(1 —sinf)  (20)
pgbd

o



equation (20)
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Figure 9 Comparison of Flooding Angle Model to
Experimental Data

For rectangular cross-section fins this becomes

4 — cos’ { p;;‘, _1} for b < 2h @1

Figure 9 compares equations (20) with data for a wide range
of tube geometries and fluids. It includes measurements for the
static case (i.e. without condensation) as well as during
condensation.

Rudy and Webb [37] adapted the Beatty and Katz [26]
model by simply neglecting heat transfer to the fin flanks and
root below the flooding angle (as calculated using equations
(20) and (21)). The results are shown in Figure 10, with the
majority of the data now above the theoretical prediction. This
is because Rudy and Webb [37] neglected the positive effect of
surface tension, in that it enhances heat transfer above the
flooding zone by thinning the condensate film.

Masuda and Rose [41] showed that liquid is also retained as
“wedges” at the fin roots above the retention angle. They
developed expressions for rectangular cross-section fins for the
proportion of the fin flank and fin root above the flooding angle
¢ blanked by these wedges. These expressions were extended
by Rose [42] to include trapezoidal cross-section fins as follows

B l—tan(,b’/Q) . 2ccosf ' tan((/ﬁf /2) 22)
" l+tan(p/2)  pgdh ¢,

_1-n(8/2) 45 tan(4 /2) 23)
T l+tan(B/2)  pgds ¢

Note that for rectangular cross-section fins f = 0 and the
leading term on the right hand sides of equations (22) and (23)
are unity.
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Figure 10 Comparison of Model of Rudy and Webb [37] to
Experimental Data (For key see Table 4)

Surface Tension Enhancement

This phenomena was first pointed out by Gregorig [43]. A
non-uniform condensate surface curvature leads to pressure
gradients in the film. For one-dimensional curvature the
pressure in the liquid exceeds that in the vapour by o/r, where
is the radius of curvature measured on the liquid side of the
interface, so that the pressure gradient along the surface is

L) (24)

On a low-fin tube this pressure gradient drives liquid
towards the centre of the tip of the fin and along the fin flank
and on the interfin tube surface towards the root of the fin,
causing the film to thin near the fin tip and on the fin flank and
interfin tube space near to the fin root. The consequent
reduction in average film thickness enhances heat transfer to
the tube.

There have been several attempts to solve this problem for
integral-fin tubes based on the Nusselt [17] assumptions and
approximations while incorporating the surface tension induced
pressure gradient into the momentum equation for the
condensate film. Karkhu and Borovkov [27], Rifert [44] and
Rudy and Webb [45] assumed linear pressure variation along
the fin flank based on assumed radii of curvature at the root and
tip of the fin, but these gross approximations yielded little or no
improvement over the simple Rudy and Webb [37] model (see
Briggs and Rose [46]). The approach of Honda and co-workers
[47, 48] is the most complete to date but still contains
significant simplifications in order to facilitate numerical
solution of the governing, fourth order differential equations for
the condensate film thickness. Despite this their approach has
given good agreement with experimental data covering a wide
range of parameters, as illustrated by Figure 11, which
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Experimental Data (For key see Table 4)

compares calculated results provided by Honda [49] to the data
summarized in Table 4. Note that the model included
conduction in the fins and therefore gives good agreement for
the low conductivity brass and bronze tubes.

Most recently Wang and Rose [50] formulated the full
differential equation for the condensate film thickness over the
whole fin and tube surface. While representing an advance on
earlier work, however, attempts by the authors to find solutions
to these equations were, by their own admission, incomplete.

Semi-Empirical Models

Given the complexities of the problem outlined above, Rose
[42] proposed a relatively simple, semi-empirical model for
integral-fin tubes for use in design and optimisation. Using a
combination of Nusselt [17] for the gravity contribution and
dimensional analysis to account for surface tension drainage the
following equation was developed for the enhancement ratio of
an integral-fin tube.

g:([ﬂj t{0'281+i30d°} +ﬁ{l_f‘ d, ~d* {0.791+B°hv} +
d £ pg 7| cosp 2h,"*a* " pe
Eﬂ—ﬁkﬁﬁﬂﬁ+éfq>}LAJ%w+ﬁ
s’pg
(25)

where B and B, are dimensionless constants, % is the "mean

vertical fin height", given by

__ 4 7 26
h, (6] h $<Z (26)
b Zigs<a 27)

N i) 2

&( @) results from application of the Nusselt [17] analysis for a

horizontal tube above the level of condensate retention, and can
be closely approximated by

2 -1 2
& 4) = 0.874+0.1991x10 " ¢,- 0.2642x10 ¢,

2 3 2 4
+0.5530x10" ¢, - 0.1363x10 ¢
(28)

¢, being calculated from equation (20) or (21), f; and f; account
for additional condensate retention above the flooding angle
and are calculated from equations (22) and (23).

With B = 0.143 and B, = 2.96, equation (25) gives good
agreement with the experimental data base as illustrated in
Figure 12. It also gives the correct dependence on fin spacing,
thickness and height. The discrepancy between equation (25)
and the data for steam condensing on brass and bronze tubes is
due to the temperature drop through the fins when the

2
parameter (ah /tk,) becomes large. Briggs and Rose [S1]

proposed a modification to the model which used “slender fin”
theory to account for conduction in the fins. They combined the
original semi-empirical equations for heat transfer through the
condensate film with one-dimensional conduction through the
fins. The resulting algebraic equations were solved iteratively.
The results are compared to the experimental data in Figure 13.
It can be seen that the correction for temperature drop in the
fins successfully pulls the model into line with the data for
steam condensing on brass and bronze tubes without
significantly affecting the results for the other data which were
already in good agreement with the model.
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to Experimental Data (For key see Table 4)
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FORCED-CONVECTION CONDENSATION ON
INTEGRAL-FIN TUBES

The combined effects of gravity, vapour shear and surface
tension on condensation on integral-fin tubes has recently
received some attention in the literature but as yet the
interaction of these effects is far from fully understood.

Experimental Data Base

Table 5 summarises the experimental data available in the
open literature. We can extend our definition of enhancement
ratio described above to include the additional constraint of
equal vapour velocity for finned and plain tube, i.e.

a
&= ( finned j — [qﬁnned J (29)
plain/ ime AT and U, q plain/ came AT and U,

Early results indicated that for low vapour velocities, the
relative increase in heat-transfer coefficient due to vapour
velocity was smaller for finned tubes than for plain tubes,
resulting in a decrease in enhancement ratio, as defined in
equation (30) with increasing vapour velocity.

As more data have become available, however, it is
becoming apparent that vapour shear can have an effect on the
heat transfer in the flooded section of a finned tube. Bella et al.
[58] and Cavallini et al. [59] condensed R-113 and R-11 on
three integral-fin tubes with vapour velocities up to 10 m/s. For
the two more densely finned tubes (2000 fins per meter) vapour
shear affected plain and finned tubes to a similar degree and the
enhancement ratio was independent of vapour velocity.
Cavallini et al. [59] attributed this to turbulence in the
condensate film and “a local reduction of the liquid film
thickness in the flooded region”.

Namasivayam and Briggs [54-57, 60] tested nine tubes
condensing steam at atmospheric and low (14 kPa) pressure and

ethylene glycol at low (15 kPa) pressure. For low pressure
steam, vapour velocities up to 62 m/s were achieved and the
heat-transfer enhancement ratio was found to be a strong
function of both wvapour velocity and fin spacing. The
interrelationship of these two parameters led to complex trends
in the data, as illustrated by the sample results in Figure 14. At
relatively low velocities the enhancement ratio decreased with
increasing vapour velocity in line with results discussed above.
At some critical vapour velocity, however, which was different
for different fin geometry, vapour shear on the condensate
film began to reduce the extent of condensate retention
between the fins on the lower part of the tube and this was
accompanied in all cases by an increase in the enhancement
ratio. Thus the effect of vapour shear on flooding appears to
explain, at least qualitatively, the trends observed in Figure 14.
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Figure 14 Variation of Enhancement Ratio with Vapour
Velocity (Data of Namasivayam and Briggs [56])

Semi-Empirical Models

Cavallini et al. [61] developed a semi-empirical model for
forced-convection condensation on integral-fin tubes. The
following equation was proposed for the vapour-side, heat-
transfer coefficient.

1
N N %
a= [agr + ash ]N (30)
Ay in equation (30) denotes the vapour-side, heat-transfer
coefficient under stationary vapour conditions and was obtained
from the model of Briggs and Rose [51]. The second term,

g, , denotes the vapour-side, heat-transfer coefficient when

forced-convection dominates and the effects of gravity and
surface tension become negligible. This was found from the
following correlation.

1
a. = X |re *py3 31)
sh d eq

o

0.5
U_.d
Re,, = (Mj{ﬁj (32)
v Ao,

where,



Table 5 - Forced-Convection Condensation on Integral-Fin Tubes - Experimental Data Base

Reference Test Pressure Vapour Number Symbols used
Fluid / (kPa) Velocity / (m/s) | of Tubes" in Figures
Michael et al. [52] Steam 12 47-314 3 O
Briggs et al. [53] Steam 3 24-9.0 3 _
Namasivayam and Steam 102 23-104 9 )
Briggs [54, 55]
Namasivayam and Steam 14 14.0 - 62.7 9 A
Briggs [56, 57]
Michael et al. [52] R-113 101 04-1.9 3 +
Briggs et al. [53] Ethylene 3 6.9-33.3 3 0
Glycol
Bella et al. [58]
Cavallini et al. [59] R-11 104 - 198 02-8.7 3*
Bella et al. [58]
Cavallini et al. [59] R-113 104 - 198 04-9.8 3* =
Namasivayam and Ethylene 15 10.5-22.1 9 x
Briggs [60] Glycol
+ All tubes were copper
where
ay=| |4 L Ret, (35)
t h tp d d tp, min
C =0.03+0.166| — |+0.07| — (33) ;
p p

The values of the constants in equation 33, and the value of N
(= 2) in Equation 30 were obtained from a best fit procedure
using the data of Bella et al. [58] and Cavallini et al. [59] for
R-11 and R-113 condensing on 3 tubes. Figure 15 compares
results of this model to the experimental data base. The model
predicts non-steam data to within 25%. It is less successful,
however, at predicting data for steam.

Briggs and Rose [62] also adopted an approach based on
equation 30. In this case, however, &, was calculated from the
model of Rose [42] but with the observed flooding angle which
in many cases was larger than that calculated using equations
(20) or (21), due to vapour shear. (They pointed out that a more
complete model would require an equation relating the
retention angle to vapour velocity, geometric parameters and
condensate properties.)

For ay,, the heat-transfer coefficient for forced convection,
it was argued, based on the theoretical results of Wang and
Rose [50], that surface tension forces will dominate on the fin
flank leaving the fin tip and root as the only areas effected by
vapour shear. Furthermore, the fin root will be less affected by
vapour shear due to being shielded somewhat by the fins. These
arguments led to the following semi-empirical equation for the
heat-transfer coefficient for forced convection.

ash = atip (t](do) + aroot(¢0bs j{sj (34)
1N T \p

(& 1o ) [ps 09
d h ’

and Rey,min is the two-phase Reynolds number based on the
upstream vapour velocity and the fin root diameter. Equations
(35) and (36) are based in part on the model of Shekriladze and
Gomelauri [16] for forced-convection condensation, which for
a smooth tube gives Nu = 0.91’€etp,mmo‘5 . The term
(1-exp(-s/h)") in equation (36) accounts for the reduced effect
of vapour shear at the fin root and, for positive values of M,
tends to unity and zero for large and small values of s/h
respectively.

The empirical constants, M, n, A and a were found fitting
the data summarised in Table 5. This gave the following values;
M=02,n=3,4=2.0and a = 0.5. The fact that M was found
to be positive gives confidence in the form of equation (36).

Figures 16 compares the model to the data base. It can be
seen that the present model gives significantly better agreement
with the steam data than the model of Cavallini et al. [61]. The
non-steam data was well predicted by the model of Cavallini et
al [61] since much of it was used in their correlation. The
present model is less effective with this data, although
agreement is still acceptable.
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Figure 15 Comparison of Model of Cavallini et al. [61]
to Experimental Data (For key see Table 5)

CONCLUSIONS

Condensation on Banks of Plain Tubes

The experimental data base for condensation on banks of
plain tubes is summarized in Table 1. The data of [5], [10] and
[11] showed poor agreement with the rest of the data and all of
the models and correlations evaluated. When these data were
excluded, the following conclusions were reached:

For condensation of steam, the models of Cavallini et al.
[19], M*Naught [21] and Honda et al. [14] all performed
equally well, predicting the data with a mean deviation of about
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Figure 16 Comparison of Model of Briggs and Rose [62]
to Experimental Data (For key see Table 5)

25%, with the model of Cavallini et al. [19] giving slightly
better agreement than the other two. None of the models gave
good agreement with the very high velocity data of Michael [2]
and Beech [3].

For condensation of vapours other than steam, the
correlation of Honda et al. [14] gave easily the best agreement
with the data.

None of the models specifically address the issue of
turbulence in the condensate film, except in as much as the
empirical element of the models include this if it were present
in the experimental data used in the correlation. As expected,



this appears to be most prevalent at high vapour shear and high
condensate inundation.

Free-Convection Condensation on Integral-Fin Tubes

The mechanisms behind condensation on integral-fin tubes
in the absence of significant vapour shear appear to be well
understood. These include the effects of condensate retention,
surface tension induced enhancement and conduction in the
fins. The two most successful models, i.e. those of Honda et al.
[47, 48] and Briggs and Rose [51] include all these factors and
give very good agreement with the experimental data base
summarized in Table 4.

Forced-Convection Condensation on Integral-Fin Tubes

The combined effects of surface tension, gravity and vapour
shear on condensation on integral-fin tubes is only recently
receiving attention. Experimental data is becoming available
and is summarized in Table 5. At present, however, there are no
reliable models or correlations available. The effect of vapour
shear on the degree of condensate flooding appears to be a
major factor in enhancing heat transfer. In addition, the relative
effects of surface tension and vapour shear on different areas of
the tube surface above the flooding point also needs to be
addressed. The correlation of Briggs and Rose [62] attempted to
include these factors in a very simple way but with very limited
success.
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